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Abstract 

Typical modes of chemical processing differ between the bulk and pharmaceutical 

industries. Bulk chemicals are produced in large-scale, dedicated, continuous processes that are 

known to be more economical when flexibility in the equipment, reactions, and capacity is not 

required. In the pharmaceutical industry, flexibility is typically required in order to accommodate 

the constantly changing product market, where production campaigns may be shorter and have 

product amounts in the order of a few kilograms to 100 tonnes per year. Accordingly, 

pharmaceutical and fine chemical production is typically performed in flexible batch reactors, 

where larger scale vessels inherit both reduced heat transfer through a loss in surface-to-volume 

ratio, and decreased mass transfer through solvent dilution. As a result, pharmaceutical production 

processes are often run at suboptimal efficiency with large amounts of waste relative to the amount 

of generated product.  

In this work, an alternative method of intensified and dedicated pharmaceutical process 

design is proposed. ‘Mini-monoplant’ development is outlined through three stages; including lab-

based development of best-in-class processes, factory-based development for an accelerated time 

to market, and mini-monoplant production at commercial scale. Within the scope of such a method 

of process design, several intensified reactor technologies are developed and characterized for 

implementation into mini-monoplants.  

Plate-type LL microreactors are characterized through two experimental programs. In the 

first, the impact of fluids (CO2(g), water) flow rates, channel geometry, and presence of surfactant 

(ethanol) on the resulting gas-liquid flow regime (bubble, bubble/slug, annular), pressure drop and 

interphase mass transfer coefficient (𝑘𝑙𝑎) are investigated. Here, the interphase mass transfer 

coefficients ranged from ~0.05 to 1 s-1 and were found to correlate well with an energy dissipation 
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rate model in the bubble flow regime. In the second, scale-up calculations are performed for LL 

microreactors within the context of running a viscous nitration reaction, leading to scale-up rules 

derived with the goal of maintaining mean micromixing performance. In this study, mean energy 

dissipation rates and relative contributions of chaotic flow were used as measures for the overall 

micromixing performance, with both being conserved or increased upon reactor scale-up when 

either water or 96 wt% H2SO4 (aq) were used as the fluid.  

Then, the solid suspension handling of a baffleless oscillatory flow coil reactor is 

characterized through two solid forming reactions, with the first being a model precipitation 

reaction and the second being a more mixing intensive phase transfer catalysis reaction having 

difficulties associated to gas and salt formation. In the first reaction, an oscillatory energy 

dissipation rate of 13 W/kg was effective in continuously keeping solids suspended at 

concentrations of 7.9 wt% and 5.8 wt% for 2 hours and 5 hours, respectively, whereas gas 

generation in the phase transfer catalysis reaction resulted in a 10-fold decrease of the oscillatory 

energy dissipation rate leading to subsequent clogging. Finally, and as a result of its success in 

continuous solid handling, a larger scale baffleless oscillatory flow coil reactor is then 

implemented for the continuous production of an active pharmaceutical ingredient (API) 

suspension at elevated temperature and pressure. Development of both the reaction apparatus itself 

as well as the operating conditions are outlined, leading to final operating conditions that produced 

40 g/hr of the API at lab scale. A mixing-based design methodology is then proposed for 

maintaining geometric similarity and energy dissipation rates in a production scale reactor with an 

API production rate of 11.9 kg/hr. This work thus expands on the toolbox approach developed by 

Plouffe et al [1] for reactor selection, with the objective of implementation into continuous and 

dedicated pharmaceutical processes at commercial scale.   
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Sommaire 

Les modes typiques de synthèses chimiques diffèrent entre les industries en vrac et 

pharmaceutique. Les produits chimiques en vrac sont produits dans le cadre de procédés continus 

dédiés à grande échelle qui sont connus pour être plus économiques lorsque la flexibilité de 

l'équipement, des réactions et de la capacité n'est pas requise. Dans l'industrie pharmaceutique, la 

flexibilité est généralement requise pour s'adapter au marché des produits en constante évolution, 

où les campagnes de production peuvent être plus courtes et avoir des quantités de produits de 

l'ordre de quelques kilogrammes à 100 tonnes par an. En conséquence, la production de produits 

pharmaceutiques et de produits chimiques fins est généralement réalisée dans des réacteurs 

discontinus flexibles, où des récipients à plus grande échelle héritent à la fois d'un transfert de 

chaleur réduit par une perte de rapport surface-volume et d'un transfert de masse réduit par dilution 

du solvant. En conséquence, les procédés de production pharmaceutique sont souvent exécutés à 

une efficacité sous-optimale avec de grandes quantités de déchets. 

Dans ce travail, une méthode alternative de conception de procédés pharmaceutiques 

intensifiés et dédiés est proposée. Le développement de ‘mini-monoplant’ se déroule en trois 

étapes; y compris le développement en laboratoire des meilleurs procédés de sa catégorie, le 

développement en usine pour une mise sur le marché accélérée,  et la production de mini-

monoplant à l'échelle commerciale. Dans le cadre d'une telle méthode de conception de procédés, 

plusieurs technologies de réacteurs intensifiés sont développées et caractérisées pour être mises en 

œuvre dans des mini-monoplants.  

Les microréacteurs LL de type plaque sont caractérisés par deux programmes 

expérimentaux. Dans le premier, l'impact des débits de fluides (CO2 (g), eau), la géométrie du canal 

et la présence de surfactant (éthanol) sur le régime d'écoulement gaz-liquide résultant (bulle, 
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bulle/bouchon, annulaire), la perte de charge et les coefficients de transfert de masse interphase 

(𝑘𝑙𝑎 ) sont étudiés. Ici, les coefficients de transfert de masse interphase variaient de ~ 0,05 à 1 s-1 

et se sont révélés bien corrélés avec un modèle de taux de dissipation d'énergie dans le régime 

d'écoulement à bulle. Dans le second, des calculs de mise à l'échelle sont effectués pour les 

microréacteurs LL dans le contexte de l'exécution d'une réaction de nitration visqueuse, conduisant 

à des règles de mise à l'échelle dérivées dans le but de maintenir les performances moyennes de 

micromélange. Dans cette étude, les taux moyens de dissipation d'énergie et les contributions 

relatives du flux chaotique ont été utilisés comme mesures de la performance globale du 

micromélange, les deux étant conservés ou augmentés lors de la mise à l'échelle du réacteur lorsque 

de l'eau ou 96% en poids de H2SO4 (aq) a été utilisé comme fluide.  

Ensuite, la manipulation de la suspension solide d'un réacteur à serpentin à écoulement 

oscillatoire sans déflecteur est caractérisée par deux réactions de formation de solides, la première 

étant une réaction de précipitation modèle et la seconde étant une réaction de catalyse de transfert 

de phase plus intensive en mélange ayant des difficultés associées à la formation de gaz et de sel. 

Dans la première réaction, un taux de dissipation d'énergie oscillatoire de 13 W/kg était efficace 

pour maintenir en continu les solides en suspension à des concentrations de 7,9% massique et 5,8% 

massique pendant 2 heures et 5 heures, respectivement, alors que la génération de gaz dans la 

réaction de catalyse par transfert de phase a entraîné une diminution de 10 fois du taux de 

dissipation d'énergie oscillatoire conduisant au colmatage ultérieur. Enfin, et en raison de son 

succès dans la manipulation continue des solides, un réacteur à serpentin à écoulement oscillatoire 

sans déflecteur à plus grande échelle est ensuite mis en œuvre pour la production continue d'une 

suspension d'ingrédient pharmaceutique actif (API) à température et pression élevées. Le 

développement de l'appareil de réaction lui-même ainsi que les conditions de fonctionnement sont 
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décrits, conduisant aux conditions de fonctionnement finales qui ont produit 40 g/h de l'API à 

l'échelle du laboratoire. Une méthodologie de conception basée sur le taux mélange est ensuite 

proposée pour maintenir la similitude géométrique et les taux de dissipation d'énergie dans un 

réacteur à l'échelle de production avec un taux de production API de 11,9 kg / h. Ce travail étend 

donc l'approche de la boîte à outils développée par Plouffe et al [1] pour la sélection des réacteurs, 

avec l'objectif de mise en œuvre dans des procédés pharmaceutiques continus et dédiés à l'échelle 

commerciale. 
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1. Introduction 

Pharmaceutical products have been historically produced through batch or semi-batch stirred 

tank reactors, where multipurpose manufacturing assets are periodically allocated to a single 

product through scheduled production campaigns. The scale of these production campaigns can 

range from several kilograms to 100 tonnes in a year, with a single campaign lasting as little as a 

few days or as long as a few months. The reactors used in this approach are necessarily flexible 

and able to accommodate the wide range of reaction kinetics, phases (including solids which are 

often involved in pharmaceutical production processes), and throughputs present in the 

pharmaceutical industry, and are amenable to cleaning and re-use for multiple production 

campaigns throughout the year [2,3]. This approach, however, often results in significant lead time 

before a product becomes commercially available and does not allow for a particularly rapid 

response to fluctuation in market demand. This method of production is in direct contrast to those 

used in the bulk chemical industry, where dedicated continuous processes are commonly employed 

to stably generate products long term, and where flexibility is generally not a requirement [4].  

In recent years, there has been a growing interest in applying the principles of process 

intensification and continuous flow to pharmaceutical manufacturing. This, in part entails a 

reduction of process equipment volume in order to continuously run reactions at intensified 

conditions, allowing for similar productivities to those of batch campaigns to be achieved with a 

significantly reduced process footprint. A high degree of automation should also be included in 

these processes, as outlined by Industry 4.0 [5], with product quality monitoring and control via 

process analytical technology and real-time release testing. Doing so, however, will require a shift 

in reaction technologies to those that are amenable to intensified continuous processing, as the 

commonly used batch vessels lack the surface-to-volume ratio to effectively and safely control the 
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intensified reactions that tend to be more exothermic and susceptible to thermal runaway and 

explosions.  

Micro- and milli-scale reactor technologies, classified by having characteristic lengths in the 

micrometer and millimeter range, respectively, are intensified reactor technologies that, when 

operated continuously, can achieve the production rates required for clinical and commercial 

pharmaceutical production. The increased surface-to-volume ratio of such reactors imparts 

improved heat and mass transfer, tighter process control, reduced solvent usage, more 

homogeneous reaction environments, and safer handling of hazardous materials when compared 

to larger-scale batch equipment [6,7]. The reduced dimensions of these reactors, however, makes 

running reactions containing a solid component more difficult due to the elevated risk of clogging 

[3]. Of particular interest to this thesis are plate-type microreactors and coiled tube reactors, where 

plate-type microreactors may be employed for fast reactions containing liquid and/or gas phases, 

and coiled tube reactors find application in longer reactions containing solids via imposing an 

oscillation on the reaction medium.  

The objective of this thesis is thus to explore new and emerging trends in pharmaceutical 

production and to propose alternative methods to pharmaceutical production. Mini-monoplant 

production is presented, and key value-generating factors are identified from lab-scale 

development of best-in-class pharmaceutical processes, to factory-scale development for 

accelerated times to market, and finally mini-monoplant production at commercial scale. Within 

the scope of such a method of process development, intensified reaction technologies are 

developed and characterized for reaction systems with various phases including liquid, gas-liquid, 

liquid-solid, and liquid-liquid-solid.  
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 Thesis Outline 

Chapter 2 consists of a literature review of current methods of pharmaceutical production and 

process intensification, leading to the proposal of mini-monoplant technology for pharmaceutical 

production. In this chapter, pharmaceutical process development is described from lab-scale, 

where intensified and continuous reaction technologies are employed to develop best-in-class 

processes. This is followed by further process development at factory scale for a reduction in the 

time to market, and finally followed by a description of mini-monoplant technology and 

commercial scale and its associated logistics. This chapter explores the potential benefits of 

process intensification and dedication to larger scale pharmaceutical production. This work has 

been published under the title “Mini-monoplant technology for pharmaceutical production”. 

Chapters 3, 4, 5, and 6 expand on the toolbox approach for reactor selection proposed by 

Plouffe et al [8] by developing and characterizing reactors for systems containing phases that were 

previously less explored in the present reactor geometries. These reactors represent additional tools 

that may be implemented into mini-monoplants under intensified conditions.  

In chapter 3, gas-liquid flow and mass transfer are explored in LL-microreactors. This chapter 

explores the effect of geometry and surfactant on flow regimes and interphase mass transfer in a 

reactor geometry that was previously developed for liquid-liquid systems. This work has been 

published under the title “Gas-liquid flow and mass transfer in LL-microreactors”. 

In chapter 4, micromixing performance is evaluated in various LL-microreactor plates within 

the scope of scaling-up a micromixing dependent viscous and exothermic nitration. Pressure drop 

data are analyzed in order to derive scale-rules for predicting the mean micromixing performance 

of the large-scale reactor plates with both water and 96 wt% H2SO4 (aq). This work will be published 

upon completion of production scale process development for the nitration.  
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Chapter 5 presents a baffleless oscillatory flow coil reactor for continuous handling of solid 

suspensions. The solid handling capabilities are explored through two test reactions; a precipitation 

reaction and a phase catalysis reaction. Finally, fluid flow patterns in the reactor are characterized 

by residence time distribution studies. This work has been published under the title “Handling of 

solids and flow characterization in a baffleless oscillatory flow coil reactor”. 

In Chapter 6, a larger scale version of the baffleless oscillatory flow coil reactor is implemented 

for continuous production of an active pharmaceutical ingredient (API) suspension at elevated 

temperature and pressure. The effects of residence time, temperature, and oscillation intensity on 

the product quality are examined. Finally, mixing-based scale-up calculations are performed 

leading to the proposal of a larger reactor geometry for production of the API in the tonne scale. 

This work will be submitted for publication at a later date.  

Finally, overall conclusions for the thesis and recommendations for future research are 

presented in Chapter 7. 
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Abstract 

Pharmaceutical production has historically relied on multi-purpose batch vessels in order 

to produce material through scheduled production campaigns. Although this method is flexible, it 

is becoming less effective in addressing the changing landscape of pharmaceutical production 

where more complex and potent molecules are required to be produced more rapidly and can have 

fluctuations in their demand. In this article, a method for developing intensified and dedicated 

pharmaceutical processes, known as mini-monoplants, is described. Key value generating aspects 

are described at each stage of development, from lab-based development of best-in-class 

processes, to factory-based development for an accelerated time to market, and finally to mini-

monoplant technology for production at commercial scale.  

Keywords: Pharmaceutical manufacturing, Process intensification, Continuous flow design, 

Scale-up, FlowPlate.   
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 Introduction 

The class of bulk chemicals generally comprises two divisions of chemical production, namely 

the production of approximately 20 base chemicals and 300 intermediates. About 85% of all 

chemicals are produced through modifications of the base chemicals, with the first level of 

transformations leading to the intermediate chemicals. The value of these chemicals is relatively 

low compared to those that are more advanced and require more complex transformations, but 

their immense volume and necessity as a feed for other processes allows them to maintain a 

significant share of the chemical market, accounting for 60% of chemical sales in the EU in 2018 

(excluding pharmaceuticals) [9]. The large production requirements of these chemicals lead to 

dedicated continuous processes that are run over long periods of time, a processing mode which is 

known to be more economical when flexibility in the reactions, capacity, and equipment is not 

required [4]. The cost efficiency of these plants is dependent on them being large and long-

operating due to the economy of scale which tends to lead to larger and riskier investments [10,11].  

Conversely, processes in the pharmaceutical and fine chemical industries typically require a 

high degree of flexibility due to their short lifetimes and a constantly changing product market. 

The scale of these processes is significantly smaller than in the bulk chemicals industry and is 

usually in the order of a few kilograms to 100 tonnes per year [12]. As a result, these chemicals 

are most often produced in modular and/or multi-purpose plants that utilize primarily batch or 

semi-batch stirred tank reactors. These reactors are often not optimized to any specific reaction, 

but rather are able to accommodate a wide range of phases and reaction rates relatively easily. This 

flexibility allows for production of different chemicals through a schedule of campaigns that can 

last as little as a few days or as long as a few months, making it possible to produce tens of different 

products annually in a single train [2,3]. This flexibility does not come without cost, however, as 
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batch vessels tend to have reduced performance as their scale increases. Most products in this 

industry are developed at lab-scale in the drug discovery stage and are primarily scaled up by 

increasing the vessel size while maintaining a similar geometry. However, the increase from a lab-

scale flask to a production-scale vessel imparts a drastic reduction of the reactor surface-to-volume 

ratio and a significant resulting decrease in the heat transfer performance of the system. In the 

interest of safety, these reactions are then usually run diluted or semi-batch wise. Reactions run 

under such conditions are slower and inherit poor mass transport due to the reduced concentrations 

and small interfacial areas in large multiphase systems. Furthermore, this dilution requires an 

excessive amount of solvent - a situation which should be avoided due to the amount of waste and 

the environmental impact of its disposal. As a result, production scale pharmaceutical processes 

are often run (semi)batch-wise at sub optimal efficiency with large E-factors (defined as mass of 

waste per unit mass of product) [13] and relatively low space-time yields, both of which afford 

opportunities for process intensification [8,14–16].  

 In this article, a model for pharmaceutical process design is proposed based on principles 

already in use in the bulk chemical industry. While it is generally accepted that both industries 

possess the potential to benefit from process intensification, there exist specific barriers and 

challenges for each that need to be addressed and evaluated on a case-specific basis. Specifically, 

in the pharmaceutical industry, the batch campaign approach to production represents a key area 

where value may be generated through a shift to alternative methods of processing. For those 

campaigns that are longer with production quantities approaching the range of bulk chemical 

production, dedicated processes that more closely resemble those found in the bulk chemistry 

industry should be considered [17]. The goal of this article is thus to provide a pragmatic 

perspective on pharmaceutical process design that utilizes a set of established technologies to 
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select the most optimal design when given a particular reaction environment. Challenges and 

developments pertaining to process intensification within the pharmaceutical industry are 

presented, leading to a model for development of dedicated, intensified pharmaceutical processes 

from early lab-scale to commercial production via mini-monoplant technology. 

 Process Intensification 

Process intensification is a well-established concept for improving the efficiency and 

economics of chemical production while reducing its environmental impact [18]. This has 

traditionally been proposed as a reduction in process equipment volume [19] in order to allow 

more intensified reaction temperatures and pressures, however it may also include methods of 

combining multiple unit operations into one device or module and bringing them physically closer 

to each other [11,20]. In both cases, limitations in mass and heat transfer are reduced as well as 

solvent holdup and distances between unit operations. The definition of process intensification has 

been extended by Stankiewicz and Moulijn to include “the development of novel apparatuses and 

techniques that, compared to those commonly used today, are expected to bring dramatic 

improvements in manufacturing and processing, substantially decreasing equipment-

size/production-capacity ratio, energy consumption, or waste production, and ultimately resulting 

in cheaper, sustainable technologies” [21], with the fundamental principles of process 

intensification lying in the spatial, thermodynamic, functional, and temporal domains from the 

molecular to processing scales [22]. Accompanying this concept of process intensification is the 

Industry 4.0 standard for a high degree of automation and information processing in chemical 

production [5]. In this idea, processing equipment are able to communicate with each other and 

their operators digitally, leading to a high level of information transparency and availability as well 

as the ability of machines and artificial intelligence to help with decision making and performing 
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of physically difficult tasks. Product quality can be monitored and adjusted using process 

analytical technology (PAT) [23] and Real Time Release Testing (RTRT) [24]. A factory running 

autonomously in this manner is dubbed a ‘smart factory’ and is predicted to greatly improve 

product quality assurance and control [25]. Despite the known benefits of process intensification 

and automation, general barriers exist to its widespread implementation such as cost, complexity, 

and a general hesitation to break the status quo. As such there is a so-called ‘rush to be second’ 

where most managers want to wait for proven full-scale evidence of process intensification before 

committing [18]. The best opportunities for the implementation of new intensified technologies 

will therefore come from situations where new plants or processes are being developed [18]. The 

barriers described above are being addressed through the establishment of various institutes or 

consortiums, such as the pioneering IMM (Fraunhofer-Institut für Mikrotechnik und 

Mikrosysteme) [26], and followed in other countries by CMAC (Continuous Manufacturing and 

Crystallization) [27], RCPE (Research Center Pharmaceutical Engineering) [28], SSPC (Synthesis 

and Solid State Pharmaceutical Centre) [29], MEPI (Maison Européenne des Procédés Innovants) 

[30], and RAPID (Rapid Advancement in Process Intensification Deployment) [31,32], as well as 

efforts from various companies within the pharmaceutical industry [33]. 

2.2.1 Pharmaceutical Process Intensification 

In the pharmaceutical industry, where short-lived production campaigns are primarily 

performed in (semi)batch reactors, the desire to miniaturize and intensify will generally require 

continuous processing. Continuous-flow at the micro or milli scale provides several advantages 

when compared to typical large-scale batch production processes, including improved heat and 

mass transfer, lower solvent requirements, better process control, enhanced reaction homogeneity, 

and safer handling of hazardous materials [6,7,34,35]. Productivities (defined as the amount of 
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product generated with a finite amount of resources, including labour) comparable to those in 

large-scale batch operation can be achieved when the system is run continuously in a smaller scale 

unit leading to a drastically smaller footprint. Several examples of continuous pharmaceutical 

production have been developed and published by researchers at Eli Lilly, including high 

temperature continuous crystallization [36] and continuous active pharmaceutical ingredient (API) 

production under cGMP conditions [37–40], as well as reports detailing collaborations and 

technology transfer between pharmaceutical companies and contract manufacturing organizations 

[39,41]. Of key importance to the intensification of pharmaceutical processes, and owing to the 

enhanced rates of heat and mass transfer, is the ability to perform reaction chemistries that would 

normally be considered ‘forbidden’ under standard batch operation [17,42]. Intensified reactions 

run under high temperature, pressure, and concentration result in faster reaction rates and larger 

productivities, especially with the implementation of automation and RTRT. In addition, higher 

energy reagents may be employed which can facilitate more direct synthesis routes with fewer 

steps and higher purity products [17,42]. For example, microreactors have previously shown 

success in the generation of explosive nitroglycerin [33] and can significantly broaden the safe 

operating window with explosive substances [43]. The selection of the appropriate continuous 

reactor technology depends on the reaction phases, kinetics, and reaction network, and these 

technologies may be broadly divided into three fundamental categories of plates, coils, and CSTRs 

[8]. Plate reactors are generally applicable to reactions containing liquid and/or gas phases, and 

when more plug flow is desired with rapid micromixing and/or heat transfer. Coil type reactors 

can be applied to plug flow reactions with slower kinetics that require longer residence times and 

less intensive heat transfer and can be extended to handle solids when oscillation is applied to 

reaction medium. For perfectly mixed reactions, one CSTR can be implemented for reactions with 
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specific network, or a cascade of CSTRs to handle a wide range of reactions, kinetics, and phases. 

Some specific continuous and intensified examples (shown in Figure 2.1) and applications of these 

(and related) reactor categories include plate microreactors [44–50], oscillatory flow reactors [51–

59], coiled flow inverters [60–66], micro packed bed reactors [67,68], plug flow reactors with 

static mixer inserts [69–72], mixed-suspension-mixed-product-removal (MSMPR) [73,74], and 

miniaturized continuous stirred tank reactors (CSTRs) [75].  

 

Figure 2.1. Examples of fundamental continuous reaction technologies. a = FlowPlate rack with 

ultrasound unit for deplugging. b = Coiled tubed reactor. c = CSTR. d = Tubular reactor with 

static mixer inserts. e = FlowPlate rack with ultrasound used in series with a tubular reactor with 

static mixer inserts.  

Thus, pharmaceutical processes may be intensified through these three targets:  
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1) Intensification of the synthesis route via more direct and higher yield pathways 

2) Reactor technologies, often miniaturized, with high surface area to volume ratios and 

reduced transport lengths that facilitate the use of the intensified reactions in target 1, 

3) Increased productivity through continuous processing with a high degree of automation 

and RTRT 

When all three targets are incorporated into the design of a pharmaceutical process, the result is a 

higher yield, higher productivity continuous process that can run relatively autonomously and with 

a smaller footprint than typical batch or semi batch processes. Specific benefits of optimizing these 

targets may be illustrated by comparing two cases: a non-GMP (early) intermediate and an API/late 

intermediate under GMP [76]. In the first case, production costs are driven primarily by throughput 

(defined as the mass of product per unit time) and productivity and would benefit from increasing 

the amount of automation in the process. In the second case, the production costs of the more 

complex API are governed by yield and selectivity, parameters which may be improved through 

using more intensified synthesis routes permitted by miniaturized reactor technologies. For 

example, Monteiro et al. have shown continuous synthesis (with 98% conversion and 85% 

selectivity) of a complex API via trifluoromethylation in a rack of FlowPlates followed by a CSTR 

for quenching [77]. However, the downside to continuous processing in this manner is the obvious 

and significant loss of flexibility that is usually desirable in these industries [12]. It can become 

difficult to handle the constant changing influx of reactions in less versatile continuous reactors, 

especially when there is a solid phase present in a miniaturized channel. Additionally, using a new 

or redesigned dedicated continuous process for each separate campaign can incur significantly 

higher development and implementation costs that may outweigh the value of the production 

campaign itself [78]. These costs will generally manifest where new technologies need to be 
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developed, especially in the cases of particularly slow reactions and work-up stages, where the 

choice to either invest in such technologies or simply use batch for these steps becomes a 

comparison of capital expenditure (CAPEX) and solvent usage depending on the stage of product 

development (i.e. in clinical phases or commercial production) and efficiency of technology.  

2.2.2 Keeping pharmaceutical processing flexible through modularity  

Ideally, pharmaceutical production technology should be intensified, continuous, and flexible 

enough to optimally produce a wide range of potential products; however, a perfect solution to 

obtain all three may not exist. Development of modular systems to achieve a balance between 

these three targets has been ongoing, with an early adopter of such a modular microreaction system 

developed by Ehrfeld Mikrotechnik and described in 2005 [79]. More recently and in the same 

vein, two modular platforms that aim to address these requirements have been developed at MIT. 

The first is a self-contained continuous manufacturing platform in a mobile cabinet that is capable 

of producing and purifying liquid API formulations [80,81]. The second is a reconfigurable 

universal bay for automatic chemical reaction optimization in which several different 

interchangeable reactors can be attached [82]. Utilizing one of these modules is likely less 

expensive than engineering and implementing a brand-new intensified process with specialized 

technology. This can be particularly beneficial to smaller firms where the required capital and 

infrastructure are not available for extensive process development, rapid switching between 

production campaigns is more desirable, and/or the amount of required product is smaller. 

Additionally, these flexible modules can allow production of specific therapeutic formulations that 

can accommodate the range of responses by patient populations. In cases where more capital is 

available for larger production campaigns, however, a more dedicated approach similar to that 

found in the bulk chemical industry may be more suitable.  
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 Mini-monoplant concept 

As mentioned, API production under GMP is generally driven by product yield [76] due to the 

complex reaction pathways required to transform intermediate chemicals into highly specialized 

products. However, it can often be difficult to move into continuous production when clinical 

development has been completed in batch due to GMP registration constraints [83]. Below, an 

approach is described for development of a continuous, intensified process at lab scale using a 

toolbox of established and developing reactor geometries that can be directly scaled up to 

production volume using established principles based on maintaining the relative transport and 

reaction rates upon geometrical scale-up [84,85]. 

In the early 2000s, a typical commercial scale batch production campaign at Lonza could last 

anywhere between 4 and 8 weeks, with an average yield and throughput around 77% and 1.5 

tonnes/day, respectively [86], in the FCC (fine chemicals complex) facility with reactor size of 

10’000 L (Figure 2.9, vide infra). The flexibility and versatility in batch processing equipment in 

a multi-purpose plant allowed for the equipment to be cleaned after completion of the campaign 

and reused in the subsequently scheduled production campaign. This business model relied on 

multi-purpose plants remaining well occupied and having numerous vessels or facility sizes to 

accommodate a wide range of customers and product demand. However, the system of scheduling 

processing equipment cannot effectively address the changing landscape of pharmaceutical 

processing where there is a focus on more complex, potent, lower demand, and specialized drugs 

that require an accelerated timeline to reach the market and have uncertainty in their demand. The 

latter two points may be addressed via dedicated manufacturing assets for a single product in a 

monoplant (i.e., a production plant dedicated to a single product, with the goal of rapid and 
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economical attainment of production capacity with the ability to adapt to market demand [87]) that 

can be designed (in batch or continuous-flow) and built within an existing facility.  

This concept is illustrated in Figure 2.2. Whereas a multi-purpose plant will generally produce 

one large batch during a scheduled campaign, a monoplant can produce product batches year-

round if required. This offers the capability to rapidly address any changes in product demand, 

while the multi-purpose plant may have to wait until the equipment is available for additional 

production which often results in overproduction during the launch phase of a new API. For 

complex molecules, it is also common to have lead times of several years for order to delivery 

since multiple campaigns are required for the different synthetic steps performed in a sequential 

manner. In addition, the cleaning and changeover steps required for multi-purpose plants are time 

and resource consuming, demanding full HAZOP analyses each time and requiring a level of 

cleanliness that is directly proportional to the potency of the API. Thus, the use of monoplants has 

a large potential to reduce the cost of goods when compared to initial batch campaigns and decrease 

the lead time from order to delivery from years down to potentially a few months, while also 

allowing for maintaining a buffer stock of key and stable intermediates that, in combination with 

the dedicated facilities, can facilitate rapid responses to fluctuations in customer demand.  
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Figure 2.2. Schematic view of supply security comparison between a multi-purpose plant and a 

monoplant. CusX = Customer X. 

 When employing year-round monoplant batch production, automation and RTRT will be 

fundamental attributes to increase productivity. However, even further enhancements to 

productivity may be achieved by also addressing the first two intensification targets described in 

section 2.2.1. More desirable and novel reaction pathways are primarily enabled through 

continuous-flow processing in advanced, miniaturized reactor technologies, where dedication of 

such assets to production of a single product in a monoplant then results in a so-called ‘mini-

monoplant’ (Figure 2.3).  
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Figure 2.3. Defining factors in the design of a mini-monoplant. 

The use of a mini-monoplant presents three key advantages in pharmaceutical production 

as shown in Figure 2.4. First, is the opportunity to develop best-in-class processes at lab scale 

where novel synthesis routes will improve safety, sustainability, and yield. Second, is accelerated 

development and time to market through a streamlined scale-up to factory-based production 

facilities. Here, the lab-scale process becomes the production setup which may be developed 

further and, when required, scaled-up using established geometrical scale-up methodologies 

[84,85], in an available production cabin within the factory [36]. And finally, is an overall reduction 

in capital and operating expenditures when the mini-monoplant is ultimately built and dedicated 

to continuously producing a single product, effectively increasing productivity while reducing the 

factory footprint and avoiding the time consuming and costly change-over steps required in typical 

multi-purpose plant production. In a situation when many multi-purpose plants are run at capacity, 

the mini-monoplant then becomes attractive for new investments and allows customers to maintain 

occupancy of their respective production facility.  
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Figure 2.4. Three key advantages realized through the intensification of monoplants into mini-

monoplants for pharmaceutical production. 

2.3.1 Lab-based development of best-in-class pharmaceutical production processes 

Development of a mini-monoplant can begin directly in the safety of a laboratory, where 

innovative and novel continuous processes can be performed with a small footprint. Lab-based 

process development allows engineers and chemists to focus on key value generating features for 

the finalized mini-monoplant, including process intensification, unit operations with advanced 

technologies and full automation over a range of throughputs that may typically span from 1 to 50 

kg of product per day. 

An example of such a process is shown in Figure 2.5 below, with a simplified process flow 

diagram shown in Figure 2.6. Here, lab-based development of a mini-monoplant was conducted 

within the space of three fume hoods. The system consisted of a rack of FlowPlate A6 

microreactors (temperature maintained at 30°C) where a rapid type-A and highly exothermic 

nitration reaction was performed using a concentrated mixture of nitric acid and sulfuric acid. The 

excess acid was then quenched twice sequentially in two mixer settlers, in the first with water (to 

prevent excessive heat generation), and in the second with sodium bicarbonate (to quench any 
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remaining acid in the organic phase). A film evaporator was then used to remove the organic 

solvent so that the slightly soluble main intermediate could undergo a saponification reaction under 

bi-phasic conditions in a cascade of three CSTRs in series. The more water-soluble product was 

then back extracted into an organic solvent, a step which required an efficient multi-stage counter 

current liquid-liquid extractor. 

The process pictured in Figure 2.5 had a throughput of 10 kg per day and had the capability 

to deliver material that was required for clinical trials. However, a bottleneck existed in this stage 

of development larger production amounts would require more than 100 L of organic solvent per 

day; an amount that was too large to be properly handled within a laboratory setting and 

necessitated larger and more capable infrastructure for further development.  

 

Figure 2.5. Lab-based development of a continuous mini-monoplant contained within three 

fume hoods. 



Chapter 2 – Mini-Monoplant Production for Pharmaceutical Manufacturing 

   

 

B.J. Doyle, 2021   20 

 

Figure 2.6. Simplified process flow diagram for the lab-based mini-monoplant development 

shown in Figure 2.5. 

2.3.2 Factory-based development for accelerated development and time to market 

Upon completion of lab-scale process development, further development of the process for 

larger production volumes can then be moved into an available cabin within an existing production 

infrastructure. As shown in Figure 2.7, the lab-scale process can be directly transferred to a cabin 

that allows for connection to all the factory infrastructure, including large volume storage tanks 

for the feeds and products. The cabin can be operated without explosion proof equipment as the 

processes are intensified and the reactive volume inside the cabin remains sufficiently small and 
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the cabin is well ventilated. The objectives here are to reach a similar flexibility as was available 

in a laboratory and to validate the scaling approach taken. During this stage of development, 

various unit operations within the process can be mounted onto mobile skids and used as flexible 

and multi-purpose modules. These may be base modules, such as dosing modules and reactor 

modules (Figure 2.8) [8,88], or more advanced modules, such as a specific reactor technology 

(e.g., photocatalytic [89] or electrochemical [90] reactors) or solid-liquid handling modules [59]. 

These modules allow for rapid process assembly during factory-based development and can 

provide significant time savings if they are pre-qualified for GMP production. Additionally, the 

modules may be cleaned and reused for additional processes upon completion of a production 

campaign. It is important to note, however, that these modules may be subject to usage in a 

campaign approach when multiple factory-based developments are occurring simultaneously.  

 

Figure 2.7. Factory-based process development. Use of an available cabin within the existing 

production infrastructure allows for a reduction in development time and time to market. 
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Figure 2.8. Reactor platform module. Reprinted with permission from reference [88]. Copyright 

2015 Microinnova. 

 It is during the factory-based development that the first integrated process scale-up occurs. 

Here, flow rates can be increased when necessary to accommodate larger amounts of 

pharmaceutical demand which may occur during phases I to III of clinical development when the 

drug has not yet gone commercial. At this stage, the spatial advantages of operating a miniaturized 

continuous-flow process become clear, as illustrated in Figure 2.9. Often, when operated over time, 

a flow rate of 10 mL/min through a plate-type microreactor is sufficient for clinical development. 

The footprint of such a process is significantly smaller than the 250 L vessel that would be required 

for batch unit operations. It is of course assumed that a drastic intensification of reactive conditions 

has been achieved and the reaction has become mainly mass or heat transfer controlled. Under 

such circumstances, the volume of a plate type reactor is in the range of mL while the volume of 

a CSTR is in the range of 1–2 L. If the reaction is inherently slow and kinetically limited, larger 
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reactors (i.e., coiled tubes or stirred tanks) may be required. With respect to scaling, the flowrates 

and reactor sizes included in Figure 2.9 have scaling factors (i.e. multipliers of bulk flow rate or 

CSTR volume) ranging from 1 to 60, with the first approximately 5-fold scale increase often 

occurring during laboratory-based development, and the remaining occurring during factory-based 

development. With the use of modular equipment and GMP-ready modules (as is shown in Figure 

2.8), two sets of equipment will be enough to cover the required scales during factory-based 

development, where one set is for low flow and the other is for high flow. In a dosing module, for 

example, a pump and flow controller can adequately span a 10-fold scale in flow rate, allowing a 

set of two dosing modules to readily handle the entire scaling range shown below. With respect to 

the reactor technology, a modular system with easily interchangeable reaction volumes is desirable 

(for example, FlowPlate technology with a range of swappable plate sizes, geometries, and 

volumes). Acquisition of an available pool of flexible process technologies will require a certain 

initial cost but will have long term benefits as additional and more effective options become readily 

available to engineers and chemists during process design and implementation. 

 With respect to scale-up methodologies, reactor dimensions are increased while 

maintaining geometric similarity and transport phenomena as is allowable within the specific 

micromixing requirements of a given reaction, permitting the use of a single, larger channel rather 

than multiple smaller channels in parallel. Moving to a factory-based setting is a pivotal stage of 

development, as it allows for long-term process stability testing to occur with solvent capacities 

that would otherwise be limited within a laboratory setting. During this stage of development, the 

process and factory must be designed with contingency methods of cleaning and de-plugging, 

which can include automated solvent switch and the use of ultrasounds. 
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Figure 2.9. Comparison of required reactor sizes for various flow continuous-flow rates and for 

batch. The use of dedicated continuous technology drastically reduces the required footprint 

when compared to the batch and campaign approaches. Product flow rates assume a 10 wt% 

concentration of the bulk flow rate. AX = Size A5 or larger. SSP = Small Scale Plant, LP = 

Launch Plant, FCC = Fine Chemicals Complex.  

In an example towards a factory-based development, 2-nitroethanol, which is an early 

intermediate required for an alternative synthesis of Aliskiren [91], was produced in a lab-based 

mini-plant via a Henry Reaction between formaldehyde and nitromethane (Scheme 2.1) [92]. The 

reaction is relatively fast, reaching around 50% conversion after 25 seconds. In this reaction, the 

molar ratio of nitromethane to formaldehyde has a significant impact on the selectivity of the 

reaction, as the product (3) can react further with formaldehyde to form 4 and 5 as by-products. 

The higher the relative amount of nitromethane, the higher of the selectivity of the reaction towards 

3, and subsequent recycling of the excess nitromethane after completion of the reaction is essential 

for safe operation to considerably reduce its hold-up and consequently its potential as an explosion 

hazard.  
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Scheme 2.1. Reaction between formaldehyde (1) and nitromethane (2) to form 2-nitroethanol (3) 

and by products 4 and 5.  

 

 A simplified process-flow diagram of the mini-plant set up is shown in Figure 2.10. The 

formation of 2-nitroethanol took place in a series of A5 plate-type microreactors at 30°C, which 

included an initial SZ mixing plate followed by a series of residence time plates. The Henry 

reaction occurred under basic conditions and in a crucial safety step, the reaction mixture was then 

acidified in a CSTR as the removal of nitromethane from a basic mixture has the potential to 

become explosive. A filter was implemented downstream of the CSTR in order to handle the solids 

generated by the acid-base reaction (salt formation). The resulting mixture of 2-nitroethanol and 

nitromethane was separated by a wiped-film evaporator, generating crude 3 and allowing the 

excess nitromethane to be recycled, thereby reducing its hold-up in the laboratory and removing 

any feed impurities which would have otherwise led to the formation of precipitates and caused a 

pressure rise in the system. This represents a key advantage of developing a process from the 

beginning around continuous-flow in a mini-plant setup, as it closely mimics the processing 

environment that will occur in larger scale production units allowing for the identification and 

correction of any potential problems or instabilities early in development.  
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The scale-up of this process has been achieved in a nearly identical setup utilizing the same 

pumps, but by adjusting the number and volume of plates and using a larger wiped-film evaporator. 

The throughput was quadrupled to 1 kg/day of crude 2-nitroethanol and more than 5 kg were 

produced intermittently over 5 days. In fact, depending on the need, the flow rate could have been 

tuned from 1 up to 40 kg/day with a further increase in the capacity of the wiped-film evaporator 

– an investment that would be required upon a request for additional product. Although larger, this 

equipment would not have substantially increased the hold-up of crude 2-nitroethanol at 70°C, as 

its quantity would remain relatively small within the film. This system exemplifies the three targets 

of pharmaceutical intensification described above, where a novel synthesis route could be 

employed due to the intensified reactor and work-up unit operations, and a range of throughputs 

and productivities were possible by adjusting flow rates in the fully automated process.  

 

Figure 2.10. Production of 2-nitroethanol where unit operations are intensified via continuous 

operation. 
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In the example above, intensified work-up in the wiped film evaporator was essential for safe 

operation of the process. Oftentimes, however, intensified units for the work-up stages of a mini-

plant may not yet be commercially available, as is especially the case when there is a solid phase 

present in the mixture. Other times, intensification of the work up stages may not be economical 

when the solvent is not inherently dangerous and is used in relatively small amounts (for example, 

when producing a product for clinical trials) when compared to the cost of developing miniaturized 

work-up units. In these cases, the work-up steps will generally default to non-intensified batch 

(exemplified in further detail in section 2.3.3 below). If there are no intensified modules available 

for the work-up steps during factory-based development, then these steps are performed in batch 

vessels. These larger batch vessels may also be used in cases where reactions are slow and 

kinetically limited. Importantly, the overall processes in both cases may be operated using the 

campaign approach, depending on the availability of modules, unit operations, and development 

space within the factory. 

2.3.3 Mini-monoplant production technology at commercial scale 

Once the factory-based development has been completed and the product has gone 

commercial, the process can then be installed in a dedicated production area within the plant. It is 

during this final stage of development that the temporal integrated process scale-up occurs, i.e., in 

the operational time of the process which may be run year-round where required. At this stage, 

complete automation is a prerequisite to increase productivity as the production is extending over 

time. It is also important to consider the cost and resulting value of developing and implementing 

RTRT in order to increase the overall productivity of the process. If the entire process including 

work-up is intensified and continuous (see Figure 2.10), then installation becomes a matter of 

simply transitioning the factory-based process into production via the acquisition of new, dedicated 
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production assets. If steps within the process, including reactions and/or work-up, were run in 

batch using the campaign approach during factory-based development, then the decision of 

whether to continue using batch at production scale or to transition into new continuous 

technologies should be evaluated on a case-specific basis through a comparison of the amount of 

solvent and/or CAPEX required for each. 

In a process containing a solid product shown in Figure 2.11 below, the filtering, washing, and 

drying of the solid product are performed in a batch filter dryer vessel where two potential routes 

may be taken. In the first, two filter dryer vessels are operated intermittently, where one is 

performing the cake washing and drying of the solids while the other is filtering. In the second 

method, a surge tank is implemented upstream of a larger filter dryer vessel in order to buffer the 

feed and allow the filter dryer vessel to be periodically emptied [40]. In the first case, the cost of 

purchasing two filter dryer vessels is substantially larger than in the second case, where the 

purchase of a surge tank and a single larger volume filter dryer vessel will ultimately be lower, as 

volume gain is relatively inexpensive in vessels [3]. The size of this vessel should be big enough 

to enable a complete cycle of the filter-dryer while allowing for some additional buffer time. In 

this example the transition between continuous and batch operation is well defined, and such 

transitions are an important consideration during process design as they will increase the 

complexity of the process. 
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Figure 2.11. Potential routes for batch work-up downstream in a mini-monoplant. 

 The system with the surge tank and single filter dryer previously described is the planned 

approach for a mini-monoplant for commercial production of a tetraalkyl phosphonium salt 

(Scheme 2.2), to be implemented according to the overall process description below.  

 

Scheme 2.2. Reaction between allyl-bromide (6) and trialkylphosphine (7) to form a tetraalkyl 

phosphonium salt (7)  
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Under the employed reactive conditions, the reaction has an adiabatic temperature rise of 118 °C 

with heat accumulation, with the first exotherm onset occurring at 100 °C. As such, the reaction 

requires very tight temperature control in order to prevent thermal runaway. In batch using a vessel 

size of 160 L, the temperature is controlled via dosage of 6 at 40 °C over the course of 30 minutes 

(for 5 kg of 8). In the flow system shown below in Figure 2.12, the FlowPlate A6 allows for 

intensified reaction conditions and nearly full conversion to be reached after 2.5 minutes at 70 °C 

and 3 bar. Reactants 6 and 7 are first combined in an SZ-type mixing structure to allow for rapid 

mixing, followed by a series of residence time plates of which the quantity can be adjusted in order 

to accommodate the necessary residence time at a given flow rate. The two liquid feeds are not 

pre-heated due to thermal instability of the reactants. The resulting mixture is then co-fed with an 

anti-solvent into a stirred precipitation vessel run continuous with a jacket temperature of 10 °C. 

Once the precipitation vessel reaches a designated fill volume, the suspension is transferred to a 

surge or buffer tank via a suspension transfer module. The suspension from the surge tank is then 

transferred to a filter dryer where the solid product is separated from the mother liquor, washed, 

and dried. After discharge of the dried product, the filter dryer is then ready to receive new 

suspension from the surge tank which has been re-filled in the meantime. The reactor plates do not 

require intensive cleaning cycles as the quantity of formed phosphonium salt remains soluble in 

the reaction mixture at 70 °C, while those sections of the process containing a precipitated solid 

suspension can be rinsed with the process solvent. The primary heel of the filter dryer is removed 

periodically based on the stability data of the product.  
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Figure 2.12. Intensified reaction with automated batch work-up. Here applied to the production 

of tetraalkyl phosphonium salt. 

Logistically, installation of a mini-monoplant would occur in a complex within a plant 

containing ‘mono-suites’ for every new product. The complex would be designed with service 

infrastructure (i.e., solvent tank farm, cooling/heating systems, waste management, etc.) analogous 

to that which is normally available in a multi-purpose plant. Direct lines to solvent or water 

tanks/containers will be included, as well as lines to containers with standard concentrations of 

acids or bases when required. Such an approach is currently being taken at Lonza for biologics 

manufacturing, where significant investment has been initiated into a manufacturing complex 

called IBEX [93,94]. For small molecules, mono-suites can be retrofitted into existing multi-

purpose facilities in order to limit investment. 

The mono-suite itself would encompass cabins or rooms which include space for head 

tanks for solution preparation when required. At this stage, it is important to mention that these 
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tanks or containers are by no means the equivalent of a multi-purpose batch reactor in terms of 

both technological complexity and investment. Such tanks are significantly less expensive and can 

also consist of single use plastic containers. Some of them may require cooling or heating 

capacities depending on the contained solution’s stability, viscosity, or liquefaction. It is also 

assumed that when the reactions are run under intensified conditions in miniaturized technologies, 

the solvent requirements (and their associated footprints) will be smaller when compared to an 

unintensified batch process with an equivalent production quantity. In addition, the mono-suite 

would require solid isolation capacity. The example given above (Figure 2.12) shows solid 

isolation via filter-dryer operation, but this could also be approached in a different manner. 

The monoplant strategy is already in-use for batch technology [95]. The main driver behind 

widespread development of monoplants arises from the reduction of investment costs via the use 

of intensified continuous technologies. When batch technology is used in solid handling, for 

example, the investment costs and space requirements will be similar to those needed in a multi-

purpose plant with comparable equipment size. The cost and space advantage will therefore 

manifest in the compact system design and year-round operation. Technological development in 

solid handling and crystallization is an important ongoing research topic, and will determine the 

extent to which this aspect of a process will be amenable to process intensification and continuous 

operation. For example, solid dosage and automatic feed preparation with solid substrates are now 

possible under continuous operation [96] - an approach that is also valid for work-up unit 

operations. Implementation of such technologies will occur when they bring sufficient advantages 

that supersede the investment needs. 
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 Conclusions 

Pharmaceutical production has historically relied on multi-purpose batch vessels utilized 

through a campaign approach. Although these vessels are flexible and can accommodate a wide 

range of reaction phases and kinetics, they are becoming less effective in their ability to address 

recent developments in pharmaceutical production where more complex, potent, and specialized 

drugs are becoming increasingly desirable with accelerated times to market and uncertainty in their 

demand. As is seen in the bulk chemical industry, rapid changes in product demand can be 

addressed through dedication of production assets to a single product in a monoplant. The more 

specialized products desired by the pharmaceutical and fine chemical industry can be produced 

though miniaturized and intensified production assets that allow for the use of previously 

‘forbidden’ chemistries in a mini-plant. When applied in combination to the development of a 

pharmaceutical production process, the result is a mini-monoplant that is dedicated, highly 

intensified, and able to operate year-round to respond to fluctuations in product demand.  

 The road to development of a mini-monoplant for pharmaceutical production occurs 

through three main stages, namely, lab-based development, factory-based development, and mini-

monoplant production at commercial scale. In lab-based development, mini-plant process 

development occurs within the safety of a laboratory, where chemists and engineers can focus on 

value generating features such as novel reaction pathways, intensified reactors, automation, and 

dedication. Here, novel and innovative continuous processes can be developed with a small 

footprint with throughputs that can span from 1 to 50 kg of product per day. Upon completion of 

the lab-scale development, the mini-plant can then be moved to an available cabin within the 

existing plant infrastructure, allowing for access to large volume feed and product storage tanks. 

This provides a similar flexibility as was available in the laboratory, and the usage of predesigned 
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(and potentially GMP-prequalified) multi-purpose unit operation modules can greatly reduce 

development time and time to market for introducing new technology into the pharmaceutical 

production process. The first stage of process scale-up occurs in factory-based development, where 

throughputs can be increased to meet the demands of clinical trials. Finally, when the product has 

gone commercial, dedicated production assets can be invested in and the process can be installed 

in a designated area within the plant. It is at this stage that the process can be considered a mini-

mono plant, and the final temporal scale-up occurs with respect to the overall operating time of 

the process, of which dedication allows year-round operation if required in order to meet 

fluctuations and uncertainty in product demand. In-line with the ongoing paradigm shift towards 

continuous manufacturing in pharmaceuticals [97], process development via mini-monoplant 

technology is a pragmatic approach to pharmaceutical production using carefully selected 

processing units currently available to chemists and engineers. As this processing mode becomes 

more commonly adopted it is expected these technologies will develop and become more readily 

available, especially when/if regulatory and tax incentives that can help address the financial 

hesitation towards widespread adoption of novel technologies become available [98]. 

Abbreviations 

API = Active pharmaceutical ingredient 

PAT = Process analytical technology 

RTRT = Real-time-release-testing 

GMP = Good manufacturing practice 

CAPEX = Capital expenditure 

HAZOP = Hazard and operability 

CSTR = Continuous stirred tank reactor 
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SSP = Small-scale plant 

LP = Launch Plant 

FCC = Fine chemicals complex 
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Abstract 

This work investigates the impact of fluid (CO2(g), water) flow rates, channel geometry, and the 

presence of a surfactant (ethanol) on the resulting gas–liquid flow regime (bubble, slug, annular), 

pressure drop, and interphase mass transfer coefficient (𝑘𝑙𝑎) in the FlowPlateTM LL (liquid-liquid) 

microreactor, which was originally designed for immiscible liquid systems. The flow regime map 

generated by the complex mixer geometry is compared to that obtained in straight channels of a 

similar characteristic length, while the pressure drop is fitted to the separated flows model of 

Lockhart–Martinelli, and the 𝑘𝑙𝑎 in the bubble flow regime is fitted to a power dissipation model 

based on isotropic turbulent bubble breakup. The LL-Rhombus configuration yielded higher 𝑘𝑙𝑎 

values for an equivalent pressure drop when compared to the LL-Triangle geometry. The 

Lockhart–Martinelli model provided good pressure drop predictions for the entire range of 

experimental data (AARE < 8.1%), but the fitting parameters are dependent on the mixing unit 
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geometry and fluid phase properties. The correlation of 𝑘𝑙𝑎 with the energy dissipation rate 

provided a good fit for the experimental data in the bubble flow regime (AARE < 13.9%). The 

presented experimental data and correlations further characterize LL microreactors, which are part 

of a toolbox for fine chemical synthesis involving immiscible fluids for applications involving 

reactive gas–liquid flows. 

Keywords: microreactor; gas–liquid flow; flow regime; pressure loss; interphase mass transfer; 

CO2 absorption 
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 Introduction 

Process intensification, via miniaturization, is a method of rendering reactors more efficient, 

economical, environmentally friendly, and safer through a reduction of volume. The smaller length 

scales enhance heat and mass transfer rates by providing greater vessel specific area and reducing 

transport distances. These improvements in transport rates, as well as the smaller working 

volumes, allow for highly exothermic reactions to be run safely with less dilution and better yields 

[99]. In particular, continuously operated micro- and milli-scale reactors offer these advantages at 

production rates relevant to the pharmaceutical industry, which are typically less than 600 g/min 

[100]. In multiphase systems, small reactor dimensions have the added benefit of creating more 

consistent dispersions (e.g., segmented flow) and higher interfacial area, which yields higher and 

more predictable mass transfer rates [101]. However, continuous-flow microreactor technology is 

still a relatively young field. Therefore, further characterization must be performed for different 

types of reactors and fluids systems to enable process design and thereby drive more widespread 

use. 

Several gas-liquid microreactor technologies (e.g., falling films, static mixers, tubular, 

membranes, packed beds) have been proposed for various applications and production rates 

[102,103]. In particular, the CorningTM Advanced-Flow™ reactor with heart-shaped mixing 

structures [46,47,104] and the FlowPlateTM reactor with LL (liquid-liquid) structures [8,105] can 

operate at relatively high throughputs and use Venturi-like contractions followed by chambers 

containing flow-impinging obstacles in order to change the magnitude and direction of the flow 

field. Specifically, the LL mixer focuses the immiscible fluids onto an obstacle that breaks the 

dispersed phase and desynchronizes the fragments. Variable volume chambers and non-

symmetrical rhomboidal or triangular obstacles, with varying orientation at each consecutive 
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mixing unit, act together to reduce re-coalescence. The FlowPlateTM reactor is offered in a variety 

of mixer and plate sizes rated for different flow rate ranges [44]. 

In gas-liquid reactions, the flow morphology has a determining impact on the specific area 

available for interphase mass transfer and on the pressure drop. Although many flow regimes have 

been identified, this work focuses on three main regimes: bubble flow, slug flow, and annular flow. 

Many methods of identifying these flow regimes have been used in the past, with the simplest 

being visual identification [106]. Additionally, several mechanisms have been proposed to predict 

the conditions under which flow regime transitions occur [13,14], but agreement over a large range 

of fluid physical properties and channel geometries has been poor [109]. For this reason, the 

comparison of empirically determined regime transitions from similar systems has been preferred 

by some authors [12-16] and will be used in this study. 

Previous work has demonstrated the applicability of LL-Reactors for liquid-liquid systems 

with varying physical properties over a range of production rates relevant to the pharmaceutical 

industry [45,111]. It was shown that two-phase flow regime identification via visualization is 

crucial in understanding changes in interphase mass transfer rates with flow rate, allowing for the 

development of an effective scale-up methodology [45,105,111]. In particular, in liquid-liquid 

systems, the onset of the drop flow, which is analogous to bubble flow in gas-liquid systems, was 

identified as a key parameter in scale-up since interphase mass transfer rates depended on the 

energy dissipation rate resulting from chaotic advection, and not on reactor geometry, in this 

regime [45]. As such, the aim of this work is to investigate the applicability of LL-Reactors in gas-

liquid systems by identifying key performance parameters in order to advance the toolbox 

approach developed by Plouffe et al. [8], as has been done for liquid-liquid reactions. First, the 

flow regimes are visually identified; next, the two-phase pressure drops over the length of the 
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reactor are measured and analyzed; and then, the mass transfer rates are measured using physical 

CO2 absorption experiments, and the data are analyzed and correlated in terms of a volumetric 

mass transfer coefficient (𝑘𝑙𝑎). The analysis includes a range of gas and liquid flow rates, LL-

Reactors using a rhombus or triangle as the obstacle, and a liquid phase with or without the addition 

of a surfactant. 

 Materials and Methods 

A schematic of the experimental set-up is presented in Figure 3.1. The gas and liquid were fed 

continuously into the microreactor system via a BronkhorstTM mini CORI-FLOW™ M12V10I 

mass flow controller (MFC), with an accuracy of ± 0.5% of flow rate, and a HiTec Zang SyrDos™ 

2 syringe pump equipped with 25 mL DURANTM borosilicate glass syringes, respectively. The 

microreactor system utilizes a FlowPlateTM Lab manufactured by Ehrfeld Mikrotechnik GmbH, 

which features a quartz viewing glass. Each reactor plate consists of a series of 21 micromixers 

machined into a size ISO 216 A7 (74 × 105 mm) HastelloyTM C-22TM plate, with a total reaction 

zone volume of 0.95 mL. The characteristic lengths of the mixing units are taken at the contraction, 

where the width (𝑤) is 0.5 mm and the depth (𝛿) is 1.25 mm, resulting in a hydraulic diameter 

(𝑑ℎ) of 0.714 mm. The mixer arrangement and geometry are presented in Figure 3.2. Two mixer 

geometries were used—the LL-Rhombus and LL-Triangle—which differ only in the geometry of 

the obstacle. Both FlowPlatesTM were operated horizontally and at ambient temperature (25 °C). 

The gas used is carbon dioxide (≥ 99.99 vol%, Linde AG), while the liquid was either deionized 

water or a 0.5 wt% ethanol in water solution to investigate the impact of surfactant on the flow 

morphology and resulting transport phenomena. The ethanol concentration is sufficient to inhibit 

bubble coalescence [112], but still low enough not to significantly change liquid equilibrium 

physical properties [113]. In practice, it may not be possible to know the type and amount of 



Chapter 3 – Gas-Liquid Flow and Interphase Mass Transfer in LL Microreactors 

   

B.J. Doyle, 2021   41 

surface-active species present in the liquid. Thus, this approach provides relative effects between 

two gas-liquid systems with different degrees of bubble coalescence inhibition in order to better 

anticipate the resulting trends in flow regime boundaries and associated pressure drop and 

interphase mass transfer. 

Visualizations of the flow regimes were recorded with a camera through the viewing glass 

on the microreactor. Pressure measurements were taken and averaged over the course of 5 minutes 

at the gas inlet and reactor outlet using an Omega PX459 differential pressure transducer (15 ± 

0.012 psi) and a HiTec Zang LabBoxTM 3 M data collection system in order to determine the 

pressure drop across the reactor. Interphase mass transfer rates were determined using physical 

CO2 absorption experiments. The CO2 concentrations in the liquid feed and outlet were measured 

via Warder titration [114] of 5 mL samples with phenolphthalein and methyl orange indicators 

after the system had reached steady state as observed by a constant pressure drop.  

The liquid feed flow rate was varied from 5 to 40 mL/min and the gas feed flow rate was 

varied from 0.5 to 40 g/h for CO2-deionized water flowing through the LL-Rhombus, whereas the 

impact of obstacle geometry and surfactant were conducted at liquid flow rates of 10 and 20 

ml/min. Average gas velocities between the reactor inlet and outlet are reported throughout 

considering the consumption of CO2 via absorption (up to 73% at lower gas flow rates) and gas 

expansion due to pressure losses (up to 0.44 bar). The superficial velocities are based on the mixer 

contraction cross-sectional area, which is where kinetic energy is greatest. 
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Figure 3.1. Set-up for flow visualization, pressure drop and interphase mass transfer experiments 

 

Figure 3.2. Geometry of FlowPlateTM and mixing elements: a) LL (liquid-liquid)-Reactor 

(triangle) size A7 plate arrangement [111] (licensed under 

https://creativecommons.org/licenses/by/4.0/); b) Three-dimensional visualization and 

characteristic dimensions of the (rhombus) mixing element; and c) Repeating mixing elements in 

the LL-Rhombus and LL-Triangle [111] (licensed under 

https://creativecommons.org/licenses/by/4.0/). 
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 Results and Discussion 

3.3.1 Flow Regimes 

In the flow regime identification, the first few mixers were ignored since flow typically does 

not develop fully until the end of the first row of mixers. Regimes are shown in Figure 3.3 and 

were identified as one of the following based on distinct criteria: bubble flow, where gas bubbles 

are nearly spherical with a diameter less than half the mixer’s largest width; slug flow, where the 

gas bubbles are nearly the mixer’s width and elongated; and annular flow, where an uninterrupted 

gas core surrounded by a liquid film spans the length of the reactor (after flow is established 

following the first row of mixers). The bubble flow regime thus includes dispersed bubble flow 

and bubbly flow, while the annular flow regime comprises the slug-annular and churn flow regimes 

used by Triplett et al. [115] since differentiating between different annular sub-regimes is difficult 

for the scales and geometries of the mixers. Flow may also exhibit characteristics of two or more 

flow regimes, whether in one region over a span of time or in many regions at a given time, 

especially near transition boundaries, so “mixed” regimes are therefore identified where necessary. 
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Figure 3.3. Flow regimes identified in this work: a) bubble flow, b) slug flow, and c) annular 

flow. 

In larger-scale channel flows, gravitational effects have a significant impact on two-phase 

flow. However, in microchannels, interfacial tension and wetting properties are dominant 

compared to gravitational forces, and the flow may be treated as if it were under microgravity 

conditions. This means that the flow is independent of channel orientation and that flow regimes 

caused by gravity-induced phase separation will not occur. Ullmann and Brauner [107] propose 

that Eo ≲ 1.6 as the requisite condition for using microchannel models. From equation (3.1), the 

Eötvös number at the widest part of the LL mixers used in this work is ∼ 0.85 (width and depth of 

5 and 1.25 mm, respectively), satisfying the condition for pseudo-microgravity flow and indicating 

that flow regime transitions should be treated as such. 

 
𝐸𝑜 =  

∆𝜌𝑔𝛿𝑤

𝜎
 

(3.1) 
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3.3.1.1 Effect of gas and liquid flow rates 

Figure 3.4 presents flow regime maps prepared for the LL-Rhombus and LL-Triangle 

geometries using coordinates of gas and liquid superficial velocities, with the transition lines of 

Triplett et al. [115] for air-water flow in a 1.097 mm diameter circular microchannel (𝐸𝑜 ≈ 0.16) 

superimposed as reference. The flow regime map of Triplett et al. [115] has served as a basis of 

comparison for many authors, including Yue et al. [110], who used a rectangular microchannel 

with a hydraulic diameter of 0.667 mm with a CO2-water fluid system (𝐸𝑜 ≈ 0.067). Notable 

deviations from the transition boundaries of Triplett et al. [115] include an onset of bubble flow 

from slug flow at lower liquid velocities in the LL-Reactors, and the presence of the annular flow 

regime at lower gas flow rates in the LL-Rhombus than in the LL-Triangle. 

 

 

Figure 3.4. Flow regime maps of a) LL-Rhombus and b) LL-Triangle, with deionized water as 

the liquid phase. 

Bubble flow can also be less predominant in the LL-Triangle than in the LL-Rhombus since 

the flat wall of the triangular obstacle impinges on incoming flow and abruptly redirects it toward 

the curved sides of the mixer [111]. Centrifugal forces then push the denser liquid phase toward 

the walls of the mixer, creating a greater gas holdup in the centre of the mixer. Furthermore, the 
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shape of the triangle will create a larger fluid recirculation zone beside the hypotenuse of the right 

triangle obstacle than is generated along the long leeward side of the rhombus. The combination 

of the sharper redirection of the flow and the larger recirculation zone on the leeward side of the 

obstacle promotes bubble coalescence, as shown in Figure 3.5. Note that the gas bubble attached 

to the triangle obstacle remains fixed over time, suggesting that parallelization of gas and liquid 

flows is present. In contrast, the narrow point of the rhombus obstacle causes a more gradual flow 

redirection, and less opportunity for re-coalescence. 

Furthermore, the annular flow regime occurs at greater gas velocities in the LL-Triangle 

than in the LL-Rhombus due to the aforementioned impingement caused by the flat face of the 

triangle. Annular flow occurs when the inertia of the gas core is strong enough to overcome 

interfacial tension forces, among other factors [107]. When the fluids collide with the triangular 

obstacle, energy from the flow is dissipated into chaotic eddies that deform the gas-liquid interface. 

The resulting disruption of the gas core causes the slug-to-annular transition to shift to higher gas 

velocities in the LL-Triangle than in the LL-Rhombus, where the sharp and relatively narrow point 

of the rhombus causes less disruption in flow. 

 

 

Figure 3.5. Flow in LL-Triangle (left) demonstrating increased gas holdup in centre of mixer, a 

behaviour that is absent in the LL-Rhombus (right) for the same flow rates. Liquid velocity is 

0.53 m/s, and gas velocity is 0.080 m/s in the LL-Triangle and 0.081 m/s in the LL-Rhombus. 
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3.3.1.2 Effect of Surfactant 

When the aqueous 0.5 wt% ethanol solution was used as the liquid phase, bubble flow was the 

dominant two-phase flow regime, being present at all the tested flow rate pairings, as shown in 

Figure 3.6. This is due to the surfactant decreasing surface forces, which promotes bubble 

breakage, as wells as forming a film at the gas-liquid interface that inhibits bubble coalescence 

(Gibbs-Marangoni effect), thereby allowing bubble flow to persist at lower liquid velocities (i.e., 

lower energy input). At the greater gas velocities, the encountered bubble flow resembled a froth 

that appears to move as a single fluid, as shown for the LL-Triangle geometry in Figure 3.7. 

 
Figure 3.6. Flow regime maps of a) LL-Rhombus and b) LL-Triangle, with 0.5 wt% aqueous 

ethanol solution as the liquid phase. 
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Figure 3.7. Flow in the LL-Triangle mixer demonstrating the effect of increased gas flow rate on 

flow morphology where surfactant is present. Gas velocities are a) 0.091 m/s and b) 0.65 m/s, and 

the liquid velocity is 0.27 m/s. Note that a) demonstrates bubble flow, and b) demonstrates bubble 

flow with froth formation. 

3.3.2 Pressure Drop 

3.3.2.1 Impact of Operating Conditions 

For deionized water as the liquid phase, as shown in Figure 3.8a, the pressure drop was found 

to increase with liquid and gas velocities although the liquid flow has a more prominent effect. 

Furthermore, the two-phase pressure drops remain greater for the LL-Triangle compared to the 

LL-Rhombus due to the impingement of flow against the flat face of the triangular obstacle and 

because the triangle forms a longer narrow flow channel with the outer wall of the mixing unit. In 

both LL-plates, the increase in pressure drop with increasing gas flow rate is initially more rapid 

followed by a decrease in slope that generally coincides with the transitions to slug or annular 

flow, as seen in Figure 3.4. 

An increase in gas or liquid velocities also raises the pressure drop when using the aqueous 

ethanol solution, as shown in Figure 3.8b, but the impact of liquid velocity is lower. Furthermore, 

the effect of obstacle geometry is rendered marginal, and the abrupt slope decrease with increasing 
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gas velocity is generally not observed due to the employed range of gas and liquid velocity 

combinations resulting only in bubble flow (Figure 3.6). The pressure drop was also generally 

greater when the surfactant was present, especially at higher gas velocities, since many small 

bubbles results in a frothy mixture, which would increase the effective drag force between the gas 

and liquid phases and therefore lead to a higher local liquid velocity. 

 

Figure 3.8. Pressure drop over varying liquid and gas velocities in the LL-Rhombus (R) and LL-

Triangle (T) reactors with a) water and b) 0.5 wt% aqueous ethanol as the liquid phase. 

3.3.2.2 Model 

The data from both the water and aqueous ethanol solution were fitted to the two-phase flow 

model of Lockhart-Martinelli [116], which adds a two-phase friction multiplier, 𝜙2, to the pressure 

drop gradient of a single phase, as seen in equation (3.2). The two-phase friction multiplier is a 

function of the Martinelli parameter, 𝜒, and of the Chisholm parameter, 𝐶ℎ (equations (3.3) and 

(3.4)). Since liquid is the wetting phase of the reactor and has the greater pressure-drop gradient, 

this phase and its associated friction multiplier 𝜙𝑙
2 were chosen for the model. 

 

(
∆𝑃

∆𝐿
)
𝑇𝑃𝐹

= 𝜙𝑙
2 (
∆𝑃

∆𝐿
)
𝑙
= 𝜙𝑔

2 (
∆𝑃

∆𝐿
)
𝑔

 
(3.2) 
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𝜙𝑙
2 = 1 +

𝐶ℎ

𝜒
+
1

𝜒2
 

(3.3) 

𝜒 =
𝑚𝑙
𝑚𝑔
√
𝜌𝑔

𝜌𝑙
=
𝑢𝑙
𝑢𝑔
√
𝜌𝑙
𝜌𝑔

 

(3.4) 

 

First, the liquid-only friction factors were calculated using the Darcy-Weisbach equation, 

with the number of mixers, N, replacing the traditional L/dh term (equations (3.5) and (3.6)). The 

calculated friction factors were then correlated with the Blasius equation (equation (3.6)), where 

𝑦 values of 1 and 0 correspond to fully laminar and turbulent flow, respectively. Table 3.1 lists the 

resulting fit for each LL-plate, showing greater values of 𝑐 for the LL-Triangle due to the blunt 

obstacle but significant and similar levels of turbulence in the liquid phase for both geometries. 

 

Δ𝑃𝑙 = 𝑓𝑙𝑁𝑚𝑖𝑥𝑒𝑟 (
𝜌𝑙𝑢𝑙

2

2
) 

(3.5)  

𝑓𝑙 =
∆𝑃

𝑁𝑚𝑖𝑥𝑒𝑟

2

𝜌𝑢𝑙
2 =

𝑐

𝑅𝑒𝑙
𝑦 

(3.6)  

 

Table 3.1. Correlated Blasius equation parameters for LL-Rhombus and LL-Triangle geometries 

for 214 < Rel < 856. 

Geometry 𝒄 𝒚 

LL-Rhombus 3.68 ± 0.76 0.17 ± 0.035 

LL-Triangle 5.01 ± 0.23 0.18 ± 0.008 

 

Alternatively, and analogous to flow in a packed bed, the liquid-only pressure loss can be 

modeled with a friction factor (𝑓𝑙 = 𝑓𝑙𝑎𝑚 𝑅𝑒 + 𝑓𝑡𝑢𝑟𝑏⁄ ) having contributions from both laminar 

(𝑓𝑙𝑎𝑚) and turbulent (𝑓𝑡𝑢𝑟𝑏) flow terms to represent a gradual transitional regime [105]. Despite 

𝑅𝑒𝑙 being 213–856 at the contraction, the laminar contribution to the pressure drop ranges from 8 
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to 29% for both the LL-Rhombus and LL-Triangle, which is relevant to the bubble breakdown 

mechanism with increasing power dissipation within the bubble flow regime. 

Although Ch typically ranges from 5 to 20 depending on the flow regimes of the gas and 

liquid phases, many attempts have been made to correlate Ch to reactor geometry and flow 

parameters [110,116,117]. Yue et al. [110] suggest that the effects of gas and liquid mass flux on 

Ch are significant in microchannels and used gas-only and liquid-only Reynolds numbers in their 

model. A similar approach was used in this work (equation (3.7)), though the superficial velocity 

ratio was used in place of the gas Reynolds number since gas viscosity was not thought to 

significantly impact the two-phase pressure drop. 

 

𝐶ℎ = 𝛽0𝑅𝑒𝑙
−𝛽1 (

𝑢𝑔

𝑢𝑙
)
−𝛽2

 
(3.7) 

 

The pressure drop data were fit with the Talwar robust regression model, and the results 

for each geometry and liquid phase used are shown in Table 3.2. The impact of geometry on the 

two-phase friction multiplier for the CO2-liquid water system was insignificant, whereas it is 

marginal for the CO2-aqueous ethanol system where the pressure loss gap observed in single phase 

flow is diminished in two-phase flow. 
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Table 3.2. Correlation parameter values and 95% confidence intervals for tested geometries and 

continuous phases. For the CO2-water and rhombus data, 214 < Rel < 856 and 0.15 < ug/ul < 

36.5. For all other data, 214 < Rel < 428 and 0.14 < ug/ul < 18.0. 

Continuous Phase Geometry 𝜷𝟎 𝜷𝟏 𝜷𝟐 

Water 
Rhombus & 

Triangle 
10497 ± 4758 1.02 ± 0.070 0.58 ± 0.033 

0.5 wt% aqueous 

ethanol 

Rhombus 68721 ± 42191 1.28 ± 0.10 0.16 ± 0.06 

Triangle 51761 ± 27724 1.29 ± 0.091 0.20 ±- 0.052 

 

The forecasted values show good agreement with experimental results as seen in Figure 

3.9. For all fitted models, the average absolute relative error (AARE) is less than 8.1% and the 

maximum error is less than 37%, while the bias factor Fm is between 0.96 and 1.04. 

 

Figure 3.9. Parity plot of predicted vs measured pressure drop values. 
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3.3.3 Volumetric liquid-side mass transfer coefficient (𝑘𝑙𝑎) 

The interphase mass transfer coefficient for a gas-liquid system is determined through a plug 

flow material balance over the volume of the reactor. Since nearly pure CO2 was used as the gas 

phase, all resistance to mass transfer must exist in the liquid phase. Therefore, the volumetric 

liquid-side mass transfer coefficient, 𝑘𝑙𝑎, is calculated via a mass balance on the dissolved gas in 

the liquid phase. If the phase holdups are unknown, then the specific surface area, 𝑎, is taken per 

unit volume of reactor according to equation (3.8). 

 
𝑘𝑙𝑎(𝐶

∗ − 𝐶) = 𝑄𝑙 (
𝑑𝐶

𝑑𝑉𝑅
) 

(3.8) 

Here, 𝐶 is the dissolved CO2 concentration in the bulk liquid phase and 𝐶∗ is the liquid-side 

interfacial CO2 concentration, which is equal to the equilibrium concentration as determined by 

Henry’s law in equation (3.9). At 25 °C, the value of 𝐻𝑒𝑔 for CO2 in water was taken as 0.034 

mol/kg·bar, and measured dissolved CO2 concentrations in the liquid phase at the outlet were 

below 95% of saturation for the range of operating conditions. 

 𝐶∗ = 𝑃𝑔𝐻𝑒𝑔 (3.9) 

Integration of equation (3.8) over the reactor volume allows for average 𝑘𝑙𝑎 determination by 

measuring the inlet and outlet concentrations of the dissolved CO2 concentration according to 

equation (3.10): 

 
𝑘𝑙𝑎 =

𝑄𝑙
𝑉𝑅
ln (

𝐶∗ − 𝐶𝑖𝑛
𝐶∗ − 𝐶𝑜𝑢𝑡

) 
(3.10) 

where 𝐶∗ is calculated using the average pressure between the inlet and outlet of the reactor, and 

𝐶𝑖𝑛 and 𝐶𝑜𝑢𝑡 are the dissolved CO2 concentrations in the feed (taken as 0 after measuring via 

titration) and at the outlet of the reactor, respectively. 
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3.3.3.1 Impact of Operating Conditions 

For deionized water as the liquid phase, as shown in Figure 3.10a, 𝑘𝑙𝑎 is greater at higher 

liquid velocities and increases monotonically with gas velocity before plateauing. Greater liquid 

velocities enhance bubble breakage and surface renewal via chaotic advection. Similarly, the initial 

rapid increase in 𝑘𝑙𝑎 with gas velocity is caused by the corresponding fast increase in power 

dissipation (i.e., pressure drop) and gas holdup in bubble flow. The later slower increase in 𝑘𝑙𝑎 

with 𝑢𝑔 appears to be due to a rise in length of gas bubbles in slug flow whereas the plateau is 

brought on by the onset of annular flow (as seen on flow regime maps of Figure 3.4), which are 

both changes in flow regime that decrease bubble specific area. The LL-Rhombus also produces 

higher 𝑘𝑙𝑎 values than the LL-Triangle for fixed flow conditions. As discussed in section 3.3.1, 

the triangle obstacle is more prone to bubble coalescence due to redirection and recirculation of 

flow around the obstacle, which causes the onset of slug flow to occur at lower liquid velocities 

and would thereby decrease the interfacial area available for mass transfer. 

Figure 3.10b, when ethanol is present, shows a similar impact of liquid and gas velocities where 

𝑘𝑙𝑎 values eventually reach a plateau at the greater gas velocities for a given liquid velocity. As 

with the pressure drop data, the impact of obstacle geometry is again marginal. For given fluid 

velocities and geometry, 𝑘𝑙𝑎 values were generally higher with ethanol present due to the greater 

resulting specific interfacial area. Here, the plateau in 𝑘𝑙𝑎 occurred when the flow resembled a 

froth where the chaotic eddies in the liquid phase were likely dampened or too small such that their 

effective contribution towards surface renewal and interfacial breakdown is decreased [107,118].  
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Figure 3.10. Comparison of 𝒌𝒍𝒂 at varying gas and liquid flow rates in the LL-Rhombus (R) and 

LL-Triangle (T) with a) water and b) 0.5 wt% aqueous ethanol as the liquid phase. 

The extraction efficiency, 𝐸, can also be used to examine the relative effects of increasing 

the gas and liquid velocities on CO2 absorption, and it is calculated according to equation (3.11), 

where C* is calculated at the outlet pressure. 

 
𝐸 = 1 −

𝐶∗ − 𝐶𝑜𝑢𝑡
𝐶∗ − 𝐶𝑖𝑛

=
𝐶𝑜𝑢𝑡
𝐶∗

 
(3.11) 

With deionized water (Figure 3.11a), increasing the liquid velocity results in a decrease in 

the extraction efficiency, indicating that the loss in residence time has a greater impact than the 

increase in 𝑘𝑙𝑎. Conversely, increasing the gas velocity results in higher extraction efficiencies 

that reach plateaus coinciding with the flow regime changes seen in Figure 3.4. These effects are 

observed in both obstacle geometries, with the LL-Rhombus producing overall higher extraction 

efficiencies than the LL-Triangle.  

Similar trends are observed when 0.5 wt% aqueous ethanol is used (Figure 3.11b). 

Increasing the liquid velocity again results in a decrease in 𝐸 due to the loss in residence time, 

while increasing the gas velocity generates higher 𝐸 values until the plateau is reached 

corresponding to the formation of a froth. With surfactant, however, the effect of geometry is less 
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pronounced than when water alone is used, and both reactors produce similar extraction 

efficiencies over the range of flow rates tested. 

 

Figure 3.11. Comparison of extraction efficiency, 𝑬, at varying gas and liquid flow rates in the 

LL-Rhombus (R) and LL-Triangle (T) with a) water and b) 0.5 wt% aqueous ethanol as the 

liquid phase. 

3.3.3.2 Model 

The 𝑘𝑙𝑎 can be modelled as a function of power dissipation, 𝜖, and the superficial velocity 

ratio, using equation (3.12) [46]. 

 
𝑘𝑙𝑎 = 𝛽3𝜖

𝛽4 (
𝑢𝑔

𝑢𝑙
)
𝛽5

  
(3.12)  

The parameter 𝛽3 correlates positively with conditions favouring interfacial area creation, such as 

low interfacial tension. For dense bubbly flow dispersed by isotropic turbulent flow, the value of 

𝑎
𝜀𝑔⁄  is proportional to 𝜖0.4 (

𝑢𝑔

𝑢𝑙
)
−0.6

 [107]. Furthermore, 𝑘𝑙 has been found proportional to 𝜖~0.25 

for bubble columns and aerated stirred vessels [119], and the gas holdup, 𝜀𝑔, has been found 

proportional to (
𝑢𝑔

𝑢𝑙
)
~1.2

 for the CorningTM Advanced-Flow™ reactor for 0.3 < 
𝑢𝑔

𝑢𝑙
 < 6.7 [46]. The 

combined effect on 𝑎 and 𝑘𝑙 would then yield 𝛽4 ≈ 0.65 and 𝛽5 ≈ 0.6. 
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The power dissipation is calculated from the pressure drop using the following equation 

assuming no-slip between the phases. 

 
𝜖 =

Δ𝑃𝑇𝑃𝐹𝑄𝑡
𝜌𝑙𝑉𝑅

  
(3.13) 

The parameters of the 𝑘𝑙𝑎 model described by equation (3.12) were fitted to the bubble 

flow regime data where the 𝑘𝑙𝑎 had not yet plateaued. Considering the confidence intervals on the 

model parameters, the data of all four combinations of liquid phases and reactor geometries were 

ultimately pooled, suggesting that obstacle shape and presence of ethanol have statistically 

marginal effects on the values of 𝑘𝑙𝑎 for a given flow superficial velocity ratio and power 

dissipation. The resulting parameter values are given in Table 3.3, along with the upper and lower 

95% confidence intervals. The associated parity plot is presented in Figure 3.12, where the AARE 

is 13.9% and bias factor 𝐹𝑚 is 1.05. Furthermore, the value of 𝛽4 is 0.55, close to the expected 

value of 0.65 discussed earlier, indicating that the power dissipation model approach is 

appropriate. 

Table 3.3. 𝒌𝒍𝒂 model fits and 95% confidence intervals for LL-Rhombus and LL-Triangle with 

water and 0.5 wt% aqueous ethanol as the liquid phases over the ranges of 0.565 < 𝝐 < 6.91 

W/kg and 0.14 < 𝒖𝒈/𝒖𝒍 < 0.56. 

Parameter 𝜷𝟑 𝜷𝟒 𝜷𝟓 

Value 0.124 ± 0.022 0.55 ± 0.12 0.41 ± 0.11 
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Figure 3.12. Parity plot of predicted vs measured 𝒌𝒍𝒂 values in the bubbly flow regime. 

 Conclusions 

With a flowing CO2-water mixture, the LL-Rhombus and LL-Triangle produce flow regime 

maps comparable to those of microchannels with a hydraulic diameter of a similar size to the 

contraction of the LL-Reactors. However, the unique geometry decreases the range of slug flow 

in favour of bubble flow for low gas velocities and in favour of annular flow for high gas velocities. 

The LL-Rhombus is favourable to the LL-Triangle from a flow morphology perspective since the 

more gradual deviation of flow around the obstacle lowers opportunity for bubble re-coalescence. 

Furthermore, the LL-Rhombus is generally able to achieve higher 𝑘𝑙𝑎 values at lower pressure 

drops for a given flow rate than the LL-Triangle. Finally, the addition of ethanol surfactant to the 

liquid water caused bubble flow to be present at every operating condition tested. 

The Lockhart-Martinelli two-phase pressure drop model is accurate for each data set studied 

(AARE < 8.1 %), including for the frothy flow resulting from the aqueous ethanol, but it is limited 

to the fitted parameters which are specific to the combination of phases and geometries. A power 



Chapter 3 – Gas-Liquid Flow and Interphase Mass Transfer in LL Microreactors 

   

B.J. Doyle, 2021   59 

dissipation-based 𝑘𝑙𝑎 model was shown to be accurate in predicting interphase mass transfer rates 

within the bubble flow regime for all flow systems (AARE < 13.9%), with the exponential fit of 

the power dissipation term similar to the expected value based on isotropic turbulent bubble 

breakage. 

List of Nomenclature and Indices 

Nomenclature [units] 

𝑎 – Bubble interfacial area per unit reactor volume [m2/m3] 

AARE – Average absolute relative error (
1

n
∑

|𝑃𝑟𝑒𝑑𝑖−𝐸𝑥𝑝𝑖|

𝐸𝑥𝑝𝑖
× 100%𝑛

𝑖=1 ) [%] 

c – Parameter in equation (6) 

C – Concentration [mol/m3] 

C* – Equilibrium concentration [mol/m3]  

Ch – Chisholm parameter [-] 

dh – Hydraulic diameter of channel [m] 

E – Extraction efficiency [-] 

Eo – Eötvös number [-] 

fl – Liquid phase friction factor [-] 

flam – Laminar friction factor contribution [-] 

fturb – Turbulent friction factor contribution [-] 

𝐹𝑚 – Bias factor (exp [
1

𝑛
∑ 𝑙𝑛 (

𝑃𝑟𝑒𝑑𝑖

𝐸𝑥𝑝𝑖
)𝑛

𝑖=1 ]) [-] 

g – Gravitational constant [m/s2] 

He – Henry’s constant [mol/kg·Pa] 

𝑘𝑙𝑎 – Volumetric liquid-side mass transfer coefficient [s-1] 

(Δ)L – Length of channel [m] 

m – Mass flow rate [kg/s] 

𝐴𝐴𝑅𝐸 – Average absolute relative error (
1

n
∑

|𝑃𝑖−𝐸𝑖|

𝐸𝑖
× 100%𝑛

𝑖=1 ) [%] 

Nmixer – Number of mixers [-] 

P – Pressure [Pa] 
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∆P – Pressure drop [Pa] 

Q – Volumetric flowrate [m3/s] 

Re – Reynolds number [-] 

u – Superficial velocity [m/s] 

VR – Reactor volume [m3] 

w – Width of channel [m] 

y – Parameter in equation (6) 

 

Greek Symbols [units] 

𝛽 – Fitting parameter [-] 

𝛿 – Channel height [m] 

𝜖 – Energy dissipation rate [W/kg] 

𝜀𝑔 – Gas holdup [-] 

𝜌 – Density [kg/m3] 

∆𝜌 – Difference in density between liquid and gas [kg/m3] 

𝜎 – Surface tension [N/m] 

𝜙2 – Two-phase friction multiplier [-] 

𝜒 – Martinelli parameter [-] 

 

Indices 

g – Gas phase  

l – Liquid phase 

t – Total 

TPF – Two-phase flow 
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4. Micromixing Study for the Scale-up of a Continuous Flow Viscous 

Nitration 

Abstract 

Micromixing performance is evaluated in various LL-microreactor plates within the context of 

scaling a viscous and exothermic nitration from lab scale at 75 mL/min to a production scale 

flowrate in the range of 327 mL/min. Lab-scale pressure drop data were analyzed for mean energy 

dissipation rates and relative contributions of chaotic and laminar flow patterns, leading to scale-

up rules for predicting the flowrates required to maintain micromixing in larger scale microreactor 

plates. The scale-up rules were derived and tested for two different fluids: water and a 96 wt% 

H2SO4 (aq) solution. Measured energy dissipation rates in all scaled-up plates with both fluids 

exceeded those predicted by the scale-up rules. At equivalent energy dissipation rates, the relative 

contributions of chaotic flow patterns increased upon scale-up due to an accompanying increase 

in 𝑅𝑒, although this effect was more pronounced with 96 wt% H2SO4 (aq) due to operation in a 

transitional regime, whereas the water data was generally chaotic flow dominated. Mean measures 

of micromixing performance were therefore conserved or improved upon scale-up.   
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 Introduction 

Microreactors are a promising reactor technology that allow for more intensified reaction 

conditions to be performed than those achievable in batch with comparable production rates when 

operated continuously [120,121]. Such reactors are classified by characteristic lengths in the 

micrometer scale, which affords them with large surface-to-volume ratios and enhanced rates of 

heat and mass transfer [122,123]. One particular resulting benefit of process intensification via 

microreactor technology is the ability to employ reaction pathways that would otherwise be 

unfeasible in batch due to safety concerns [17,42,124]. Because of the increased rates of heat and 

mass transfer, rapid and highly exothermic reactions can be more safely performed with greater 

temperature control. Nitrations are one such group of reactions that have several industrial 

applications, but are difficult to control and susceptible to side product formation, thermal 

runaway, and explosions [125], rendering them one of the most hazardous groups of reactions in 

the chemical industry [126]. When run in batch, these reactions are therefore typically run with 

intentionally lowered reaction rates and in dilute solutions with dropwise addition of the nitrating 

agent at low temperature for an extended period of time [127]. Under continuous flow, however, 

more rapid nitrations with improved yields and selectivities have seen successful and safe 

implementation in various micro-scale reactor technologies such as static mixers [127], packed 

beds [125], capillary microreactors [128,129], and plate-type microreactors  [92,100,130–132]. 

Although microreactors are now seeing more widespread applications in laboratories, their use 

in larger-scale production processes is less common due to an inherently non-trivial scale-up. 

Microreactor production rates are generally increased from lab-scale by either increasing the 

channel diameter (scaling-up) or by operating several identical reactors in parallel (scaling-out or 

numbering up). Scaling-out allows the system to retain the intensification obtained at lab-scale, 
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but attention must be given to creating an even flow distribution and reagent dosage across the 

reactors, especially in the case of multiphase reactions [133,134]. On the other hand, scaling-up 

avoids any potential problems with flow distribution, but requires a pragmatic approach to reactor 

design in order to achieve intensification similar to that obtained at smaller-scales [84,85,135].  

The objective of this chapter is to expand on and validate an existing turbulent scale-up 

methodology [84], commonly referred to as the 3/7th rule, into transitional flow and larger scales 

of LL microreactor plates, within the scope of obtaining a larger production rate for a viscous 

exothermic nitration. The reaction has been successfully performed at lab-scale at a flowrate of 76 

mL/min (140 g/min) but has a desired production capacity in the range of 327 mL/min (600 g/min). 

Scale-up calculations and extensions of the 3/7th rule are presented for chaotic flow dominated and 

transitional flow regimes with the goal of maintaining mean micromixing performance in the 

mixing-dependent reaction at larger scale. An analysis of mean power dissipation and chaotic 

mixing is performed in order to test the validity of the scale-up methodology with two fluids having 

different physical properties; namely, a 96 wt% solution of H2SO4 in water comparable to the 

reaction medium, and water. 

 Materials and Methods 

The overall flow system for measurement of the pressure drop data relevant to scale-up is 

shown in Figure 4.1. The scale-up methodology was tested with two solutions having two different 

densities and viscosities, namely, a 96 wt% solution of H2SO4 (aq) (𝜇 = 0.020 Pa·s, 𝜌 = 1.84 g/mL 

[135]), and water (𝜇 = 8.90x10-4 Pa·s, 𝜌 = 1.00 g/mL). The feed solution was pumped via a Fuji 

Super Metering Pump controlled by an Endress & Hauser Proline Promass 80A Coriolis flow 

meter. Flowrates were varied depending on the mixer and fluid being used and the ranges are 

presented in Table 4.1. The fluid then passed through an A5 LL microreactor plate, where pressure 
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measurements were taken at the inlet and outlet of the microreactor plate using WIKA M-11 0-

100 barg pressure sensors and recorded via a Hitec Zang data acquisition board. The solution was 

then recycled back to the feed jar in order to reduce solution (96 wt% H2SO4 (aq)) quantity in the 

lab. Experiments were performed at ambient temperature (21 °C), and did not rise significantly 

throughout the course of the experiments (less than 1 °C) 

 

Figure 4.1. Simplified process flow diagram for the lab-scale pressure drop measurements. 
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Table 4.1. Tested flowrate ranges and space times for each fluid and microreactor plate pairing. 

Mixer Fluid 

Tested 

Flowrates 

Space Time 

    [mL/min] [s] 

Size 300 LL-Rhombus 

96 wt% H2SO4 

55.3-108.6 11.0-6.1 

Size 200 LL-Rhombus 27.2-163.4 34.2-5.7 

Size 100 LL-Rhombus 54.5 - 190.6 23.1-6.6 

Size 100* LL-Rhombus 54.5 - 217.9 23.4-5.8 

Size 100* LL-Triangle 54.5 - 217.9 21.0-5.2 

Size 300 LL-Rhombus 

Water 

10-75 65.7-8.8 

Size 200 LL-Rhombus 20-160 46.7-5.8 

Size 100 LL-Rhombus 40-250 31.5-5.0 

Size 100* LL-Rhombus 40-250 31.9-5.1 

Size 100* LL-Triangle 40-250 28.7-4.6 

 

More detail on the mixing structures and plates is provided in Figure 4.2 and Table 4.2. 

The microreactor plates consist of 𝑁 equally spaced mixing structures (Figure 4.2b-e). The mixing 

structures themselves consist of a contraction following by an expansion into a mixing chamber 

containing either a rhombus (Figure 4.2a) or triangle shaped obstacle in order to induce chaotic 

secondary flow patterns. For momentum analysis, the mixer dimensions are commonly taken at 

the contraction where the flow velocity and resulting turbulence is at its highest (Table 4.2). 
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Figure 4.2. LL mixer geometry and orientation within the plate reactors. (a). Size 300 LL-

Rhombus mixer. (b) A5 Size 300 Rhombus. (c) A5 Size 200 Rhombus. (d) A5 Size 100 and 

100* Rhombus (e) A5 Size 100* Triangle. Note that the size 100 and 100* plates have the same 

mixer layout but differ in their channel depths. 
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Table 4.2. Scaled-up reactor geometries and dimensions.  

Mixer Type Mixer Size Depth Width dh N VR 

[--] [--] [mm] [mm] [mm] [--] [mL] 

Rhombus 300 1.25 0.5 0.714 234 11.03 

Rhombus 200 1.75 0.7 1 133 15.53 

Rhombus 100 2.2 1 1.375 73 20.95 

Rhombus 100* 2.5 1 1.429 73 21.20 

Triangle 100* 2.5 1 1.429 73 19.04 

 

 Scale-up methodology 

Scale-up calculations in microreactors can be performed using an analysis of the flow regimes 

via the measured pressure drops and the resulting mean energy dissipation rates and friction factors 

[84]. It is assumed that the micromixing efficiency of a reactor will be maintained during scale-up 

if the mean energy dissipation rate is constant [137] and the relative contributions of 

chaotic/secondary and laminar flow patterns are maintained. The aforementioned nitration reaction 

is micromixing dependent, where slow micromixing times can result in the formation of a 

undesired side products. Micromixing rates are limited primarily via either engulfment in turbulent 

flow or diffusion in laminar flow, where the time constant for each can be calculated with the 

kinematic viscosity (𝜈), the mean energy dissipation rate (𝜖), and the diffusivity (𝒟) with equations 

(4.1) and (4.2) [137].  

 
𝑡𝐸 = 17 (

𝑣

𝜖
)
0.5

 
(4.1) 
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𝑡𝐷 = 2(

𝑣

𝜖
)
0.5

arcsinh (0.05𝑣/𝒟) 
(4.2) 

The mean energy dissipation rate can be calculated using the pressure drop (Δ𝑃), flowrate 

(𝑄), and volume of the reactor (𝑉𝑅) according to equation (4.3). Substitution of equation (4.3) into 

the pressure drop model in equation (4.4), where 𝑁 is the number of repeating mixing units, leads 

to equation (4.5) which is independent of flow regime, and where 𝑣 is the volume of a single 

repeating mixing unit. 

 
𝜖 =

𝛥𝑃𝑄

𝜌𝑉𝑅
 

(4.3) 

 
Δ𝑃 = 𝑓𝑁 (

𝜌𝑢2

2
) 

(4.4) 

 
𝜖 =

𝑓𝑄3

2𝐴𝑐𝑣
 

(4.5) 

The flowrate required to maintain a constant energy dissipation rate when scaling up from 

reactor 1 to reactor 2 can then be calculated by setting 𝜖1 = 𝜖2, which gives the following relations: 

 𝑓1𝑄1
3

𝐴𝑐,1
2 𝑣1

=
𝑓2𝑄2

3

𝐴𝑐,2
2 𝑣2

 
(4.6) 

 

𝑄2 = 𝑄1 (
𝑓1
𝑓2
)

1
3
(
𝐴𝑐,2
𝐴𝑐,1

)

2
3

(
𝑣2
𝑣1
)

1
3
 

(4.7) 

 When friction factor models are not available for the scaled-up plates, i.e. for 𝑓2 before the 

plate has been acquired, they may be assumed to be equivalent to the model for 𝑓1 (described 

below) when the plates are geometrically similar; an assumption which can later be corrected upon 

acquisition and testing of the larger scale plates. 

In turbulent flow, micromixing via engulfment precedes diffusion and will ultimately 

determine the micromixing time [137]. A decrease in micromixing time may therefore be realized 
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via reduction in the size of convective fluid elements towards the length scale of diffusion, by 

increasing the relative proportion of chaotic energy dissipation of the total mean energy dissipation 

rate [138]. It is therefore necessary to also consider the relative contributions of laminar and chaotic 

flow to micromixing. 

In complex structured microchannels, due to flow channeling, recirculation, and varying 

intensities of local energy dissipation rates throughout the mixing structures, friction factors often 

proceed from laminar to turbulent flow via a smooth transitional region similar to that seen in 

packed beds. The smooth transition is a result of localized zones of laminar and chaotic flow 

patterns dispersed throughout each repeating mixing unit, where within each there exist local 

distributions of energy dissipation rates. The result is a potentially broad range of local energy 

dissipation rates throughout a mixing structure that can result in local variations of micromixing 

times. In practice, however, it may be sufficient to consider only the mean energy dissipation rate 

throughout the reactor in predicting the ultimate micromixing times [139], as it has been previously 

postulated that, in laminar flow, as little as 3% of the total energy dissipated throughout a reactor 

may be attributed to the generation of mixing [140]. Such phenomena in the present size 300 mixer 

geometry are visualized clearly in the internally generated computational fluid dynamics (CFD) 

images in Figure 4.3 [141], showing flow channeling around the obstacle (Figure 4.3a) and fluid 

recirculation outside of these channeled streams (Figure 4.3b), leading to non-uniform 

distributions of turbulent viscosity throughout the mixers (Figure 4.3c). 
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Figure 4.3. CFD generated velocity profiles (a), streamline maps (b), and turbulent viscosity (𝝂𝒕) 

fields (c) at the midplane (δ = 0.625 mm) of the LL Rhombus mixer with water. For (a) and (b), 

𝒖 (m/s) varies from, depending on the flowrate, 𝒖𝒎𝒊𝒏 (blue) = 0 m/s to 𝒖𝒎𝒂𝒙 (red) = 0.45 (10 

g/min), 0.91 (20 g/min), 1.28 (30 g/min), 2.21 m/s (50 g/min), 3.39 (70 g/min) and 5.37 (100 

g/min). For (c), 𝝂𝒕 (m
2/s) varies from 𝝂𝒕,𝒎𝒊𝒏 (blue) = 0 (blue) to  𝝂𝒕,𝒎𝒂𝒙 (red) = (10 g/min), 

6.7×10-6 (20 g/min), 2.2×10-5 (30 g/min), 4.1×10-5 (50 g/min), 5.0×10-5 (70 g/min), and 6.2×10-5 

(100 g/min) [141]. 
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In this transitional region, the resulting overall friction factor is the sum of the laminar (𝑓𝐿) 

and turbulent chaotic components (𝑓𝐶), as shown in equation (4.8) below. 

 
𝑓 =

𝑓𝐿
𝑅𝑒
+ 𝑓𝐶 

(4.8) 

Substitution of equation (4.8) into equation (4.4) results in the following model for the 

pressure drop that accounts for both turbulent and laminar contributions, where 𝑓𝐿 and 𝑓𝐶  can be 

determined directly from the coefficients of the 𝑢2 and 𝑢 terms (𝐶1 and 𝐶2) as shown below. 

 
Δ𝑃 =

𝑓𝑐𝑁𝜌

2
𝑢2 +

𝜇𝑁𝑓𝐿
2𝑑ℎ

𝑢 
(4.9) 

 Δ𝑃 = 𝐶1𝑢
2 + 𝐶2𝑢 (4.10) 

 
𝑓𝐶 = 𝐶1 (

2

𝑁𝜌
) 

(4.11) 

 
𝑓𝐿 = 𝐶2 (

2𝑑ℎ
𝑁𝜇
) 

(4.12) 

Thus, the relative contributions of laminar and chaotic secondary flows to the mean 

micromixing time can be approximated from 𝑓𝐿/𝑓 and 𝑓𝐶/𝑓, respectively, and should ideally be 

matched upon scale-up at a given mean energy dissipation rate. 

 Scale-up validation with water 

Pressure drops and the resulting mean energy dissipation rates with water for the lab-scale and 

production scale microreactors plates are presented in Figure 4.4. The predicted flowrates and 

mean energy dissipation rates for each scaled-up microreactor geometry are presented in Figure 

4.4b and c as dashed lines for the range of tested lab-scale flowrates. When the friction factor 

model for the size 300 Rhombus plate is used throughout the scale-up calculations, the predicted 

energy dissipation rates are below those measured in the lab by an average of about 37%. However, 

this error is considered acceptable for the purposes of selecting a reactor size from the presented 
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geometries before the real pressure data has been acquired, as the energy dissipation rates are 

sufficiently spaced between the size 300, 200, and 100(*) scales. When the experimentally 

obtained models for 𝑓2 are employed, the scale-up rules are significantly more accurate with an 

average error of about 4%. The mean energy dissipation rates with water upon scale-up may 

therefore be accurately predicted when the plate has been characterized with pressure drop data. 

As mentioned previously, however, this result alone does not confirm equivalent or lower 

micromixing times upon scale-up, and the relative amounts of laminar and chaotic flow patterns 

in each reactor geometry must also be considered.  
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Figure 4.4. Pressure drops (a) and resulting mean energy dissipation rates (b,c) in the lab scale 

(size 300) and production scale (size 200 – 100*) microreactor plates with water. Dashed lines 

represent predicted mean energy dissipation rates, with both the Rhombus and Triangle size 100* 

mixers sharing the same black dashed line, when (b) a constant friction factor model is assumed 

across all scales, and (c) when the experimentally determined friction factor model is used for 

𝒇𝟐.  

Analyses of the friction factors for water in each plate are presented in Figure 4.5 with the 

pressure drop correlations used for determining the resulting values of 𝑓𝐶  and 𝑓𝐿 shown in Table 

4.3. The overall friction factors as a function of 𝑅𝑒 are shown in Figure 4.5a, and generally tend 

approach the value of 𝑓𝐶  at the highest tested values of 𝑅𝑒 indicating significant contributions of 

chaotic advection to the overall flow patterns. This is further confirmed in Figure 4.5b, where the 

values of 𝑓𝐶/𝑓 begin to plateau above values of ~0.8 when 𝑅𝑒 is greater than ~1000, indicating 
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that micromixing is largely dominated by chaotic advection at 𝑅𝑒 above 1000 in all plates. When 

compared on a mean energy dissipation rate basis in Figure 4.5c, the amounts of turbulence are 

generally greater in the larger scale plates until they plateau, which is a direct result of the higher 

𝑅𝑒 required to reach the same mean energy dissipation rate when the plates are larger. Thus, with 

water as the working fluid, the applied scale-up methodology should achieve similar or lower mean 

micromixing times at equal mean energy dissipation rates in the larger plates due to the 

accompanying increase in 𝑅𝑒. 

 

Figure 4.5. Friction factor analysis for the lab-scale (size 300) and production scale (sizes 200 – 

100*) plates with water. (a) Overall friction factors from equations (4.4) and (4.8). (b) Relative 

contributions of chaotic flow as a function of 𝑹𝒆. (c) Relative contributions of chaotic flow as a 

function of mean energy dissipation rate. 
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Table 4.3. Dual-term friction factor correlation values for the large-scale plates with water. All 

correlations have an R2 value greater than 0.999. 

Plate Fluid 

𝚫𝑷 = 𝑪𝟏𝒖
𝟐 + 𝑪𝟐𝒖 𝒇 = 𝒇𝑳/𝑹𝒆 + 𝒇𝑪 

𝑪𝟏 [Pa·s2·m-2] 𝑪𝟐 [Pa·s·m-1] 𝒇𝑳 𝒇𝑪 

Size 300 Rhombus 

Water 

127025 16836 115.5 1.09 

Size 200 Rhombus 120864 701 23.1 1.81 

Size 100 Rhombus 57735 7758 343.4 1.57 

Size 100* Rhombus 60403 1891 83.1 1.65 

Size 100* Triangle 61167 5488 241.3 1.67 

 

 Scale-up validation with 96 wt% H2SO4 (aq) 

Pressure drops and the resulting mean energy dissipation rates with 96 wt% H2SO4 (aq) for the 

lab-scale and production scale microreactors plates are presented in Figure 4.6. Flowrates of 96 

wt% H2SO4 (aq) were limited to prevent larger pressure drops in the lab, such that testing of the 

scale-up methodology was performed stepwise from size 300 to size 200, followed by from size 

200 to 100 and 100*. The predicted flowrates and mean energy dissipation rates for each scaled-

up microreactor geometry are presented in Figure 4.6 b and c. Similarly to water, when the friction 

factor model is constant across scales the average error is about 36%, and when the experimentally 

obtained friction factor models are use the average error decreases significantly to about 1.7%.  

Using the experimental friction factor models allows for prediction of flowrates that will generate 

mean energy dissipation rates of 91.8 W/kg at each scale, resulting in values of 142.4 mL/min, 

294.7 mL/min, 326.3 mL/min, and 306 mL/min for the size 200 Rhombus, size 100 Rhombus, size 
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100* Rhombus, and size 100* Triangle, respectively (represented by filled markers on Figure 4.6 

and Figure 4.7). Thus, all plates should provide a sufficient mean energy dissipation rate at the 

target production flowrate, but relative contributions of secondary flows must also be examined.  

 

Figure 4.6. Pressure drops (a) and resulting mean energy dissipation rates (b,c) in the lab scale 

(size 300) and production scale (size 200 – 100*) microreactor plates with water. Dashed lines 

represent predicted mean energy dissipation rates, with both the Rhombus and Triangle size 100* 

mixers sharing the same black dashed line, when (b) a constant friction factor model is assumed 

during scale-up, and (c) when the experimentally determined friction factor model is used for 𝒇𝟐. 

Filled data points are extrapolated to 𝝐 = 91.8 W/kg.  

Analyses of the friction factors for 96 wt% H2SO4 (aq) in each plate are presented in Figure 

4.7 with the pressure drop correlations used for determining the resulting values of 𝑓𝐶  and 𝑓𝐿 shown 

in Table 4.4. Note that in this case, 𝑓𝑐 may not represent chaotic flow patterns due to the low range 
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of tested Reynold’s numbers ranging from 34-204 (owing to the high viscosity of 96 wt% H2SO4 

(aq)), and more likely represents secondary flows contributing to blending. The overall friction 

factors as a function of 1/𝑅𝑒 are shown in Figure 4.7a, with the relative secondary flow 

contributions for each plate as a function of 𝑅𝑒, ranging from about 0.4 to 0.8, shown in Figure 

4.7b. When compared on a mean energy dissipation rate basis (Figure 4.7c), the relative secondary 

flow contributions are significantly larger in the scaled-up plates due to the higher required 𝑅𝑒 to 

reach an equivalent mean energy dissipation rate. This effect is similar to but more pronounced 

than that observed with water, as the data with 96 wt% H2SO4 (aq) covers the transitional flow 

regime between laminar and turbulent, whereas the water data showed a plateau-like profile in a 

more turbulent dominated regime. At the extrapolated production flowrates indicated above, the 

data suggest higher contributions of secondary flows than observed at lab-scale, suggesting that 

mean micromixing or blending times will be conserved or lowered in the larger-scale plates.  
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Figure 4.7. Friction factor analysis for the lab-scale (size 300) and production scale (sizes 200 – 

100*) plates with 96 wt% H2SO4 (aq). (a) Overall friction factors from equations (4.4) and (4.8). 

(b) Relative contributions of chaotic flow as a function of 𝑹𝒆. (c) 𝒇𝒄/𝒇 as a function of mean 

energy dissipation rate. Filled data points are extrapolated to 𝝐 = 91.8 W/kg.  
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Table 4.4. Dual-term friction factor correlation values for the large-scale plates with 96 wt% 

H2SO4 (aq). All correlations have an R2 value greater than 0.999. 

Plate Fluid 

𝚫𝑷 = 𝑪𝟏𝒖
𝟐 + 𝑪𝟐𝒖 𝒇 = 𝒇𝑳/𝑹𝒆 + 𝒇𝑪 

𝑪𝟏 [Pa·s2·m-2] 𝑪𝟐 [Pa·s·m-1] 𝒇𝑳 𝒇𝑪 

Size 300 Rhombus 

96 wt% 

H2SO4 (aq) 

238540 256017 78.1 1.11 

Size 200 Rhombus 230198 123220 92.6 1.89 

Size 100 Rhombus 119730 54625 102.9 1.79 

Size 100* Rhombus 112071 58286 114.1 1.67 

Size 100* Triangle 118734 65719 128.6 1.77 

 

Thus, the present data suggests that global micromixing measures will be conserved or 

improved upon reactor scale-up in both fluid systems. However, additional work is necessary in 

order to obtain a more in-depth understanding of local energy dissipation rates via CFD modelling 

in the larger-scale reactors, as zones of low local energy dissipation rate and reduced micromixing 

may still lead to the formation of undesired side products. Additionally, micromixing alone does 

not characterize completely the performance of a reactor with a given reaction system, and 

macromixing studies should be performed via analysis of residence time distributions. Such studies 

allow for characterization of the degree of back mixing and recirculation within the mixers, leading 

to assessment of the degree of plug flow obtained at each reactor scale which will have a direct 

impact on product yield. Thus, in order to achieve complete scale-up of a reactor system, the mean 

and local micromixing performance should be maintained while also achieving the same level of 

plug flow in the larger scale reaction systems. More specifically, this should then include the 

distributions of both mixing times and residence times throughout each mixing unit and the reactor 
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volume. Ultimately, however, characterization of the reaction performance at large scale will have 

to occur within the safety of a dedicated, factory-based production facility [100]. 

 Comparison with Static Mixer 

As an alternative and cheaper reactor technology, a shell and tube reactor with KenicsTM type 

static mixer inserts was also tested for operation at the production scale. In this case the reaction 

system was consistent with that presented in Figure 4.1, but with the LL-microreactor replaced 

with two 480 mm length stainless steel tubes (3.05 mm internal diameter) containing 4 Hastelloy 

KenicsTM static mixing elements. The static mixer inserts had a 2.9 mm diameter and consisted of 

24 geometrically alternating helical mixing elements 5 mm in length (120 mm total length per 

insert) (Figure 4.8). The void fraction of the tubes containing static mixing elements was 0.94, 

resulting in a reaction volume of 3.32 mL for each mixing section. The bend did not contain any 

static mixing elements and had a total volume of 0.77 mL. The total combined volume of both 

static mixer tubes and bend was therefore 7.41 mL. The bend was incorporated into the pressure 

drop measurements as it represents the repeating unit of a shell and tube reactor containing such 

mixing structures.  

 

Figure 4.8. Orientation of the tubes for testing the shell and tube reactor (right) with static mixer 

inserts (left). 
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 Pressure drops and the resulting energy dissipation rates for the static mixer with water and 

96 wt% H2SO4 (aq) are shown in Figure 4.9 and Figure 4.10 below. In this case, a scale-up 

methodology was not employed as the reactor volume can be easily modified by adding or 

removing repeating static mixer-bend-static mixer subunits. The size 300, 200, and 100* Rhombus 

reactor geometries are included on the figures to provide a basis of comparison across the range 

plate sizes tested. With both fluids, the energy dissipation rates fall in between those of the size 

200 and size 100* Rhombus plates. Importantly, with 96 wt% H2SO4 (aq), the static mixer geometry 

reaches the target energy dissipation rate of 91.8 W/kg at a flowrate of 179 mL/min, and well 

exceeds it at the production flow rate of 327 mL/min with an energy dissipation rate of 384.4 

W/kg. However, as was the case in with the plate scale up methodology, it is also necessary to 

examine the relative contributions of chaotic flow patterns to the overall flow regime.   

 

Figure 4.9 Pressure drops (a) and resulting mean energy dissipation rates (b) with water through 

the static mixer geometry shown in Figure 4.8, as compared with the size 300, 200, and 100* 

Rhombus LL-microreactor plates. 
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Figure 4.10. Pressure drops (a) and resulting mean energy dissipation rates (b) with 96 wt% 

H2SO4 (aq) through the static mixer geometry shown in Figure 4.8, as compared with the size 300, 

200, and 100* Rhombus LL-microreactor plates. Filled data points are extrapolated to 𝝐 = 91.8 

W/kg.  

 Figure 4.11 and Figure 4.12 below show the friction factor analyses for both water and 96 

wt% H2SO4 (aq), as compared again with the size 300, 200, and 100* Rhombus plates. With both 

fluids, there is a significant reduction in the contributions of secondary flow patterns when 

compared to the LL-microreactor plates. Similarly to the results presented in the scale-up above, 

this reduction is more substantial with 96 wt% H2SO4 (aq) as the working fluid where the data show 

more contributions from laminar flow, versus with water where the flow becomes more chaotic 

flow dominated and 𝑓𝑐/𝑓 begins to plateau. Because the nitration is mixing-dependent, the plate-

type microreactors are considered in this case to be the better choice in reactor technology where 

their higher contributions to turbulent flow are expected to reduce micromixing times. Although 

the static mixers are a more cost-efficient technology, the presented geometry is ultimately 

oversized and likely does not generate enough secondary flow patterns to effectively maintain the 

micromixing time for the mixing-dependent reaction.  
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Figure 4.11. Friction factor analysis for the static mixer geometry with water as compared with 

the size 300, 200, and 100* Rhombus. (a) Overall friction factors from equations (4.4) and (4.8). 

(b) Relative contributions of chaotic flow as a function of 𝑹𝒆. (c) Relative contributions of 

chaotic flow as a function of mean energy dissipation rate.  
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Figure 4.12. Friction factor analysis for the static mixer geometry with 96 wt% H2SO4 (aq) as 

compared with the size 300, 200, and 100* Rhombus. (a) Overall friction factors from equations 

(4.12) and (4.13). (b) Relative contributions of chaotic flow as a function of Re. (c) Relative 

contributions of chaotic flow as a function of mean energy dissipation rate. Filled data points are 

extrapolated to 𝝐 = 91.8 W/kg.  

 Conclusions 

In this chapter, the 3/7th rule commonly applied to fully turbulent flow was expanded into flow 

regimes that are largely (but not fully) turbulent or transitional. Scale-up rules were derived for 

two fluid systems, namely water and 97 wt% H2SO4 (aq), in order to determine the required 

flowrates to maintain mean energy dissipation rates in larger scale LL plate microreactors. In both 

systems, average energy dissipation rates were conserved or exceeded the values predicted by the 
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derived scale-up rules for all larger-scale plates. Analysis of friction factors was then performed 

in order to determine the relative contributions of chaotic advection to the overall flow patterns in 

each fluid/reactor pairing. Here, the relative levels of turbulence exceeded those achieved at 

equivalent mean energy dissipation rates at lab scale due to the increase of 𝑅𝑒 required to match 

mean energy dissipation rates in the larger diameter channels. This effect was more pronounced in 

the 96 wt% H2SO4 (aq) system as the present data was centered in transitional flow regime (𝑓𝐶/𝑓 

ranging from ~0.4 to 0.8), whereas much of the acquired data with water was largely dominated 

by chaotic flow patterns and plateaued at 𝑓𝐶/𝑓 values of about 0.8. With respect to the nitration 

reaction, extrapolated data points with 96 wt% H2SO4 (aq) suggest that all plates will achieve greater 

energy dissipation rates and contributions of chaotic advection than those obtained at 76 mL/min 

at lab-scale when subject to increased flowrates determined by the derived scale-up rules. A 

cheaper static mixer geometry was also tested but was found to not generate enough secondary 

flows at the production flowrate despite having a sufficient energy dissipation rate. Thus, global 

micromixing performance measures were conserved or improved upon scale-up with the use of 

the LL-microreactor plates, but further studies are required in order to achieve a full scale-up of 

the reaction system with respect to local energy dissipation rates and macromixing.  
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Nomenclature 

Symbol Meaning Units 

𝑎 Fitting parameter for pressure drop modelling -- 

𝐶1, 𝐶2 Coefficients in pressure drop model -- 

𝒟 Diffusivity m2/s 

𝑑ℎ Hydraulic diameter m2 

𝑓 Overall friction factor m 

𝑓𝐶  Chaotic friction factor -- 

𝑓𝐿 Laminar friction factor -- 

𝐿 Channel length m 

𝑛 Fitting parameter for pressure drop modelling -- 

N Number of repeating mixing units -- 

P Pressure Pa 

Q Volumetric flow rate mL/min 

𝑅𝑒 Reynolds number -- 

𝑡𝐷 Mixing time via diffusion s 

𝑡𝐸  Mixing time via engulfment s 

u Velocity m/s 

VR Reactor volume m3 

w Channel width m 

 

Greek Symbols 

Symbol Meaning Units 

𝛿 Channel depth m 

𝜖 Mean energy dissipation rate W/kg 

𝜇 Dynamic viscosity Pa s 

𝜈 Kinematic viscosity m2/s 

𝜌 Density kg/m3 
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Abstract 

The solid handling ability and flow patterns of a baffle-less oscillatory flow coil reactor are 

investigated and characterized. Previous works in oscillatory flow have been generally conducted 

in straight channels with various baffled geometries. Solid handling capabilities of the reactor are 

examined through two reactions, namely a precipitation reaction and a phase transfer catalysis 

reaction. In the first reaction, the reactor geometry proved capable of continuously handling liquid-

solid suspensions of 5.8 wt% for 5 hours and up to 7.9% for 2 hours. No signs of clogging were 

observed during these tests and the maximum run time of the reactor is currently unknown. 

However, when gas was formed in the second reaction, rapid system clogging is observed due to 

a ten-fold decrease in the energy dissipation rate as a result of the pulsation dampening effect by 

the gas. A broadening of residence time distributions with oscillation intensity is observed and, 
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accordingly, is accompanied by a broadening of solid product particle size distributions. Lower 

pulsation amplitude and frequencies were capable of keeping solids suspended in the precipitation 

reaction and may therefore be employed to achieve tighter residence time and particle size 

distributions.  
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 Introduction 

Pharmaceutical processes often involve a solid component as either a reagent, catalyst, or 

product. Continuous processing of these solid components presents a challenging obstacle as it 

renders systems vulnerable to fouling and clogging. As a result, unit operations that require the 

handling of solid components are often performed in sufficiently large batch vessels that are less 

likely to plug. However, from a process intensification standpoint, it is desirable to miniaturize 

and develop other processing techniques that can improve heat and mass transfer while 

maintaining or improving product quality and uniformity. In the pharmaceutical and fine chemical 

industries, intensification via miniaturization generally requires a shift from batch to continuous 

processing technology. Micro- and milli-scale reactors present a promising technology for 

continuous intensification at the lower production volumes required for pharmaceutical and fine 

chemical industries. Reducing the characteristic lengths of processing equipment into these smaller 

length scales provides significant improvements to heat and mass transfer through increasing the 

reactor surface area-to-volume ratio and reducing transport distances [111,142,143]. Selection of 

the optimal small-scale reactor technology in these applications, however, is non-trivial and 

requires a thorough understanding of the reaction kinetics, flow patterns, and phases. A toolbox 

approach was developed by Plouffe et al.[8] in order to facilitate reactor selection based on these 

parameters, but remains underdeveloped for micro and milli scale reactors where solids are present 

due to their inevitable amplification of the difficulties in solid handling. Furthermore, a review by 

Roberge et al. of 86 reactions carried out at Lonza reported that ca. 2/3 of the reactions studied 

involved a solid phase, effectively limiting the extended use of microreactors [3]. A miniaturized, 

intensified processing unit that can continuously handle solids without clogging or losing 

performance would be highly valuable to the pharmaceutical and fine chemical industries. 
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In order to prevent clogging of a channel by solid particles, it is generally required that a 

relatively high degree of mixing be implemented in the reaction system. Mixing can be achieved 

through active or passive methods; the active methods require an energy input from an external 

source, and passive methods take advantage of the energy from a pump by inducing mixing 

through changes in channel geometry [144]. Implementation of active mixing technologies leads 

to decoupling of the mixing energy from the flow rate, allowing for enhanced transport properties 

over a wide range of residence times. This is particularly beneficial when moving a batch reaction 

requiring longer residence times into continuous flow in which passive mixing alone would 

necessitate a high flow rate and/or large reactor length in order to achieve near plug flow that may 

inhibit its feasibility, e.g., elevated pressure loss [45]. One such active method for enhancing 

mixing is through imposing an oscillation on the reaction medium. This is usually implemented 

by pulsing the reaction medium itself or by oscillating baffles within the flow channel [145]. In 

general, these oscillatory flow reactors often utilize mixing elements such central baffles [146], 

single orifice baffles [52], multi-orifice plate baffles [52], helical baffles [147,148], and smooth 

periodic constrictions [52,57,58,149–151]. These geometries can provide near plug flow under net 

laminar flow conditions [152], with ratios of oscillatory to net flow Reynolds numbers (𝑅𝑒𝑜/𝑅𝑒𝑛) 

as high as 250 depending on the intensity of mixing induced by each geometry [51]. These reactors 

have also proven capable of handling solid suspensions, especially in crystallization applications 

[53,54,153,154]. Other intensified technologies that been developed for continuous solid handling 

include miniaturized CSTR cascades [75,155], an agitated cell reactor [156], plug flow reactors 

with static mixer inserts [157], an autoclave reactor with intermittent sampling [36], multiphase 

segmented flow [158–161], mixed-suspension-mixed-product-removal (MSMPR) [74,162], and a 

coiled flow inverter for crystallization [61,163,164]. 
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In this experimental program, a metallic coil that is often used as a cost-effective continuous 

reactor at high pressure and temperature to gain residence time [8,165] is used in oscillatory-flow 

to run solid-liquid reactions. As such, active mixing is used in combination with passive mixing 

resulting from Dean secondary flows in a coiled baffle-less channel in order to lower the risk of 

dead zones and clogging. We considered an inner diameter of 4.6 mm (milli-reactor) as acceptable 

to manage solids leading to a geometry that still enables an order of magnitude increase in heat 

transfer rate when compared to batch. A lack of product preferentially cumulating in the dead 

zones of a reactor allows for uniform cleaning, which is essential for GMP applications. The 

oscillatory flow applied in this system often results in Reynolds numbers corresponding to 

turbulent mixing when compounded with the coiled geometry [56]. The higher intensity of 

oscillatory energy input, along with the use of elevated pressure, render this system more 

applicable to intensification of reactions and maintaining flow of solid suspensions under turbulent 

flow oscillatory conditions. The solid handling ability of the baffle-less coil geometry is tested 

with two reactions: the first is a room temperature precipitation reaction run at moderate pressure, 

and the second is an intensified liquid-liquid-solid phase transfer catalysis reaction run at elevated 

temperature and pressure. Finally, the effect of pulsation on macromixing within the reactor is 

characterized. 

  Materials and Methods 

5.2.1 Reaction Apparatus 

The schematic for the feed side of the flow reaction system pertaining to both reactions 

(Scheme 5.1 and Scheme 5.2, detailed below) is shown in Figure 5.1. Key components and 

differences in the apparatus for each reaction are identified and tabulated in Table 5.1. In both 

reactions, feeds 1 and 2 were pumped through Coriolis flow meters (Endress and Hauser Proline 
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Promass 80A) followed by one-way valves implemented to prevent back flow of feeds and solid 

particles. For the reaction in Scheme 5.2, an A7 size 600 LL-Triangle plate-type microreactor 

[111] was included downstream of the one-way valves in order to pre-mix the immiscible liquid 

feeds. For the reaction in Scheme 5.1, the miscible liquid feeds were mixed in a T-junction directly 

upstream of the pulsator. Pulsation was provided to the system by a LEWA LDB1 pulsator pump. 

The pulsator has a 14 mm head diameter and a maximum pressure tolerance of 80 barg. The 

amplitude and frequency of the pulsating flow in the coil can be adjusted manually from 0-70.4 

mm and 0-4.09 Hz, respectively. The reactor itself is a coiled tube constructed by winding 

Hastelloy tubing around a hard cylinder, with a large enough radius of curvature to avoid 

indentation. It has a 6 m length, a 4.57 mm internal diameter, a 35 mm radius of curvature, and a 

pitch close to 0 mm. The reaction in Scheme 5.1 was run at ambient temperature (22.4°C) and 

showed slight temperature increases, up to a maximum 25 °C at the outlet. For Scheme 5.2, the 

coil reactor was heated by circulating silicon oil at 80°C through the coil jacket. Downstream of 

the reactor, 2 barg of back pressure was applied to the system via a N2 line to prevent cavitation 

during flow reversal. The suspension was sent to a cascade of sampling containers that allows 

intermittent pressure decrease for the flow outlet at elevated pressure followed by depressurization 

in a cyclone. This sampling system was adapted from the work of White et al. at Eli Lilly (see 

Figure 1 in [36]). The pressure was monitored at various points throughout the system with WIKA-

M11 pressure sensors in order to detect clogging as observed by a rapid increase in pressure caused 

by a restriction in flow.  
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Figure 5.1. Reaction apparatus for the two solid forming reactions. Pre-mixing and reactor 

heating are included for the reaction in Scheme 5.2 but are omitted for the reaction in Scheme 

5.1. 

Table 5.1. Identification and description of different components in the apparatuses for Scheme 

5.1 and Scheme 5.2. 

Reaction Component ID Description 

Scheme 5.1 

Feed-1 Glyoxal in EtOH 

Feed-2 Cyclohexane in EtOH 

PUMP_FEED_1 Hitec Zang Syrdos 

PUMP_FEED_2 Hitec Zang Syrdos 

Pre-Mixing T-Junction 

External Heating None 

Scheme 5.2 

Feed-1 NaOH(aq) 

Feed-2 Cyclohexene and Et2MeN in CHCl3 

PUMP_FEED_1 HNP mzr-7255 micro annular gear pump 

PUMP_FEED_2 Hitec Zang Syrdos 

Pre-Mixing 
FlowPlate® A7 LL Triangle Plate 

Microreactor 

External Heating 80°C Silicon Oil 
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5.2.2 Solid Handling Characterization 

In the first reaction, two moles of cyclohexylamine (CHA) are reacted in ethanol with one 

mole of glyoxal to form N,N’-(1E,2E)-Ethane-1,2-diylidenedicyclohexanamine (EDDC) and 

water (Scheme 5.1). This reaction has been employed previously as a model for investigating solid 

handling of continuous reactors [75,166]. EDDC forms rod-like particles [75] and is only slightly 

soluble in ethanol.  

Scheme 5.1. EDDC Forming Reaction. 

  

The reaction was first characterized in batch through product solubility testing and in-situ 

reaction H-NMR analysis. Batch products were collected by filtration and dried overnight under 

vacuum. EDDC solubility in ethanol was determined from 20°C to 35°C by creating a saturated 

solution with the dried solids and determining the mass dissolved in the liquid phase by filtration 

under vacuum and evaporation in a rotary evaporator. For the H-NMR, 800 µL each of 0.34M 

glyoxal and 0.68M CHA in deuterated ethanol (Ethanol-D6) were mixed in an NMR tube and 

CHA concentration was measured over the course of 100 minutes of reaction time with a Bruker 

Topspin 400 MHz NMR spectrometer. 

For the flow reactions, the concentrations of feeds 1 and 2 were varied between 0.4 – 1.6 M 

glyoxal and 0.8 – 3.2 M CHA, respectively (1:2 molar ratio), and fed at 2 mL/min each (4 mL/min 

net flow, or 𝑄𝑛𝑒𝑡) in order to investigate the reactors propensity for blockage. The amplitude and 

frequency of the pulsating flow in the coil were set each to either 0 or 46.9 mm and 3.68 Hz for 
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characterizing the solid handling capabilities of the reactor. Additional tests were performed in 

which either the amplitude or frequency were decreased step wise down to zero from 46.9 mm to 

37.5, 28.2, and 18.8 mm for the amplitude and 3.68 Hz to 2.45, 1.64, and 0.84 Hz for the frequency. 

The maximum oscillatory velocity was 0.4 – 1.09 m/s, which is 61 to 266 times greater than the 

net flow velocity, leading to an asymmetrical oscillatory type pulsatile-flow in which the flow 

velocity vector becomes negative periodically during an oscillation cycle [56,167]. Reaction yields 

were measured by collecting and drying the solids overnight under vacuum and accounting for the 

weight % in solution. The reaction conditions for Scheme 5.1 in flow are summarized in Table 5.2.  

5.2.3 Mixing Dependent Phast Transfer Catalytic Reaction 

In the second studied reaction, dichlorocarbene (DCC) is produced from chloroform 

followed by its reaction with cyclohexene (CHE) (Scheme 5.2). DCC is a reactive intermediate in 

organic synthesis that can be used to generate a wide range of substrates and can be generated via 

deprotonation of chloroform with a concentrated NaOH(aq) solution [168]. Deprotonation of CHCl3 

occurs in the interfacial region of the reaction mixture, and the subsequent reaction of the produced 

DCC with CHE requires migration of DCC back into the bulk organic phase. Phase transfer 

catalysis (PTC) is a method often employed in organic synthesis for reactions involving reagents 

separated in immiscible phases, whereby a phase transfer agent is employed to transfer a reagent 

from one phase to the other (in this case to transfer DCC back into the organic phase) in order to 

react with another reagent [169,170]. Both the formation of DCC and its subsequent reaction with 

CHE are therefore dependent on the rates of interphase mass transfer out of and back into the bulk 

organic phase. The biphasic reaction system consists of a 35 wt% (12.51 M) NaOH aqueous phase 

fed at 7 mL/min and an organic chloroform phase fed at 14 mL/min containing 0.50 M CHE and 

1.17 M diethylmethylamine (Et2MeN) as a phase transfer agent (mole ratio 1:20.1:2.4:12.5 
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CHE:CHCl3:Et2MeN:NaOH). Chloroform acts as both a solvent and reagent, and deprotonation 

of chloroform by NaOH at the interface produces DCC, NaCl, and H2O. The DCC can then form 

a complex with the Et2MeN that migrates into the organic phase, where it is released and reacts 

with the cyclohexene ring to produce 7-7,dichlorobicyclo[4.1.0]heptane [168]. 

 

Scheme 5.2. DCC intermediate-forming reaction and subsequent addition to CHE. 

 

This reaction has been performed successfully with 97% CHE conversion and 99% 

selectivity using 35 wt% NaOH in a miniaturized packed bed reactor containing Teflon beads, but 

was subject to clogging when (1) the NaOH concentration was increased to 40 wt%, (2) other 

packing material was used, or (3) the temperature was increased to 90°C [68]. The coil reactor was 

therefore employed in this reaction under similar conditions in order to increase throughput and 

achieve greater rates of heat exchange. Ultimately, with the goal being to subsequently intensify 

the reaction by widening the operating conditions window and potentially increasing the NaOH 

concentration in a geometry that is less prone to clogging at higher NaCl(s) concentrations. This 

reaction provides a complementary study to previous work on interphase mass transfer in a larger 

oscillated baffle-less coil [56] with the addition of phase transfer catalysis and the requirement that 

the reactor be able to handle a solid-liquid-liquid mixture without clogging. Reaction conditions 

in flow for Scheme 5.2 are shown in Table 5.2. The pulsation amplitude and frequency were set to 

70.4 mm and 3.68 Hz. The reaction was run at 80°C wth a 4.5 minute space time. 
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Table 5.2. Reaction conditions for Scheme 5.1 and Scheme 5.2. 

Reaction 
Operating 

Parameter 
Value Units 

EDDC 

CCHA (reaction) 0.4 - 1.6 mol/L 

CGlyoxal (reaction) 0.2 - 0.8 mol/L 

𝑓 

0, 0.82, 1.64, 

2.45, 3.68 

Hz 

𝑥coil 

0, 18.8, 28.2, 

37.5, 46.9 

mm 

𝑄𝑛𝑒𝑡 4 mL/min 

𝑡𝑅 30 min 

𝑇 (inlet - outlet) 22.4 - 25 °C 

DCC 

CNaOH, (feed-1) 12.51 mol/L 

CCHE, (feed-2) 0.50 mol//L 

CEt2MeN, (feed-2) 1.17 mol/L 

𝑓 3.68 Hz 

𝑥coil 70.4 mm 

𝑄𝑓𝑒𝑒𝑑−1 7 mL/min 

𝑄𝑓𝑒𝑒𝑑−2 14 mL/min 

𝑡𝑅 4.5 min 

𝑇 80 °C 
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5.2.4 Flow Characterization 

Residence time distributions were measured at various pulsation frequencies via step change 

tracer experiments in order to characterize the effect of pulsation frequency on the flow patterns 

in the reactor. The reactor system in Figure 5.1 for Scheme 5.1 was filled with pure ethanol at a 

flow rate of 4 mL/min followed by a feed change to the tracer solution composed of 0.8M CHA in 

ethanol. The tested pulsation frequencies were 0 Hz, 0.82 Hz, 1.84 Hz, and 3.68 Hz with a constant 

amplitude of 46.9 mm. All non-zero pulsation frequencies again produced significantly large 

maximum oscillation velocities that resulted in asymmetrical pulsatile flow. Samples were taken 

at the outlet every 2.5 minutes over a period of 2.5 space times and analyzed for CHA 

concentration via gas chromatography (Agilent 6850) with anisole as an internal standard. An 

additional experiment at 40 mL/min was performed with 3.68 Hz pulsation and 0.5 min sampling 

time. After fitting the data to a dimensionless time (𝜃) exit-age distribution curve, (𝐸(𝜃)), or E-

curve, the first and second moments of the residence time distribution, which represent the mean 

residence time (𝜃𝑚) and the variance (𝜎𝜃
2), were then calculated according to equations (5.1) and 

(5.2). 

𝜃𝑚 = ∫ 𝜃𝐸(𝜃)𝑑𝜃
∞

0

 
(5.1) 

𝜎𝜃
2 = ∫ (𝜃 − 𝜃𝑚)

2𝐸(𝜃)𝑑𝜃
∞

0

 
(5.2) 

The flow in an oscillatory system can also be characterized with the net Reynolds number 

(𝑅𝑒𝑛) and oscillatory Reynolds number (𝑅𝑒𝑜) [171] according to equations (5.3) and (5.4), 

respectively, where 𝜌 is the fluid density, 𝑢𝑛 is the net fluid velocity, 𝑢𝑜 is the oscillatory velocity, 

𝑑𝑡𝑢𝑏𝑒 is the inner tube diameter, and 𝜇 is the fluid dynamic viscosity. 

𝑅𝑒𝑛 =
𝜌𝑢𝑛𝑑𝑡𝑢𝑏𝑒

𝜇
 

(5.3) 
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𝑅𝑒𝑜 =
𝜌𝑢𝑜𝑑𝑡𝑢𝑏𝑒

𝜇
 

(5.4) 

The oscillatory velocity, 𝑢𝑜, is calculated from the centre-to-peak pulsation amplitude in the coil, 

𝑥𝑐𝑜𝑖𝑙, and the angular frequency, 𝜔, the time in the pulsation period, t, and the frequency, 𝑓, of 

pulsation using equations (5.5) and (5.6). 

𝑢𝑜 = 𝑥𝑐𝑜𝑖𝑙𝜔sin (𝜔𝑡) (5.5) 

𝜔 = 2𝜋𝑓 (5.6) 

Because the oscillatory velocity varies constantly throughout the period of oscillation, a single 

value is taken when the sinusoidal component is equal to one and the oscillatory velocity is at its 

maximum [172]: 

𝑢𝑜,𝑚𝑎𝑥 = 𝑥𝑐𝑜𝑖𝑙𝜔 (5.7) 

The relative contributions to the flow pattern of the net and oscillatory flows can then be compared 

using the magnitudes of their respective Reynolds numbers.  

5.2.5 Particle Size Distribution and Morphology 

Particle size distributions and particle morphologies of the EDDC forming reaction were 

measured as a function of pulsation frequency. 0.4 M glyoxal and 0.8 M CHA were fed to the 

reactor set up shown in Figure 5.1 at 4 mL/min. The reaction proceeded for 3 space times at each 

pulsation frequency before solids were collected for analysis by laser diffraction in a Malvern 

Mastersizer 2000 particle size analyzer and an Olympus BX53M optical microscope. During the 

residence time experiments, it was found that a period of 3 residence times was sufficient for the 

tracer concentration to stabilize, and the particle size samples were therefore taken when the 

reactor had reached steady state. For the microscopic imaging, the particles were re-suspended in 

ethanol to minimize changes to their morphology. Pulsation frequency was tested at 0.82, 1.84, 
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and 3.68 Hz. Results were compared to those obtained from a batch reaction having the same 

residence time and reagent concentrations carried out in a 100 mL flask with 600 rpm magnetic 

stirring. 

 Results and Discussion 

5.3.1 EDDC Reaction Characterization 

The solubility of EDDC was measured in ethanol and found to be strongly dependent on the 

system temperature (Figure 5.2). The solubility of EDDC is about 0.01g/gEtOH at 20°C. Greater 

temperatures result in greater solubility with a rapid increase in solubility occurring above 30°C. 

The operating temperature of the system ranged from about 22.4°C at the inlet to 25°C at the outlet 

due to the heat of reaction, and the product solubility was therefore taken to be about 0.011 

g/gEtOH, or 1.1 wt%. 

 

Figure 5.2. EDDC solubility as a function of temperature. 

In-situ H-NMR analysis was performed in order to elucidate the rates of reagent conversion 

and product generation in a pre-mixed batch system. After mixing, CHA showed an immediate 

and rapid decrease, whereas EDDC appeared more gradually (Figure 5.3). This suggests that the 
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reaction proceeds through at least one intermediate before forming the final product. The 

concentration of EDDC in the undisturbed NMR vial exceeds the solubility into supersaturation. 

The asymptotic rate of CHA conversion corresponds to a 2nd order reaction with respect to the 

CHA concentration, where longer residence times are required to reach high conversion. A 44% 

yield of EDDC is seen after an equivalent coil space time of 30 minutes. The overall yield (𝑌̃) is 

defined on a basis of 100% CHA conversion according to equation (5.8) below, where the moles 

of EDDC (𝑁) are adjusted to account for the reaction stoichiometry. 

𝑌̃ =
2𝑁𝐸𝐷𝐷𝐶
𝑁𝐶𝐻𝐴,0

(100%) 
(5.8) 

 

After 100 minutes, the EDDC yield had plateaued at about 55%, and 94% of the CHA had been 

consumed. This indicates side-product formation during the reaction which is confirmed by 

examining the H-NMR spectra at the beginning and end of the reaction shown in Figure 5.4. After 

100 minutes, several peaks are observed that cannot be attributed to either CHA or EDDC. Glyoxal 

is not detected by H-NMR. Based on the results outlined in this section, a 30-minute residence 

time in flow was selected and quantitative solid yields were not expected due to the solubility of 

the product and lower than expected selectivity of the reaction under supersaturated batch 

conditions. 
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Figure 5.3. In-situ H-NMR analysis of EDDC-forming reaction with 0.17 M glyoxal and 0.34 M 

CHA. 

 

Figure 5.4. H-NMR analysis of EDDC-forming reaction showing side-product formation. 
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5.3.2 Effect of Pulsation on Solid Handling 

In order to determine the effect of pulsation on solid handling in the coil, the EDDC forming 

reaction was first run without pulsation in order to investigate the reactor’s propensity for 

blockage. After 55 minutes of reaction time (1.83 nominal space times) with a glyoxal 

concentration at 0.4 M (or ca. 3.7 wt% EDDC solids), the system showed rapid increases in the 

feed 2 pressure indicating that clogs were forming and dislodging. Instantaneous addition of a 46.9 

mm, 3.68 Hz pulse in the coil at 𝑡=65 min resulted in immediate declogging and a return back to 

normal operating pressure (Figure 5.5). Subsequent instantaneous removal of the pulsation at 𝑡=85 

min resulted in the formation of another clog starting at 100 minutes. Attempts to remove this clog 

at 𝑡=120 minutes with a gradual increase in pulsation frequency were unsuccessful, and it was 

found that a step change with sufficient force is required in order to dissociate blockages. After 

determining the reactor would clog on its own without pulsation, the reaction was then run with 

continuous 46.9 mm, 3.68 Hz pulsation for 120 minutes with glyoxal concentrations (and their 

corresponding stoichiometric CHA concentrations) of 0.2, 0.4, and 0.8 M. These runs resulted in 

experimental mean solid concentrations (taken in triplicate with one standard deviation reported) 

of 1.3 ± 0.1 wt%, 3.0 ± 0.2 wt%, and 7.9 ± 0.4 wt%, corresponding to isolated yields of 39 ± 3.9%, 

39 ± 0.4%, and 48 ± 5.5%, respectively (solubility of EDDC in ethanol at 25°C is 1.1 wt%). In 

each case the reactor operated stably with no pressure spikes at any point in the system. It is 

therefore likely that this reactor geometry is capable of handling higher concentration solid 

suspensions without plugging, and it may also be possible to further intensify the geometry by 

decreasing the diameter and operating with the solid concentrations reported above. 
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Figure 5.5. Clog formation without pulsation with 3.7 wt% solids. [Glyoxal] = 0.4 M; [CHA] = 

0.8 M; space time = 30 min. 

A long run with 3.68 Hz and 46.9 mm oscillation was then tested with 0.6 M glyoxal and 

1.2 M CHA resulting in a solid concentration of 5.8 wt%. In this case, the system was capable of 

stable operation for 5 hours without any observable signs of blockage, at which point the 

experiment was then stopped deliberately (Figure 5.6). The maximum runtime of the reactor is 

therefore currently unknown. While the reactor inlet is the location where the pulsation energy is 

introduced, pressure oscillations are also observed in the feed lines downstream of the one-way 

check valves as a result of transmitted pressure waves. This is further observed by a lowering of 

the feed inlet pressures compared to the reactor inlet due to the aspiration of the pulsator pump. At 

the outlet of the reactor, represented by the cascade inlet pressure, the pressure oscillations are 

absent due to a dampening effect of gas present in the outlet of the system. 
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Figure 5.6. Stable operation for 5 hours with 5.8 wt% solids. [Glyoxal] = 0.6 M; [CHA] = 1.2 

M; space time = 30 min. High intensity pulsation allows the system to operate in the turbulent 

flow regime, leading to higher pressure oscillations and continuous flow of solid suspensions. 

In an oscillatory flow system, the average energy dissipation rate (𝜖)̅ can be calculated from 

the net flow and oscillatory flow components (𝜖𝑛̅𝑒𝑡 and 𝜖𝑜̅) according to equations (5.9) and (5.10), 

where the velocity and pressure were assumed to be in phase with a phase angle, 𝛿, of 0 [173]. 

Here, 𝑉𝑅 is the reactor volume, Δ𝑃𝑛𝑒𝑡 is the pressure drop due to the net flow, Δ𝑃𝑜 is the magnitude 

of the pressure oscillations, 𝜌𝑐 is the density of the continuous phase, and 𝑍 is the length of the 

reactor.  

𝜖̅ = 𝜖𝑛̅𝑒𝑡 + 𝜖𝑜̅ 

 

(5.9) 

𝜖̅ =
Δ𝑃𝑛𝑒𝑡𝑄𝑛𝑒𝑡
𝜌𝑐𝑉𝑅

+
1

2

Δ𝑃𝑜𝑐𝑜𝑠(𝛿)𝑥𝑐𝑜𝑖𝑙𝜔

𝑍𝜌𝑐
  

 

(5.10) 

Pressure fluctuations of about +/- 1.2 bar at the reactor inlet, corresponding to Δ𝑃𝑜 in 

equation (5.10), are observed as a result of the oscillations in flow velocity. Estimation of the 

energy dissipation rate using the reactor inlet pressure (P_REACTOR_IN) oscillations gives a 
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value of 13 W/kg. This is an order of magnitude higher than a previous work in continuous 

crystallization utilizing an oscillatory baffled reactor [174] which suggests that lower oscillatory 

frequencies and amplitudes may be sufficient for keeping solids suspended. 

The effect of decreasing the amplitude and frequency on the reactor operation was thus 

tested with 7.9 wt% solids produced from reacting 0.8 M glyoxal and 1.6 M CHA (Figure 5.7). In 

these tests, the oscillation was initially set to 3.68 Hz and 46.9 mm for 70 minutes followed by 

step changes down to no pulsation in the either the amplitude (Figure 5.7, left) or frequency (Figure 

5.7, right). The amplitude was decreased from 46.9 mm to 37.5 mm, 26.2 mm, 18.8 mm, and 0 

mm from 𝑡=70min to 𝑡=125 min. The frequencies were decreased from 3.68 Hz to 2.45 Hz, 1.64 

Hz, 0.82 Hz, and 0 Hz from 𝑡=70 min to 𝑡=110 min. In both cases, no clogging was observed until 

the oscillation was completely removed, at which point the system blocked rapidly at 𝑡=125 min 

for the amplitude decrease and 𝑡=110 min for the frequency decrease. Note that the impact of the 

pulsating pump aspiration is well observed in Figure 5.7 where lower pulsation power leads to 

greater pressure of feed lines 1 and 2. 

This result suggests that the system may be capable of suspending solids over a wide range 

of oscillation intensities. In such single-phase reactions where the homogenous feeds require 

shorter mixing times followed by longer residence times to accommodate the reaction kinetics, 

this reactor geometry may be best applied as a “mix then reside” reactor where the oscillation 

intensity can potentially be lowered as it is only required for the purpose of keeping the solids 

suspended in solution. However, further characterization of the effects of pulsation intensity and 

solid concentration on the maximum run time of the reactor remains to be determined. 
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Figure 5.7. Pressure profiles during the tests showing a decrease in amplitude (left) and 

frequency (right) with 7.9 wt% solids, leading to rapid clog formation when pulsation is stopped. 

[Glyoxal] = 0.8 M; [CHA] = 1.6 M; space time = 30 min. Left figure: amplitudes, a = 46.9 mm; 

b = 37.5 mm; c = 28.2 mm; d = 18.8 mm; e = 0 mm with clog formation. Right figure: 

frequencies, a = 3.68 Hz, b = 2.45 Hz, c = 1.64 Hz, d = 0.82 Hz, e = 0 Hz with clog formation. 

5.3.3 Effect of Gas Formation on Pulsation 

As the reactor proved successful in continuously handling solid suspensions, a second 

reaction was then tested consisting of a liquid-liquid-solid system at intensified temperature and 

pressure. However, the reaction in Scheme 5.2 could not be run for longer than 20 minutes without 

signs of clogging (Figure 5.8) at the maximum energy dissipation rate. The reaction is highly 

dependent on the effectiveness of the interphase mass transfer and requires a constant power input 

throughout the reactive volume, i.e. as a “mix and reside” type system. Previous work has shown 

that the oscillatory flow coil reactor has similar liquid-liquid interphase mass transfer performance 

to a plate-type microreactor when the energy dissipation rate is around 20 W/kg [56] and the flow 

is in the drop flow regime [45]. It was therefore desirable to reach a similar or greater energy 

dissipation rate in this system in order to disperse the organic phase and enhance the rates of DCC 

formation and PTC. However, over the course of the reaction it was observed that the oscillations 

in the reactor pressure were dampened and eventually disappeared. Once DCC is formed, it can 
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undergo one of three reactions: 1) the PTC reaction shown in Scheme 5.2 to produce the desired 

product, 2) reaction with additional NaOH to form CO(g), NaCl(s), and H2O(aq) (Scheme 5.3), and 

3) reaction with itself to form an insoluble dark-coloured CCl2 polymer chain (Scheme 5.4). 

Scheme 5.3 and 5.4 occur when DCC accumulates at the interface, and it is important to note that 

this can result from a reduced rate of DCC sequestration via PTC or from an excess of chloroform, 

as is the case here where it acts as both a solvent and reagent. This becomes increasingly likely as 

CHE is consumed and there is less reagent available to quench the DCC intermediate and produce 

the desired product. 

Scheme 5.3. Mechanism of gas formation due to insufficient interphase mixing or excess CHCl3 

for Scheme 5.2. 

 

Scheme 5.4. Polymerization of excess DCC 

 

DCC polymerization did occur as seen by a darkening of the outlet solution, indicating a build 

up of DCC at the interface. When considering a reduction in mixing and PTC efficiency, it is 

believed that the CO gas formation that results from the DCC accumulation is responsible for the 

oscillation dampening. In a closed system, the compressibility of the gas acts as a dampener and 

lowers the energy input from pulsation. This is observed via the amplitude reduction of the 

oscillation in the reactor pressure at 𝑡=5 min that is normally present due to pulsation and a steady 

increase in the system pressure due to gas formation beginning at 𝑡=7 min (Figure 5.8). Periodic 

increases and decreases in all of the pressure signals are seen as a result of the product sampling 
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cycle, as well as two large decreases at 𝑡=15 min and 𝑡=21 min as a result of manual venting of 

the system. The feed pressures are higher than the reactor pressure due to the mixing plate upstream 

of the coil. When the oscillation is dampened, the energy dissipation rate in the coil is reduced 

from about 10 W/kg (𝑡=3 min) to 0.8 W/kg (𝑡=10 minutes). This reduced rate is significantly lower 

than the previously reported energy dissipation rate required for drop flow, and as a result, the 

pulsation energy is not dissipated effectively into eddy formation in the continuous aqueous phase 

for turbulent breakup of the dispersed organic phase. This is accompanied by a reduction in the 

interphase mass transfer rate, confirmed by the low conversion of CHE that reached a maximum 

of only 14% as measured by gas chromatography. There is no clear zone in the reaction system 

where gas formation would have initiated due solely to a reduction in mixing efficiency resulting 

in accumulation of DCC. It is therefore likely initiated by the excess CHCl3 in the solvent leading 

to the reaction in Scheme 5.3. Gas formation presents a unique problem to a closed pulsated system 

where the energy input requires incompressibility of the reaction medium, which may be an 

inherent limitation of running such a reaction unless an effective method of isolating and purging, 

e.g. via a membrane, the gas while maintaining system pressure is devised. Operating at higher 

pressure may also work to inhibit gas formation by promoting its dissolution in the liquid phase. 



Chapter 5 – Handling of Solids and Flow Characterization in a Baffle-less Oscillatory Flow Coil 

Reactor 

   

B.J. Doyle, 2021   110 

 

Figure 5.8. Pressure profile for reaction 2 showing oscillation dampening due to gas formation 

and accumulation resulting in clogging at the reactor inlet. a = dampening of pulsation energy. b 

= onset of pressure increase due to CO formation. c = manual system venting  

5.3.4 Flow Characterization 

Figure 5.9 shows residence time distributions as a function of pulsation frequency as 

investigated via step change experiments. The curves for 0 Hz and 3.68 Hz pulsation with 4 

mL/min net flow represent the average of triplicate experiments. The resulting asymmetry is 

beyond the fit of a dispersion model, so the model proposed by Ham and Platzer [175] was 

employed in order to account for the tailing. An F-curve was fit to the step change raw data using 

equation (5.11). 

𝐹(𝜃) = [1 − (
𝜃𝑘
𝑀

𝜃𝑀
) (1 −

𝜃

𝜃𝑚𝑎𝑥
)
𝑀

]

8

, 𝑓𝑜𝑟 𝜃min < 𝜃 < 𝜃max 

 

(5.11) 

Here, 𝜃 is a dimensionless time, calculated by taking the ratio of the time and the reactor space 

time as calculated by equation (5.12). 𝜃𝑘 is a relationship between 𝜃𝑚𝑖𝑛 and 𝜃𝑚𝑎𝑥 (equation 

(5.13)), which are the theoretical times for the tracer to appear and to reach the feed concentration, 

respectively, according to the fitted model. 𝑀 is the fitting parameter for the model.  
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𝜃 =
𝑡

𝑡𝑅
 

(5.12) 

𝜃𝑘 =
𝜃min𝜃max
𝜃min − 𝜃max

 
(5.13) 

 

Taking the derivative of equation (5.11) leads to the E-Curve shown in equation (5.14) and Figure 

5.9. 

𝐸(𝜃) =
8𝑁𝜃𝐾

𝑀

𝜃𝑀+1
(1 −

𝜃

𝜃𝑚𝑎𝑥
)
𝑀−1

[1 − (
𝜃𝑘
𝑀

𝜃𝑀
) (1 −

𝜃

𝜃𝑚𝑎𝑥
)
𝑀

]

7

 

 

(5.14) 

Significant tailing that increases with pulsation frequency is observed, indicating a large degree of 

axial dispersion due to the back mixing induced by pulsation. This is in agreement with previous 

works in oscillatory flow reactors [176] that indicate an optimal ratio of the oscillatory velocity to 

the net flow velocity in order to achieve a near plug flow RTD, with increases beyond this optimal 

ratio resulting in a more perfectly mixed RTD. Reported optima for this ratio range from 2-4 for 

conventional-scale oscillatory flow central orifice baffle reactors [177] and, at mesoscale (~5 mm 

in diameter [176]), from 4-8 for a central baffled oscillatory flow reactor [176], 5-10 for an integral 

baffled oscillatory flow reactor with smooth periodic constrictions [176], and up to 250 for a helical 

baffled reactor [51,147]. Examining the net and oscillatory Reynolds numbers presented in Table 

5.3 shows that when the flow rate is kept constant at 4 mL/min, the ratio between the velocities is 

at least 59 and increases as high as 266. It remains unclear from the RTD curves where the optimal 

ratio of velocities lies for achieving a near plug flow RTD in this geometry. Increasing the flow 

rate tenfold with constant pulsation frequency results in a lower Reynolds number ratio of 27 and 

a narrower residence time distribution. In a longer coil with comparable space times to the 4 

mL/min RTDs, the higher flow rate would have likely then produced a narrower and more plug 

flow RTD. It is also important to note that the presence of a solid phase may have an effect on the 
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presented liquid phase RTD, and the RTD of the solids themselves may differ due to the effects of 

gravity and any deposition that may occur [61,164]. It is expected, however, that the overall trend 

of RTD broadening with increasing frequency would remain the same at the present pulsation 

intensities.  

 

Figure 5.9. Residence Time Distribution 

The first two moments of the residence time distributions were calculated and are tabulated 

as dimensionless values in Table 5.3. The experiments with no pulsation and 3.68 Hz pulsation 

were repeated in triplicate, and their mean values are reported in Table 5.3 along with their standard 

deviations. The mean dimensionless residence times are all above 1 and show an increase with 

increasing pulsation. Specifically, for these RTD experiments, the line for the pulsator did not have 

any net flow but was initially filled with ethanol before the step change to 0.8 M CHA in feed 1. 

This represents a region where the CHA tracer is able to diffuse into throughout the experiment, 

resulting in the observed mean residence time above 1. As pulsation is added and then increased, 

the increase in the mean residence time is a result of the larger degree of mixing with the pure 
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ethanol in this volume. This is also a contributor to the tailing observed in the RTD curves as the 

oscillation frequency is increased. The effect of this tailing cannot be decoupled from the measured 

RTD response at the reactor outlet, however further optimizations of this reactor geometry will 

aim to eliminate this dead zone. The pulsator feed volume is an integral part of the system that 

cannot be avoided in the case of RTD experiments and is important to consider in the case of 

operating with solid suspensions as this volume will contain solids under steady-state operation. 

The variance also shows an increase with pulsation frequency which is typical of oscillatory flow 

baffled reactors [176]. These trends indicate significant departure from plug flow and increased 

back mixing as pulsation increases. In certain cases with rapid mixing-limited reactions, however, 

the ability to separate mixing intensity from flow rate and have a continuous flow of solid/liquid 

suspensions at elevated pressure may be more important. As seen in section 5.3.2, high amplitudes 

and frequencies are not necessary to suspend solids in slower “mix then reside” type reactions, 

which will allow for a more plug flow RTD and product uniformity when the oscillatory flow 

component can be reduced. 

 Two relevant dimensionless groups for characterizing oscillatory flow in a coiled reactor 

are the Womersely number and the Dean number. The Womersley number (𝑊𝑜) is calculated 

according to equation (5.15) and represents the ratio of the transient oscillatory inertial forces to 

the viscous forces [178]. The Dean number is used to characterize the generation of secondary 

flow, in the form of vortices, in a coiled tube and is calculated from the tube diameter and radius 

of curvature (𝑟𝑐𝑜𝑖𝑙) according to equation (5.16). In this case, the Dean number is calculated as an 

oscillatory Dean number (𝐷𝑒𝑜), where the oscillatory Reynolds number is used in place of the net 

flow Reynolds number [179]. 
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𝑊𝑜 =
𝑑𝑡𝑢𝑏𝑒
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𝜔𝜌
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(5.15) 

𝐷𝑒𝑜 = 𝑅𝑒𝑜√
𝑑𝑡𝑢𝑏𝑒
2𝑟𝑐𝑜𝑖𝑙

 

 

(5.16) 

The secondary flow patterns generated in the coil depend on both the Womersley number and the 

oscillatory Dean number. For 𝐷𝑒𝑜 above 200 and 𝑊𝑜 less than 5.5 (i.e., for 0.82 Hz oscillation), 

the flow patterns have been shown to be dominated by the centrifugal effects, and the Dean vortices 

resemble those generated from steady forward flow without pulsation [179]. In oscillatory flow, 

these Dean vortices will oscillate back and forth along the flow path over the period of oscillation. 

When 𝑊𝑜 is increased above 5.5, the increasing effect of the transient oscillatory inertial forces 

causes the secondary flow to be intensified and skewed towards the inner radius of the coil wall 

until 𝑊𝑜2/𝐷𝑒𝑜 (i.e., the ratio of the inertia of the main flow to the secondary flow) reaches about 

0.655, at which point the inertial forces become focused in the centre of the pipe and can result in 

stagnation of the secondary flows along the outer wall [179]. The oscillation intensities presented 

in Table 5.3 all have a 𝑊𝑜2/𝐷𝑒𝑜 value of about 0.0955, while the highest obtained value of 0.24 

occurred with low amplitude in section 5.3.2 (18.8 mm, Figure 5.7). This indicates that for all 

tested pulsation intensities, intense Dean secondary flows are generated throughout the pipe and 

the boundary layers along the walls, and hence any zones for stagnation and solid deposition 

resulting in clogging to occur, are minimized [180]. These secondary flows are essential in keeping 

solids suspended for continuous operation. In scaled-up applications of this reactor geometry, it is 

proposed that the transport properties of the reactor may be maintained through the manipulation 

of the oscillatory flow intensity. Macromixing performance may be maintained via similarity in 

the 𝑅𝑒𝑜/𝑅𝑒𝑛 ratios - as has been observed in baffled geometries [181,182], whereas the 
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micromixing performance may be maintained when the flow is sufficiently turbulent and there is 

similarity in the energy dissipation rates – as has been observed in comparisons between plate-

type microreactors and a longer iteration of the current reactor geometry [56]. 

Table 5.3. Residence time moments and dimensionless flow numbers at varying pulsation and 

flow rates 

Flow Rate [mL/min] 4 4 4 4 40 

Pulsation [Hz] 0 0.82 1.84 3.68 3.68 

𝜽𝒎(M1) / 𝒕𝑹 [--] 1.04 +/- 0.046 1.09 1.12 1.20 +/- 0.055 1.07 

𝝈𝜽
𝟐(M2) [--] 0.018 +/- 0.0089 0.062 0.11 0.26 +/- 0.089 0.052 

𝑹𝒆 [--] 14 14 14 14 140 

𝑹𝒆𝒐 [--] 0 857 1901 3718 3718 

𝑹𝒆𝒐/𝑹𝒆𝒏 [--] 0 61 136 266 27 

𝑾𝒐 [--] 0 4.6 6.8 9.5 9.5 

𝑫𝒆𝒐 [--] -- 219 486 950 950 

 

5.3.5 Particle Size Distribution and Morphology 

Particle size distributions (PSD) and morphologies were examined in order to characterize the 

effects of pulsation on product uniformity. Figure 5.10 shows the particle size distributions from 

equal space time reactions in batch and in flow with varying pulsation. The results are quantified 

using the median volume equivalent diameter, or 𝐷𝑣50, and the span, which is calculated according 

to equation (5.17) where 𝐷𝑣10 and 𝐷𝑣90 are the volume equivalent diameters that will account for 

10% and 90% of the distribution, respectively. 

𝑆𝑝𝑎𝑛 =
𝐷𝑣90 −𝐷𝑣10

𝐷𝑣50
 

 

(5.17) 

The particles produced in batch have the smallest 𝐷𝑣50 of 62.17 µm and the narrowest 

distribution with a span of 1.51. The particles sizes in batch were compared from 3 tests with 300 

rpm, 600 rpm, and 900 rpm, and the effect of grinding by the stir bar was found to be marginal 
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(𝐷𝑣50 = 66.58, 62.17, and 57.32, respectively). The effect of stir speed on the solid yield was 

similarly marginal (5.04 wt%, 4.6 wt%, and 4.8 wt% for 340 rpm, 490 rpm, and 600 rpm, 

respectively), indicating that the mixing speed was sufficient to render the reaction kinetically 

limited. The smaller 𝐷𝑣50 in batch is a result of the uniformity of mixing within the flask resulting 

in more frequent nucleation and smaller final products, whereas the smaller span is due to the 

particles all residing for an equal length of time in the flask. When the reaction is run in flow with 

pulsation, the 𝐷𝑣50 and span both increase when compared to their batch counterpart. This can be 

explained by considering the RTD data, where the relatively broad particle size distributions with 

larger mean sizes are a result of the axial dispersion and tailing as observed in the RTD experiments 

assuming reactants and products follow similar trends. Increasing the mixing intensity in flow 

decreases the 𝐷𝑣50 and broadens the span. The 𝐷𝑣50 decrease is in agreement with previous works 

in oscillatory baffled crystallizers in batch [57,183,184] and occurs due to the effect of 

hydrodynamics on the nucleation rate [183] and the effect of mixing intensity nucleation 

uniformity [57]. The broadening of the span with increasing pulsation is in agreement with the 

broadening of the RTDs in flow with pulsation frequency. Thus, an intermediate pulsation 

frequency in this case may be best for producing more uniform particles that are relatively large 

and in the range of sizes (𝐷𝑣50 of 100 – 500 µm) usually desired for industrial crystallization [54]. 

Particle morphology as examined by light microscopy is shown in Figure 5.11. As expected 

from the PSDs, moving from batch to pulsated flow increases the mean particle size, and further 

increases in pulsation frequency result in smaller particles with less uniform sizes. 
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Figure 5.10. Particle Size Distribution for Scheme 5.1. [Glyoxal] = 0.2 M, [CHA] = 0.4 M. 

Space time = 30 min.  

 

 

Figure 5.11. EDDC particle morphology after 30 minutes in batch or flow with varying pulsation 

frequency. Scale bar = 100 µm 

 Conclusions 

In this report, the solid handling capabilities and flow patterns of a baffle-less oscillatory flow 

reactor are characterized. The reactor was tested with two reactions, namely a precipitation 
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reaction and a mass transfer limited phase transfer catalysis reaction. In the first reaction, the 

reactor geometry proved capable of continuously handling solid suspensions with stable operation 

for 120 minutes with solid concentrations as high as 7.9 wt% and for 5 hours with a solid 

concentration of 5.8 wt% at an energy dissipation rate of 13 W/kg. In all cases, no signs of clogging 

were observed and the maximum run time of the presented reactor geometry with constant 

pulsation remains unknown. Decreasing the amplitude and frequency did not result in clogging 

until the pulsation was turned off. Lower energy dissipation rates are therefore likely sufficient to 

suspend solids for “mix-then-reside” type reactions that are limited by the intrinsic reaction 

kinetics. However, the maximum run time with a given solid concentration and pulsation intensity 

remains to be determined.  

In the second reaction, the formation of side-product gas resulted in a dampening of the 

pulsation energy as observed by an approximately 10-fold reduction from 10 W/kg to 0.8 W/kg in 

the oscillatory energy dissipation rate. In this case, clogging was observed as a result of the 

pulsation dampening and the operability for handling solid suspensions was reduced. Gas 

formation presents a unique problem in closed pulsated systems where the reaction medium must 

be incompressible in order for the pulsator to deliver sufficiently high power for keeping solids in 

suspension.  

Although effective in preventing blockage, the relatively intense pulsation (𝑅𝑒𝑜/𝑅𝑒𝑛 from 27 to 

266) is also accompanied by a broadening of the residence time and particle size distributions. The 

results show that the oscillation is an effective method of separating mixing energy from flow in 

order to continuously flow an incompressible solid suspension, and further optimization of the 

relative net and oscillatory flow velocities is required to achieve a more plug flow residence time 

distribution. Alternatively, a 4.6 mm inner diameter coil has proven quite robust toward solid-
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liquid handling and as such, the reactor size could potentially be further reduced in oscillatory-

flow so that the net flow velocity is increased to decrease the 𝑅𝑒𝑜/𝑅𝑒𝑛 ratio. Further 

miniaturization would favor simpler process development at low flow rates. 

Abbreviations 

CHA = Cyclohexylamine 

EDDC = N,N’-(1E,2E)-Ethane-1,2-diylidenedicyclohexanamine 

DCC = Dichlorocarbene 

CHE = Cyclohexene 

PTC = Phase Transfer Catalysis 

Nomenclature 

Symbol Meaning Units 

C Concentration mol/L 

Deo Oscillatory Dean number -- 

Dv10 
Volume equivalent diameter accounting for 10% of the particle size 

distribution 
µm 

Dv50 Mean volume equivalent diameter µm 

Dv90 
Volume equivalent diameter accounting for 90% of the particle size 

distribution 
µm 

𝑑tube Coil diameter m 

𝑓 Oscillation frequency -- 

M Fitting Parameter for Eqs. 10 and 13 -- 

N Number of moles moles 

P Pressure Pa 

Po Oscillatory Pressure Pa 

Qnet Net volumetric flow rate mL/min 
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rcoil Coil radius of curvature m 

Ren Net flow Reynolds Number -- 

Reo Oscillatory Reynolds number -- 

T Temperature °C 

t Time s 

tR Nominal space time (based on the reactor volume) s 

un Net flow velocity m/s 

uo Oscillatory velocity m/s 

uo,max Maximum oscillatory velocity m/s 

VR Reactor volume m3 

Wo Womersley number -- 

𝑥coil Center to peak oscillation amplitude in the coil m 

𝑌̌ Overall yield on a basis of 100% conversion % 

Z Coil length m 

Greek Symbols 

Symbol Meaning Units 

𝛿 Phase angle rad 

𝜖  ̅ Average energy dissipation rate W/kg 

𝜖𝑛̅𝑒𝑡 Net flow energy dissipation rate W/kg 

𝜖𝑜̅ Oscillatory energy dissipation rate W/kg 

θ Dimensionless time -- 

θk Relationship between θmin and θmax in Eq. 12 -- 

θm Mean dimensionless residence time -- 

θmax Dimensionless time for tracer to reach feed concentration -- 

θmin Dimensional time for tracer to appear -- 

𝜇 Dynamic viscosity Pa s 

𝜌 Density kg/m3 

𝜌c Continuous phase density kg/m3 

σθ2 Dimensionless variance -- 
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ω Oscillation angular frequency rad/s 
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6. Continuous and Intensified Production of an API Suspension Under 

Oscillatory Flow 

Abstract 

 A baffleless oscillatory flow coil reactor is implemented for the continuous production of 

a sodium zirconium cyclosilicate (SZC) species (ZS-9) suspension at elevated temperature and 

pressure. Development of the process and the resulting effects on product quality are outlined, 

including both mechanical changes to the reaction system itself and parametric tests of the 

operating conditions. The reaction apparatus proceeded through several iterations, where physical 

changes upstream of the crystallization coil from a simple T-junction mixing point to the final 

system containing a pre-filled seeding loop led to significant improvements in product quality. The 

effects of system temperatures, fluid space times, and oscillation intensity are then outlined, 

leading to final operating conditions consisting of a 1-hour crystallization fluid space time at 

245°C, a 173°C seeding temperature, and a velocity ratio (𝑅𝑒𝑜/𝑅𝑒𝑛) ratio of 175, and a ZS-9 

production rate of 40 g/hr. Finally, a mixing-based scale-up methodology is proposed for the 

design of a production scale system for a ZS-9 production rate of 11.9 kg/hr.   
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 Introduction 

Solids are frequently encountered in the pharmaceutical industry at various stages of 

processing. This is particularly evident when considering the active pharmaceutical ingredient 

(API) itself, where, as of 2009, over 90% of APIs were crystalline forms of small organic 

molecules [185]. Continuous processing of these molecules at relatively low production rates is 

rather difficult due to problems associated with pipe fouling and clogging, resulting in the usage 

of primarily batch unit operations that are versatile and less likely to plug when solid handling is 

required. However, due to the heat transport limitations associated with larger-volume batch 

reactors and in the interest of process safety, reactions in such vessels are often performed diluted 

or semi-batchwise resulting in less efficient utilization or prevention of specific reaction pathways 

[42], and leading to significant solvent requirements and large E-factors (i.e., the mass of waste 

generated per mass of product) [13]. It is therefore desirable to intensify these processes in order 

to improve their overall performance and environmental sustainability [21].  The definitions of 

process intensification itself are broad, but most encompass a general requirement to miniaturize 

processing equipment [19], allowing for one to employ more intensified reaction pathways and 

conditions [143]. Continuous processing is generally required in order to achieve a meaningful 

production capacity in a miniaturized reaction system and leads to several advantages over large-

scale batch processes including enhanced heat and mass transfer and reduced footprints of 

equipment, resulting in increased sustainability, better yields and/or conversions, and safer 

hazardous materials handling [54]. Miniaturized process can also generally obtain higher pressure 

ratings without incurring the large costs associated to the construction of larger high pressure 

vessels [186]. However, continuous processing of solid suspensions in miniaturized reaction 

systems is difficult due to the amplified risk of channel blockage. 
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Crystallization is an important unit operation in the purification and refining of pharmaceutical 

products [187,188] that is often performed in batch and is, as a result, frequently subject to inter-

batch variability [189]. When operated continuously, a more uniform crystallization environment 

can be obtained that offers better control over the product crystal properties [190]. Examples of 

continuous and intensified crystallization systems include mixed-product mixed-suspension 

removal (MSMPR) crystallizers [73,74,162], oscillatory flow reactors 

[53,54,59,153,174,183,184,191], coiled tubular crystallizers [61,190], miniaturized continuous 

stirred tank reactors (CSTRs) [75,155], and a cascade of chambers having off-center inlets and 

outlets [192]. These reactors employ either active and/or passive mixing techniques in order to 

maintain flow of a solid suspension and to prevent clogging, where active mixing relies on an 

external energy input and passive mixing makes use of the pumping energy to generate mixing 

through variations in channel geometry [144]. The use of active mixing results in a decoupling of 

the flow rate and mixing energy, allowing for both properties to be tuned independently to the 

needs of a given reaction environment.  

Sodium zirconium cyclosilicate (SZC) is an insoluble microporous inorganic compound that 

is used in the treatment of acute hyperkalemia (i.e., elevated serum potassium levels). The 

compound selectively exchanges sodium for potassium within the gastrointestinal tract, effectively 

lowering the potassium levels in the serum [193]. Several forms of SZC exist from ZS-1 to ZS-11, 

where ZS-9 is considered the most effective in absorption of potassium [194] and, in its orally 

administered form, should have a particle diameter greater than 3 µm in order to prevent absorption 

into the patient’s bloodstream [195]. Previous methods of ZS-9 generation have been performed 

via batch operation, where the principle reaction occurs over the course of 72 hours at 200°C in an 

18.9 L vessel with a proposed larger-scale production vessel of 200 litres or larger [195]. 
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Given the potential for process intensification and increased productivities in miniaturized 

continuous reaction technologies, the objective of this work is to develop such a system for 

continuous crystallization of a ZS-9 suspension under oscillatory flow in a baffleless coiled tube. 

The employed reactor system has previously shown its capability in continuously handling solid 

suspensions composed of 7.9 wt% solids [59]. The Hastelloy and stainless-steel construction of 

the reaction system permits operation under high temperatures and pressures in an alkaline reaction 

environment. A combination of both active and passive mixing is used, via high intensity 

pulsations and the generation of Dean secondary flows through the coil curvature. The baffleless 

geometry of the coil lowers the risk of dead zones and clogging and allows for more effective 

cleaning for GMP applications. A description is provided outlining development of the reaction 

platform, where mechanical changes to the system itself resulted in longer run times without 

clogging and higher purity ZS-9. Parametric tests of the operating conditions including 

temperatures, fluid space times, and oscillation intensity are described leading to the selection of 

a final set of production operating conditions. Finally, a scale-up methodology is proposed for ZS-

9 production at the tonne scale.  

 Materials and Methods 

6.2.1 ZS-9 Crystallization Reaction 

ZS-9 is a crystalline compound consisting of oxygen, silicon, and zirconium, the structure of 

which is shown in Figure 6.1a. The cubic crystal structure is composed of a microporous network 

of octahedral Zr and tetrahedral Si units covalently bound to shared oxygen atoms, giving the 

overall structure a negative charge that is balanced by positive counter ions within the pore 

openings (Figure 6.1b) [194]. Formation of the solid occurs through a high temperature 

hydrothermal crystallization using reactive sources of zirconium, silicon, and an alkali metal. In 
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the present iteration, these reagents were supplied to the reaction as zirconium acetate (ZrOAc), 

sodium silicate ((NaOH)x(Na2SiO3)y) solution, and sodium hydroxide (NaOH) in an aqueous 

environment. The overall balanced reaction is shown in equation (6.1).  

 

Figure 6.1. a: Crystal structure of ZS-9. Blue: oxygen, green: silicon, red: zirconium [194]. b: 

Counter ion binding pore opening of ZS-9.  

3(𝑁𝑎2𝑂 · 𝑆𝑖𝑂2)𝑛 (𝑎𝑞) + [𝑍𝑟𝑂3]
2− + 2.7𝐻2𝑂 + 4𝐻𝑂𝐴𝑐

→ 𝑁𝑎2𝑍𝑟𝑆𝑖3𝑂9𝑥2.7𝐻2𝑂 + 4𝑁𝑎𝑂𝐴𝑐 + 2𝑂𝐻
− + 𝐻2𝑂 

(6.1) 

6.2.2 Lab-Based Development of the Continuous Reaction System [100] 

A general and simplified process flow diagram of the continuous flow reaction system is shown 

in Figure 6.2. The system can be divided into two regions, namely, region 1 which consists of the 

mixing point and all upstream components from the crystallization coil entrance, and region 2 

which consists of all components downstream from and including the crystallization coil. During 

development of the continuous system, region 1 was varied in order to obtain higher purity ZS-9 

and longer reaction run times without clogging (see section 6.3 for more detail), whereas region 2 

remained constant throughout. The system was prefilled with water before the start of each 

experiment (unless indicated otherwise, see section 6.3). Feed 1 was a 100% ZrOAc solution 
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(American Elements, ZR-AC-03-SOL) and feed 2 consisted of a 7.5 wt% NaOH (from 25 wt% 

stock) and 31 wt% sodium silicate ((NaOH)x(Na2SiO3)y, 10.6 wt% Na2O, 26.5 wt% SiO2) solution 

(Sigma-Aldrich, 338443) in deionized water. Feed 1 was pumped by a 500 mL ISCO 500D syringe 

pump at 1.23 g/min while Feed 2 was pumped at 6.85 g/min by (depending on the setup 

configuration) either a flusys WADose HPLC pump or two intermittently operated ISCO 260D 

syringe pumps. Both solutions were fed via 1.75 mm ID stainless steel tubing and passed through 

one-way valves implemented to prevent any back flow that may occur due to oscillation of the 

fluid. Feed 1 was dosed as a pure ZrOAc solution at a lower flowrate in order to more closely 

resemble the dropwise addition of ZrOAc that has been employed during batch production[195]. 

The two feeds were mixed downstream of the one-way valves at the point where the oscillation 

was imposed on the fluid by the pulsator. All tubing after the one-way valves (where solids were 

present) had an internal diameter of 4.57 mm. The mixing point was a key area of variation during 

development of the system and more details are provided in section 6.3. The pulsator itself was a 

LEWA LDB1 reciprocating pump with a 14 mm diameter head, maximum operating pressure of 

80 barg, and in-coil fluid amplitude and frequency ranges that can be adjusted from 0-70.4 mm 

and 0-4.09 Hz, respectively. Generally, the pulsator was operated at its maximum capacity (i.e., 

70.4 mm amplitude and 4.09 Hz) unless indicated otherwise. The reaction mixture was then fed to 

the crystallization coil, which was a helical tubular reactor constructed from Hastelloy tubing. The 

crystallization coil had a volume of 400 mL, a length of 24000 mm, a coil radius of 151 mm, and 

a pitch of 10 mm. The crystallization coil was heated by a Huber T305 thermostat circulating DW-

Therm HT heat transfer oil. The suspension containing the product was then fed to a 27.3 mL 

Hastelloy helical coil (1670 mm length, 120 mm coil diameter, 6 mm pitch) which was cooled to 

12 °C by water from a service line. The cooled product suspension was then sent to a cascade of 
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sampling containers which allowed for intermittent sampling at high pressure followed by a 

cyclone for depressurization. The cascade sampling system used in this work was adapted from 

the work of White et al. [36] and was used in a previous and smaller iteration of the present 

oscillatory flow helical coil reactor [59]. 60 barg of back pressure was applied to the system at the 

inlet of the sampling cascade via a N2 cylinder in order to maintain a liquid-phase reaction mixture 

and to prevent cavitation during oscillation. Pressure measurements were taken around the system 

with WIKA M-11 0-100 barg pressure sensors and temperatures were measured with PT100 

temperature sensors. Data was recorded and pump control was performed via a Hitec Zang 

laboratory process control system.  
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Figure 6.2. General and simplified process flow diagram for continuous ZS-9 suspension 

production. Region 1 (left) represents the mixing point and upstream components that were 

varied during development. Region 2 (right) represents the region downstream of the mixing 

point that remained constant throughout development. 

6.2.3 Product Collection and Analysis 

The product suspension was collected for 30 minutes, after operation for 2 fluid space times 

(fluid space time in the crystallization coil is in general 1 hour), from the sampling cascade and 

filtered through a filter funnel under vacuum with a pore size of either p40 (16 – 40 µm) or p16 

(10 – 16 µm) depending on availability. The filter cake was then collected and washed with 
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deionized water for 30 minutes at 42 °C with magnetic stirring in order to remove any remaining 

mother liquor in the product. The product cake was then dried overnight under vacuum at 50 °C. 

The dried product was then ground lightly with a mortar and pestle to break up any large clumps 

and obtain a consistent and fine powder. Primary analysis of the product powder was performed 

via X-ray diffraction (XRD). Samples were compared to a standard spectrum obtained from pure 

ZS-9. Samples that did not contain pure ZS-9 were not analyzed further. For an example of the 

analysis via XRD, see Figure 6.3 showing an amorphous solid indicated by a broad baseline (a), a 

crystalline solid containing side species of SZC (b), and a pure and crystalline ZS-9 product (c). 

Those samples that were determined to be pure ZS-9 were further characterized by determining 

the amount (%) of amorphous content and by collecting particle size distributions (PSD) using a 

Malvern Laser Diffraction Mastersizer 2000.   



Chapter 6 – Continuous and Intensified Production of an API Suspension Under Oscillatory 

Flow 

   

B.J. Doyle, 2021   131 

 

Figure 6.3. Examples of product analysis via XRD. a: amorphous solid indicated by a 

broadening of the baseline. b: Side product formation indicated by peaks that do not correspond 

to the reference sample. c: pure and crystalline ZS-9. 

 Development of the Continuous Reaction System  

During development of continuous reaction system, region 1 (Figure 6.2) was identified as a 

key area where modifications to the system itself could provide improvements to product quality 

and longer run times without clogging. Only the mechanical changes to the system itself are 

described in this section, whereas details regarding parametric tests related to the operating 

conditions (i.e., temperatures, pulsation intensity, and fluid space time) are described in section 

6.4. The progression from the first to final iterations of region 1, identified here as setups 1 through 

3c, respectively, is shown in Figure 6.4. Initially in setup 1, pulsation was applied to feed 1 and 
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the reagent feeds were mixed at a simple T-junction before being feed to the crystallization coil. 

The resulting product was a mixture of ZS-9 and ZS-7, where the concentration of ZS-7 was much 

greater than that of ZS-9. In order to increase the amount of ZS-9 produced in the reactor, a seeding 

container with 10 wt% ZS-9 seeds (DV(10) = 8 µm, DV(50) = 14 µm, DV(90) = 25 µm, 0% below 

3 µm) in water was then added in setup 2 to the feed 1 line. After opening the seeding container, 

seeds were fed to the system by gravity and through mixing generated by the pressure oscillations. 

Samples collected from setup 2 still showed a mixture of ZS-7 and ZS-9, but in this case the purity 

had improved, and the relative concentration of ZS-9 was higher than that of ZS-7. In both setups, 

amorphous solids were present in the product.  

Setup 3a saw significant and essential changes made to region 1 of the continuous reaction 

system. First, a seeding loop with a heated seeding coil was installed that allowed for a 1 wt% 

solution of ZS-9 seeds in water to be pre-loaded into the mixing point and seeding coil. In order to 

do so, the seeding solution was fed at atmospheric pressure via an Ismatec MCP Standard pump 

with a PTFE tubing pump head, where it passed through the mixing point and seeding coil and 

subsequently returned to the feed jar. At the outlet of the seeding coil, a 3-way valve with ball 

valves at either outlet was installed to allow the seeding solution to exit at atmospheric pressure 

while region 2 of the system was held at 60 bar. Continuous seeding throughout the course of the 

reaction was not possible in this case due to the high system pressure well exceeding the operating 

range of the peristaltic pump. Prior to initiation of the reaction, the seeding loop was closed and 

region 1 was pressurized. At the mixing point, injectors for each feed were installed by feeding 

1/8” tubing through the 1/4” 4-way junction, such that the injectors were directly pointed at each 

other, in order to promote better reagent mixing by bringing the initial contact point between the 

two feeds closer together. Installation of the described components to region 1 resulted in a product 
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that contained pure ZS-9 but had a significant amount of amorphous content present. However, 

the 1/8” injector of feed 1 was prone to clogging and was only able to run for 240 minutes total 

over the course of two tests (150 min and 90 min each, washed with water in between) before 

blockage occurred. In addition, the check valves of the flusys WADose pump (feed 2) began to 

fail, likely due to the constant and intense pressure oscillations throughout the system.  

In order to improve the run times from setup 3a, the 1/8” injectors were removed from the 1/4” 

4-way junction. The feeds in setup 3b were thus mixed in the same orientation as setup 3a, but 

with all tubes that can contact a suspension now 1/4” in diameter. For the feed 2 dosage, the flusys 

WADose pump was replaced with two intermittently operated ISCO 260D syringe pumps. These 

pumps were more stable under the oscillating pressure of the system due to their reliance on only 

one large constantly pumping syringe versus the small alternating chambers and check-valve of 

the flusys WADose. In order to achieve a near-constant feed 2 dosage, the pumping modes of the 

two ISCO pumps were switched manually such that one pump was always refilling while the other 

was pumping. It is also possible to automate the switching process so that no manual input is 

required. The result of the described modifications was an extension of system run times before 

clogging, where 1415 minutes of intermittent running time over several experiments was possible 

before the first clog appeared at the feed 1 inlet to the mixing point (five experiments of 150 min, 

one experiment of 180 min, one experiment of 210 minutes, and one experiment of 275 min, with 

water washing in between each experiment). The maximum continuous run-time of this system is 

not known.  

The final iteration of the continuous reaction system saw small changes implemented in order 

to further extend the system runtime before clogging and to more closely resemble the dropwise 

addition of ZrOAc in batch production. For the reduction of clogging frequency, the positioning 
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of the inlets for feed 1 and feed 2 were separated in such that they were 15 cm apart and were no 

longer pointed directly at one another. It was believed that the lower flowrate of feed 1 relative to 

feed 2 was resulting in a directional imbalance of the net flow that caused clogs to form at the feed 

1 inlet when they were directly opposite to one another. Related to the dropwise addition of ZrOAc 

in batch, setup 3c saw the seeding loop prefilled with ZS-9 seeds in feed 2 rather than in water as 

was used previously. The system was therefore prefilled with seeds in feed 2 up to the exit of the 

seeding coil, with the rest of the system prefilled with water. Using this setup, continuous runtimes 

were extended with several long runs being completed having run times of 390 min, 405 min, 405 

min, 300 min, and 300 minutes. A representative pressure profile for the system during extended 

runs in setup 3c, taken from the 390 min run, is shown in Figure 6.5. No sudden pressure spikes 

indicating clog formation were observed over the course of the long runs. Large oscillations in the 

system pressures are seen as a result of the pulsating flow that reach an average value of about +/- 

18 bars at steady state. A broadening of the oscillations is observed, as well as a decrease in the 

feeds 1 and 2 pressures that results from increased pumping pressure from the pulsator after about 

60 minutes when the system becomes filled with the solid suspension. Several periodic downward 

spikes in feed 2 are also observed as a result of the manual switching and filling of the ISCO pumps 

which could effectively be removed via automated pump switching. Importantly, using this new 

orientation of the feed inlets, the fittings at the feed 1 inlet became much more accessible and were 

therefore changed periodically to prevent any potential blockage from occurring. Total runtimes 

over several experiments in this setup can therefore not be directly compared to the other setups. 

Crystalline and pure ZS-9 was produced using this setup using operating conditions that were 

determined in the parametric studies described in the following section.  
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Figure 6.4. Progression of the mixing point and upstream components of the system for 

continuous ZS-9 suspension production.  
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Figure 6.5. Representative pressure profile for continuous ZS-9 suspension production with a 

390 min run time. 

 Parametric Analysis of Reaction Conditions 

With longer run times possible in setup 3c, it was then necessary to bring the product quality 

within a certain set of specifications. Namely, the product needs to be pure and crystalline ZS-9 

having a cubic shape, and where less than 3 vol% of said particles have a diameter (of a sphere 

with an equivalent volume) below 3 µm. Several operating conditions were varied in order to bring 

the product within the range of these specifications, including fluid space time, crystallization 

temperature, seeding temperature, and oscillation intensity. A summary of the base reaction 

conditions is shown in Table 6.1. Unless indicated otherwise, results were compared within the 

experiments performed in setup 3c.  
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Table 6.1. Base reaction conditions for parametric analysis of the operating conditions. 

Parameter Value Unit 

Crystallization Fluid Space Time 1 hr 

Crystallization Temperature 252 °C 

Seeding Temperature 173 °C 

𝑅𝑒𝑜 62455 -- 

𝑅𝑒𝑛 356 -- 

𝑅𝑒𝑜/𝑅𝑒𝑛 175 -- 

Strouhal Number, 𝑆𝑡𝑟 0.0052 -- 

 

The effect of fluid space time is shown in Figure 6.6. When the space time is cut in half to 30 

minutes in the crystallization coil, the result is pure ZS-9 with a large portion of amorphous 

content. At the base value of 1 hour, product quality is improved with pure ZS-9 having only 1.4% 

amorphous content. When the space time is extended further to 1.5 hours, the resulting product is 

primarily composed of ZS-7. These results indicate that formation of the product proceeds first 

through an amorphous solid that requires a certain time at elevated temperature to rearrange and 

become crystalline ZS-9, but when given too much time the solid transitions to ZS-7.  
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Figure 6.6. Effect of crystallization coil space time on the product XRD profile in setup 3c. Note 

that the change in space time is accompanied by a change in 𝑹𝒆𝒐/𝑹𝒆𝒏, having values of 88 for 

experiment 6718-34 and 263 for experiment 6718-37. All other reaction conditions are as listed 

in Table 6.1. 

Given the transition of the product from an amorphous solid, to crystalline ZS-9, to crystalline 

ZS-7, there are presumably many potential combinations of crystallization temperature and space 

time that can be employed in order to arrive at the desired crystalline ZS-9 product. Accordingly, 

the effect of crystallization temperature on the product composition was then tested with a 1-hour 

crystallization time. The results of varying the crystallization temperature between 262°C and 

245°C are shown in Figure 6.7. Note that in this figure, only the experiment at 245°C was 

performed in setup 3c, whereas the rest were performed in setup 3b. It is also important to note 



Chapter 6 – Continuous and Intensified Production of an API Suspension Under Oscillatory 

Flow 

   

B.J. Doyle, 2021   139 

that two different pulsation intensities are shown in this figure, with the first two tests at 262°C 

and 252°C having an 𝑅𝑒𝑜/𝑅𝑒𝑛 of 105, and the second two tests at 252°C and 245°C having an 

𝑅𝑒𝑜/𝑅𝑒𝑛 value of 175. With 𝑅𝑒𝑜/𝑅𝑒𝑛 of 105 and at the highest tested crystallization temperature 

(262°C), the product is primarily ZS-7. Decreasing the crystallization temperature to 252°C 

resulted in more ZS-9 being produced, albeit still in a mixture with ZS-7 due to the lowered 

pulsation intensity. Attributing the resultant product mixture to the lower mixing intensity is clear 

when comparing the two products shown in Figure 6.7 from crystallizations at 252°C, where the 

higher intensity oscillation produced significantly more ZS-9 with only a small amount of ZS-7, 

the effect of which is discussed further below. With 𝑅𝑒𝑜/𝑅𝑒𝑛 of 175, decreasing the temperature 

further from 252°C to 245°C resulted in a better-quality product consisting of crystalline ZS-9 

with no ZS-7 content. Importantly, the crystallization at 245°C also generated larger particles, with 

only 9.81 vol% having a diameter below 3 µm compared to 12 vol% at 252°C.  However, because 

the reaction at 245°C was performed in setup 3c with a different injection approach to that 

employed in the reaction at 252°C, attributing the improvement in product quality to the 

temperature decrease alone is not possible, and it may be a result of both the temperature and 

injection approach.  
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Figure 6.7. Effect of crystallization coil temperature on the product XRD profile. Reactions at 

252°C were performed in setup 3b while the reaction at 245°C was performed in setup 3c Top 

row: 𝑹𝒆𝒐/𝑹𝒆𝒏 = 105. Bottom row: 𝑹𝒆𝒐/𝑹𝒆𝒏 = 175. All other reaction conditions are as listed in 

Table 6.1. 

Next, the effect of the seeding temperature on the product quality was tested over a range 

of 70°C to 173°C, the results of which are shown in Figure 6.8. In all cases, the resulting product 

was pure ZS-9. Differences arose, however, in the amount of amorphous content present in each 

sample, where higher seeding temperatures resulted in lower percentages of amorphous content. 

The exact reason for this is unclear and may be a result of increased micromixing rates due to the 

lowered solution viscosity, and/or a result of a quickened transition through the amorphous phase 

at elevated temperature. It was essential to allow time for all the Zr starting material to convert to 

ZS-9 with the correct stoichiometry before forming the crystalline product, as failing to do so can 
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result in the formation of other SZC species. As mentioned previously with regards to 

crystallization space time and temperature, there are likely many possible combinations of seeding 

space times and temperatures that will help to produce pure and crystalline ZS-9. However, given 

that 1 hour of crystallization time was determined to be the most beneficial within the tested 

operating conditions (vide supra), the fluid space time within the 30 mL seeding coil was thus 

fixed at a corresponding time of 3.9 minutes. Higher seeding temperatures were not tested in the 

present reaction system but may result in more crystalline products. 

 

Figure 6.8. Effect of seeding temperature on the product XRD profile. Top row: 𝑹𝒆𝒐/𝑹𝒆𝒏 = 105 

in setup 3a. Bottom row: 𝑹𝒆𝒐/𝑹𝒆𝒏 = 175 in setup 3b. All other reaction conditions are as listed 

in Table 6.1. 
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 During the tests on the space times and operating temperatures, it was observed that the 

pulsation intensity, i.e. the 𝑅𝑒𝑜 value, had a significant impact on the product quality. The effect 

of the pulsation intensity was therefore tested between the range of 𝑅𝑒𝑜/𝑅𝑒𝑛 from 105 to 175 

using the base conditions outlined in Table 6.1, and the results are shown in Figure 6.9. At the 

presented reaction conditions, only the reaction having the highest 𝑅𝑒𝑜/𝑅𝑒𝑛 value resulted in a 

pure ZS-9 product. When looking at Figure 6.8, however, it is clear that ZS-9 can also be produced 

with lower pulsation intensities (although with higher amorphous content) when the seeding 

temperature is also lower. In batch experiments, it was found that amorphous solid formation is 

instantaneous upon dropwise addition of ZrOAc to feed-2. It is therefore hypothesized that when 

the seeding temperature is high (i.e., 173°C), SZC formation becomes micromixing limited with 

lower pulsation intensities, and a lower micromixing time (via increased pulsation intensity) is 

likely required to quickly provide a more uniform reaction environment with respect to reagent 

concentrations in order to promote ZS-9 formation over other SZC species. Conversely, at lower 

seeding temperatures the SZC formation may be kinetically limited, with formation of ZS-9 

occurring more rapidly than ZS-7. 



Chapter 6 – Continuous and Intensified Production of an API Suspension Under Oscillatory 

Flow 

   

B.J. Doyle, 2021   143 

 

Figure 6.9. Effect of pulsation intensity (𝑹𝒆𝒐/𝑹𝒆𝒏) on the product XRD profile. All other 

reaction conditions are as outline in Table 6.1. 

Based on the results above, the final operating conditions for ZS-9 production were 

selected to have a 1 hour crystallization fluid space time at 245°C, a 173°C seeding temperature, 

and a 𝑅𝑒𝑜/𝑅𝑒𝑛 ratio of 175. Analyses of the product, including XRD, scanning electron 

microscopy (SEM), and PSD, are shown in Figure 6.10 below. With these reaction conditions, 

pure cubic ZS-9 crystals are generated with no amorphous content, and with 9.81 vol% of particles 

having a diameter less than 3 µm. Although the particles did not ultimately meet the goal of less 

than 3 vol% below 3 µm, the remaining ~7 vol% of small particles could be removed via 

filtration[195]. With these operating conditions, solid product was produced at a rate of 40 g/hour 

from an 8.5 wt% ZS-9 solution.   
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Figure 6.10. Analysis of the ZS-9 product at the final selected operating conditions. a: XRD 

profile showing pure ZS-9 with no amorphous content. b: scanning electron microscopy showing 

cubic ZS-9 crystals, scale bar = 25 µm. c: PSD reporting 9.81 vol% of product crystals below 3 

µm diameter. 

 Scale-Up to Production Scale 

The desired final amount of ZS-9 production lies in the tonne scale. Considering the rate of 

ZS-9 production achieved in the above experiments at lab scale, a substantially higher throughput 

and resulting reactor volume will be required in order to produce such a quantity of material in a 

reasonable time frame. For the purpose of the analysis and discussion below, the scaled-up product 

throughput is set at a rate of 1 tonne in 3.5 days, or 11.9 kg/hr of product, which is 288 times 

greater than that obtained at lab-scale. Using an 8.5 wt% solution (as obtained at lab-scale) results 

in a net throughput of roughly 140 kg/hr or 117 L/hr.  The volumes of the larger coils should 
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therefore be 117 L for the crystallization coil (1-hour fluid space time) and 11.4 L for the seeding 

coil (3.9 min fluid space time).  

In baffled oscillatory flow reactor geometries, scale-up has previously been performed by 

maintaining both geometric similarity in the baffle size and orientation, and dynamic similarity in 

the fluid mixing as governed by a set of dimensionless groups [196–198], i.e., the net flow 

Reynold’s number (𝑅𝑒𝑛), the oscillatory Reynold’s number (𝑅𝑒𝑜), the Strouhal number (𝑆𝑡𝑟), 

shown in equations (3.2) to (6.4), and the resulting velocity ratio (𝑅𝑒𝑜/𝑅𝑒𝑛). 

𝑅𝑒𝑛 =
𝜌𝑢𝑛𝐷

𝜇
 

(6.2) 

𝑅𝑒𝑜 =
𝜌𝑢𝑜𝐷

𝜇
 

(6.3) 

𝑆𝑡𝑟 =
𝐷

4𝜋𝑥𝑜
 

(6.4) 

Here, 𝜌 is the fluid density (taken to be 796 kg/m3 for water at 245°C), 𝑢𝑛 is the net fluid 

superficial velocity, 𝑢𝑜 is the oscillatory superficial velocity, 𝐷 is the tube inner diameter, 𝜇 is the 

fluid dynamic viscosity (0.11 mPa·s at 245°C), and 𝑥𝑜 is the center-to-peak oscillation amplitude 

in the reactor. 𝑢𝑜 is calculated via equations (6.5) and (6.6), where 𝜔 is the angular frequency, 𝑡 is 

the time in the pulsation period, and 𝑓 is the frequency of oscillation.  

𝑢𝑜 = 𝑥𝑜𝜔 sin(𝜔𝑡) (6.5) 

𝜔 = 2𝜋𝑓 (6.6) 

 Due to the constantly changing fluid velocity resulting from the pressure oscillations, a 

single oscillatory velocity is typically taken at the maximum, i.e., when the sinusoidal component 

is equal to 1:  
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𝑢𝑜 = 𝑥𝑜𝜔 (6.7) 

 In a previous study performed by Ahmed et al. [198], geometrically similar scale-up by 

conserving the value of these dimensionless variables was quantified at the macromixing scale, 

and the number of CSTRs in series (𝑁) was found to remain conserved between oscillatory helical 

baffled reactors (OHBRs) of 10 and 25 mm in diameter, leading to the scale-up correlation below 

that was further validated in a 50 mm diameter OHBR.  

𝑁 = 10𝑆𝑡𝑟𝑟
−0.3 (

𝑅𝑒𝑜
𝑅𝑒𝑛

) 𝑒
−0.1(

𝑅𝑒𝑜
𝑅𝑒𝑛

)
+ 0.85𝑅𝑒𝑛

0.6 
(6.8) 

Applications of similar scale-up methodologies are also presented in two case studies by 

Stonestreet and Harvey [197]. Thus, in oscillatory baffled reactors, macromixing may be 

controlled during scale-up via geometrical similarity and the dimensionless groups presented 

above. 

Rapid mixing of the feeds in the seeding coil is also essential to favour production of the 

correct SZC crystal form (ZS-9). Micromixing times (treated herein as mean micromixing times 

when considering potential distributions of energy dissipation rates within the reactor) in the 

seeding coil should therefore be maintained upon scale-up, where engulfment has previously been 

shown to play a major role in oscillatory baffled reactor micromixing times [51], and the timescale 

for engulfment (𝑡𝐸) is inversely proportional the energy dissipation rate (𝜖) according to equation 

(6.9) [137].  

𝑡𝐸 = 17 (
𝑣

𝜖
)
0.5

 
(6.9) 

The micromixing time may therefore be maintained upon scale-up by operating at an equivalent 

energy dissipation rate in the seeding coil. 
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 In order to maintain macromixing via the 𝑅𝑒𝑛, 𝑅𝑒𝑜, and 𝑆𝑡𝑟, at the larger scale production 

rate indicated above, applying equations (3.2) to (6.7) leads to parallelization of reactors in order 

to achieve reasonable geometric dimensions (𝑍/𝐷𝑐) and oscillation amplitudes and frequencies. 

However, equation (6.8) shows that if both 𝑆𝑡𝑟 and 𝑅𝑒𝑜/𝑅𝑒𝑛 are maintained, increasing the 

flowrate (𝑅𝑒𝑛) will likely result in a higher value of 𝑁 and an improvement in macromixing. A 

single large-scale reactor then become available if 𝑅𝑒𝑛 is allowed to increase. Thus, the following 

design methodology is proposed to determine reactor dimensions that conserve both 𝑆𝑡𝑟 𝑎𝑛𝑑 

𝑅𝑒𝑜/𝑅𝑒𝑛 in the crystallization coil and 𝜖𝑜 in the seeding coil.  

The total energy dissipation rate in an oscillatory system can be calculated according to 

equations (6.10) and (6.11) below as a summation of the net and oscillatory flow components. 

𝜖 = 𝜖𝑛𝑒𝑡 + 𝜖𝑜 

 

(6.10) 

𝜖 =
Δ𝑃𝑛𝑒𝑡𝑄𝑛𝑒𝑡
𝜌𝑉𝑅

+
1

2

Δ𝑃𝑜𝑐𝑜𝑠(𝛿)𝑥𝑐𝑜𝑖𝑙𝜔

𝑍𝜌
  

 

(6.11) 

Here, Δ𝑃𝑛𝑒𝑡 is the net flow pressure drop, 𝑄𝑛𝑒𝑡 is the net volumetric flow rate, 𝑉𝑅 is the reactor 

volume,  Δ𝑃𝑜 is the center-to-peak pressure oscillation amplitude, 𝛿 is the phase angle which in 

this case is assumed to be 0, and 𝑍 is the reactor length. In an oscillatory system, Δ𝑃𝑜 can be 

modelled according to equation (6.12) using the maximum oscillatory velocity and friction factor 

(𝜆). 

Δ𝑃𝑜 =
𝜆𝑍𝜌𝑢𝑜

2

2𝐷
 

(6.12) 

Substitution of equation (6.12) into equation (6.11) leads to the following relation for the energy 

dissipation rate that is independent of the reactor length.  
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𝜖𝑜 =
𝜆𝑍𝜌𝑢𝑜

3

4𝐷𝜌𝑍
=
𝜆𝑢𝑜

3

4𝐷
 

(6.13) 

Several models for friction factors in helically coiled channels have been proposed [199], including 

those by Srinivasan [200] presented in Table 6.2 where 𝑅𝑒𝑜 and the oscillatory Dean number (𝐷𝑒𝑜, 

equation (6.14)) have been used in place of the original 𝑅𝑒 and the Dean number (𝐷𝑒).  

𝐷𝑒𝑜 = 𝑅𝑒𝑜√
𝐷

𝐷𝑐
 

(6.14)  

Table 6.2. Friction factor correlations and conditions for helically coiled tubes. 

Correlation Author Conditions 

𝜆 = 32/𝑅𝑒𝑜 Srinivasan[200] 
0.0097 < 𝐷/𝐷𝑐 < 0.135 

𝑅𝑒𝑜√𝐷/𝐷𝑐 < 30 

𝜆 = 5.22(𝑅𝑒𝑜√
𝐷𝑐
𝐷
)

−0.6

 Srinivasan[200] 30 < 𝑅𝑒𝑜√𝐷/𝐷𝑐 < 300 

𝜆 = 1.8(𝑅𝑒𝑜√
𝐷𝑐
𝐷
)

−0.5

 Srinivasan[200] 
300 < 𝑅𝑒𝑜√𝐷/𝐷𝑐 < 

𝑅𝑒𝑐𝑟𝑖𝑡√𝐷/𝐷𝑐 

𝜆 = 1.084(𝑅𝑒𝑜√
𝐷𝑐
𝐷
)

−0.2

 Srinivasan[200] 𝑅𝑒𝑜 > 𝑅𝑒𝑐𝑟𝑖𝑡 

 

In order to determine which of the above models is applicable, the critical Reynolds number in a 

helically coiled tube can be calculated according to correlations presented in the literature [201] 

and summarized in Table 6.3 below. At the final selected operating conditions, 𝑅𝑒𝑜, having a value 

of 62455, is an order of magnitude greater than 𝑅𝑒𝑐.  
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Table 6.3. Correlations and resulting critical Reynolds numbers for flow through helical coils. 

Correlation Reference Calculated 𝑹𝒆𝒄 

𝑅𝑒𝑐𝑟𝑖𝑡 = 2000 (1 + 13.2 (
𝐷

𝐷𝑐
)
0.6

) [202] 5237 

𝑅𝑒𝑐𝑟𝑖𝑡 = 2100 (1 + 12 (
𝐷

𝐷𝑐
)
0.5

) [203] 6484 

 

The correlation of Srinivasan [200] for 𝑅𝑒𝑜 > 𝑅𝑒𝑐𝑟𝑖𝑡 is therefore employed for estimation of the 

friction factor and substituted into equation (6.13) as follows: 

𝜖𝑜 =

(1.084(𝑅𝑒𝑜√
𝐷𝑐
𝐷 )

−0.2

)𝑢𝑜
3

4𝐷
 

(6.15) 

At the lab scale operating conditions outlined previously, the resulting energy dissipation rate 

in the seeding coil is about 27.8 W/kg. The energy dissipation rate in the larger seeding coil should 

therefore be the same or higher, where higher energy dissipation rates will result in reduced 

micromixing times.  

Because 𝜖𝑜 in the seeding coil and 𝑅𝑒𝑜/𝑅𝑒𝑛 in the crystallization coil are inherently linked by 

the oscillatory velocity generated by the pulsator, it is necessary to perform the calculations in 

tandem with the crystallization coil. The highest tested velocity ratio produced the best quality 

product as shown previously in Figure 6.9. It is therefore desirable to achieve an equal or similar 

velocity ratio in the larger scale crystallization coil while also maintaining the calculated 𝑆𝑡𝑟 value 

(0.0052). Geometrical similarity in the helical reactor may be maintained though constant ratios 

of inner diameter to coil diameter (𝐷/𝐷𝑐  = 0.030) and inner diameter to pitch (𝐷/𝑃 = 0.46). 

Thus, in order to achieved the desired macromixing and micromixing in the scaled-up reactor, the 
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following conditions should be satisfied: 1) in the crystallization coil, 𝑅𝑒𝑜/𝑅𝑒𝑛 = 175, 𝑆𝑡𝑟 = 

0.0052, 𝐷/𝐷𝑐 = 0.030, 𝐷/𝑃 = 0.46, and 2) in the seeding coil, 𝜖𝑜 = 27.8 W/kg using the friction 

factor model of Srinivasan [200] and equation (6.15) above.  

The required 𝑅𝑒𝑜 in the crystallization coil can thus be obtained from equation (6.16).   

𝑅𝑒𝑜 = 175𝑅𝑒𝑛 (6.16) 

Conversely, when the seeding coil 𝜖𝑜is fixed at 27.8 W/kg, 𝑢𝑜 in the seeding coil can be calculated 

for a given diameter from equation (6.17) below. 

𝑢𝑜 =

(

 
 4𝜖𝐷

1.084 (
𝜌𝐷
𝜇
√𝐷𝑐
𝐷 )

−0.2

)

 
 

1
2.8

 

(6.17) 

 

In the most direct method of scale-up, geometrical similarity of the whole system is maintained 

and both seeding and crystallization coils will have the same diameter (as was the case in lab-scale 

development). The scale-up calculations can therefore be initiated from either equation (6.16) 

using the crystallization coil 𝑅𝑒𝑜/𝑅𝑒𝑛, or from equation (6.17) using a value of 𝜖𝑜 = 27.8 W/kg in 

the seeding coil. The results from both methods of calculation as a function of reactor diameter are 

shown in Figure 6.11. The result is the same in either case, and when the diameter of both reactors 

is increased to 47.00 mm, both 𝜖𝑜 and 𝑅𝑒𝑜/𝑅𝑒𝑛 values are conserved upon scale-up. A summary 

of the dimensions and oscillatory conditions for the larger reactors is outlined in Table 6.4. Note 

that in the scaled-up reactor, the value of 𝑅𝑒𝑛 is significantly larger than in the lab-scale system, 

which is expected to improve macromixing with respect to the number of tanks in series as 

described above in equation (6.8). Additionally, although the solids themselves may be subject to 

a different RTD than that of the fluid phase [61,164], a similar improvement is expected with the 
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increase in 𝑅𝑒𝑛. Importantly, if even lower micromixing times are desirable in the seeding coil, a 

smaller diameter coil may be implemented as the energy dissipation rate increases rapidly with a 

decrease in diameter. However, larger diameter coils will benefit from reduced clogging rates, 

longer continuous run times, and lower power requirements. The pulsator is also an important 

consideration during scale-up, as the model used during lab-based development is not capable of 

generating the oscillation amplitude and frequency shown in Table 6.4. A larger pulsator will 

therefore be required that can generate the desired oscillatory velocity as well as have a tolerance 

to accommodate the increased magnitude in pressure oscillation. 

 

Figure 6.11. 𝝐𝒐 and 𝑹𝒆𝒐/𝑹𝒆𝒏 as a function of increasing reactor diameter. Dashed black and 

blue lines correspond to 𝝐𝒐 = 27.8 W/kg (seeding coil) and 𝑹𝒆𝒐/𝑹𝒆𝒏 = 175, respectively.  
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Table 6.4. Dimensions for the scaled-up oscillatory coil reactor and resulting oscillatory flow 

parameters where geometric similarity is maintained throughout the system. 

  Lab-scale Production-scale 

Coil -- Seeding Coil Crystallization Coil Seeding Coil Crystallization Coil 

𝑽𝑹 L 0.0273 0.400 11.4 117 

𝑫 mm 4.57 47.0 

𝑫𝒄 mm 240 352 1234 1553 

𝑷 mm 6 10 15 102 

Z m 1670 24 6.6 100.8 

𝑹𝒆𝒏 -- 356 9952 

𝑹𝒆𝒐
/𝑹𝒆𝒏 

-- 
175 175 

𝑹𝒆𝒐 -- 62455 1744500 

𝑺𝒕𝒓 -- 0.0052 0.0052 

𝒙𝒐 mm 70.4 114.3  

𝒇 Hz 4.09 6.8  

𝝐𝒐 W/kg 27.8 27.2 27.8 27.2 

 

Using the above methodology, dimensions for a scaled-up reactor have been proposed with the 

objective of maintaining macromixing, micromixing, and heat removal. Operating conditions have 

been proposed that will serve as a basis for ZS-9 production at larger scale. However, further 

characterization and development of the larger scale reactor will ultimately have to occur in a 

factory based setting[100] in order to validate the scale-up methodology and the use of mean 

micromixing times in order to arrive at final operating conditions for commercial production.   

 Conclusions 

In this chapter, development of an intensified continuous flow system for production of ZS-9 

was outlined. The Hastelloy and stainless-steel construction of the reaction system allowed for 

system operation at temperatures of up to 262 °C and maximum oscillatory pressures up to 80 

barg. The reaction system was divided into two regions, where region 1 was comprised of all 
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components up the crystallization coil inlet and was identified as the key region where physical 

system modifications would lead to longer run times and higher purity products. Development of 

this region progressed through several iterations from a simple T-junction mixing point leading 

into the crystallization coil, to the final iteration which included a seeding loop and preheated 

seeding coil. In this setup, several long run experiments were performed with run times of 390 

min, 405 min, 405 min, 300 min, and 300 min, respectively. Through an investigation of operating 

conditions, this system was capable of continuously producing pure and crystalline ZS-9 with no 

pressure spikes indicating the formation of blockages.  

Several operating conditions were tested in the various reaction setups in order to reach a set 

of product specifications that included pure ZS-9 with no amorphous content and cubic particles 

where less than 3 vol% had a size below 3 µm. During these tests, it was found that ZS-9 formation 

proceeds first through generation of and amorphous solid, followed by crystalline ZS-9, and 

followed thereafter by a transition to ZS-7. A 1-hour fluid space time in the crystallization coil at 

245 °C was determined suitable for producing ZS-9 that is crystalline and had not yet transitioned 

to ZS-7. With the fluid space time thus fixed within the system, a higher seeding temperature of 

173°C was also found to reduce the amount of amorphous content in the product. At these 

operating conditions, full intensity oscillation (i.e., 𝑅𝑒𝑜/𝑅𝑒𝑛 value of 175) was necessary to 

produce the correct ZS-9 product. The final product was produced at a rate of 40 g/h in an 8.5 wt% 

suspension with 9.81 vol% of particles having a size less than 3 µm; sieving will therefore be 

required to remove the small particles.   

Scaled-up reactor dimensions were proposed in order to obtain a ZS-9 production rate of 1 

tonne per 3.5 days. A larger volume and diameter reactor was required in order to achieve the 

desired production rate within a reasonable space-time. Macromixing scale-up was proposed 
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through maintaining geometrical similarity, the velocity ratio 𝑅𝑒𝑜/𝑅𝑒𝑛, and 𝑆𝑡𝑟. Micromixing 

scale-up calculations were performed using friction factor correlations for helical coils and the 

resulting energy dissipation rates. The relevant transport rates within the system were found to be 

maintained or enhanced when both reactors have an internal diameter of 47.00 mm. Using this 

diameter, the lengths of each proposed reactor are 6.6 m and 100.8 m for the seeding and 

crystallization coils respectively, and the oscillator should be operated with an in-coil amplitude 

and frequency of 114.3 mm and 6.8 Hz. These operating parameters will serve as a basis for further 

characterization and development of the continuous ZS-9 production system in a factory-based 

setting in order to determine the final operating conditions for production at commercial scale.  

 

Nomenclature 

Symbol Meaning Units 

𝐷 Tube inner diameter m 

𝐷𝑐 Coil diameter m 

Deo Oscillatory Dean number -- 

Dv10 
Volume equivalent diameter accounting for 10% of the particle 

size distribution 
µm 

Dv50 Mean volume equivalent diameter µm 

Dv90 
Volume equivalent diameter accounting for 90% of the particle 

size distribution 
µm 

𝐷 Coil diameter m 

𝑓 Oscillation frequency -- 

N Number of tanks in series -- 

𝑃 Coil Pitch m 

𝑃𝑛𝑒𝑡 Net flow pressure Pa 

Po Oscillatory pressure Pa 



Chapter 6 – Continuous and Intensified Production of an API Suspension Under Oscillatory 

Flow 

   

B.J. Doyle, 2021   155 

Qnet Net volumetric flow rate mL/min 

rcoil Coil radius of curvature m 

𝑅𝑒𝑐𝑟𝑖𝑡 Critical Reynolds number -- 

Ren Net flow Reynolds number -- 

Reo Oscillatory Reynolds number -- 

𝑆𝑡𝑟 Strouhal number -- 

𝑡𝐸  Mixing time via engulfment s 

un Net flow velocity m/s 

uo Oscillatory velocity m/s 

uo,max Maximum oscillatory velocity m/s 

VR Reactor volume m3 

𝑥coil Center to peak oscillation amplitude in the coil m 

Z Coil length m 

   

Greek Symbols 

Symbol Meaning Units 

𝛿 Phase angle rad 

𝜖 Average energy dissipation rate W/kg 

𝜖𝑛𝑒𝑡 Net flow energy dissipation rate W/kg 

𝜖𝑜 Oscillatory energy dissipation rate W/kg 

𝜆   Friction factor -- 

𝜇 Dynamic viscosity Pa s 

𝜈 Kinematic viscosity m2/s 

𝜌 Density kg/m3 

ω Oscillation angular frequency rad/s 
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7. Conclusions and Future Research 

 Conclusions 

In this thesis, alternative and emerging technologies for pharmaceutical production were 

explored. Mini-monoplant technology was presented as an alternative means to pharmaceutical 

process development, where intensification, dedication, and continuous processing (when 

applicable) are key value-generating factors at all stages of process development. Mini-monoplant 

development occurs through three principal stages of lab-based development, factory-based 

development, and finally mini-monoplant technology at production scale. In lab-based 

development chemists and engineers work towards best-in-class processes through the use of novel 

reaction pathways, intensified reactors, automation, and dedication, with a small footprint in the 

safety of a laboratory. Then, in factory-based development, the miniplant developed in the lab can 

be moved to an available cabin within the existing plant infrastructure where access to large 

volume feed and product storage tanks allows for process scale-up with respect to throughput in 

order to meet the product demand for clinical trials. Here, a similar level of flexibility as was 

available in the laboratory is expected, and the use of predesigned and potentially GMP-

prequalified modules can result in a significant reduction in development time and time to market. 

Following this stage of development, and when a pharmaceutical product has gone commercial, 

acquisition and installation of dedicated production assets in a dedicated area within the plant 

results in a so-called mini-monoplant. At this stage, the final scale-up with respect to overall 

process operation time occurs and where dedication facilitates year-round operation if required in 

order to rapidly respond to fluctuations in product demand.  
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Figure 7.1. Defining features of a mini-monoplant. 

 

Figure 7.2. Three key advantages realized through the intensification of monoplants into mini-

monoplants for pharmaceutical production 

Within the context of mini-monoplant technology, several reactor geometries were then 

explored covering a range of scales, throughputs, phases, and reaction types. Plate-type 

microreactors were characterized for gas-liquid flow and interphase mass transfer, and for scale-

up within the scope of performing a viscous and exothermic nitration reaction. Baffleless 

oscillatory flow coil reactors were then described and tested for their solid handling capabilities 

and macromixing, followed by continuous production of an API at high temperature and pressure 

in a larger baffleless oscillatory flow coil reactor. 

In the gas-liquid study, the effects of geometry and surfactant on flow regimes and interphase 

mass transfer were studied in size 300 LL-Rhombus and LL-Triangle microreactor plates with 
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CO2(g) and either water, or water containing 0.5 wt% ethanol as a surfactant. Both geometries 

generated flow regimes comparable to other microchannels with similar hydraulic diameters, 

although with a tendency to favour bubble flow at low gas velocities and annular flow at high gas 

velocities. The LL-Rhombus was found to be more favourable to the LL-Triangle in generating 

higher 𝑘𝑙𝑎 values at lower pressure drops. When ethanol was used as a surfactant, bubble flow 

was present at every tested operating condition. Finally, the pressure drops and 𝑘𝑙𝑎 values were 

modelled using the Lockhart-Martinelli two-phase pressure drop model and a power-dissipation 

based model, respectively, with each having an average absolute relative error less than 8.1% and 

13.9%. 
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Figure 7.3. Flow regime maps in the LL-Rhombus (a) and the LL-Triangle (b) for both the 

water/CO2 (g) (top) and 0.5 wt% EtOH (aq) (bottom) systems.  
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Figure 7.4. Pressure drop modelling for all data (left) and 𝒌𝒍𝒂 modelling for the bubble flow 

data (right) for both the LL-Rhombus and LL-Triangle with and without surfactant.  

Mean micromixing performance was then evaluated in various LL-microreactor plates in order 

to facilitate the scale-up of a viscous nitration from 75 mL/min to flowrates in the range of 350 

mL/min at production scale. The 3/7th rule for scale-up in fully turbulent flow was extended into 

flow regimes that were either transitional or contained significant contributions from turbulent 

flow patterns. Scale-up rules were derived for both water and 96 wt% H2SO4 (aq) in order to predict 

larger-scale flowrates where mean energy dissipation rates would be conserved. In both systems, 

the experimentally obtained mean energy dissipations exceeded the values predicted by the derived 

scale-up rules. Friction factors were then analyzed to determine the relative contributions of 

turbulent flow patterns in each operating condition and were found to increase with channel 

diameter at equivalent energy dissipation rates due to an increase in 𝑅𝑒. This effect was more 

apparent with 96 wt% H2SO4 (aq) due to operation in the transitional flow regime, whereas the water 

data was largely turbulent. A static mixer geometry was also tested, but resulted in a significant 

decrease in the relative contributions of turbulent flow and was thus deemed oversized for the 

mizing limited nitration. Mean micromixing performance measures were therefore conserved or 

improved upon scale-up with the use of LL-microreactor plates, but further characterization of the 
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reaction itself at large scale is still required in order to determine the ultimate effect on product 

yield.  

 

Figure 7.5. Measured and scale-up rule-predicted (dashed lines) energy dissipation rates with 

water (top) and 96 wt% H2SO4 (aq) (bottom) presented alongside relative contributions of 

turbulent flow as a function of energy dissipation rate (rate) 

Next, the solid handling capabilities and flow patterns of the baffleless oscillatory flow coil 

were characterized through two solid forming reactions: a precipitation reaction and a mass 

transfer limited phase transfer catalysis reaction. In the first reaction, a continuous oscillatory 

energy dissipation rate of 13 W/kg allowed for continuous operation with a solid concentration of 

5.8 wt% for 5 hours, or with solid concentrations up to 7.9 wt% for 120 minutes with no observed 

pressure spikes indicating clog formation. Importantly, lower oscillation power inputs were also 
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effective in preventing blockage and the maximum run time with a given solid suspension is 

currently unknown. In the second reaction, formation of CO(g) as a side product resulted in a tenfold 

dampening of the pulsation energy dissipation rate from 10 W/kg to 0.8 W/kg and subsequent 

clogging, suggesting that gas formation in a closed pulsated system is a unique problem and the 

reaction medium must be incompressible. Finally, macromixing was characterized through RTD 

studies and showed that the relatively intense pulsation energy input resulting in broadening of 

residence time and particle size distributions. However, as lower pulsation intensities proved 

capable of preventing clogging with incompressible flows in the presented reactor system, further 

optimization of the relative net and oscillatory flow velocities may allow for more plug flow 

residence time distributions.  

 

Figure 7.6. Continuous operation for 300 minutes with a constant pulsation energy input and a 

solid suspension of 5.8 wt%.  
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Figure 7.7. Pulsation dampening and resulting blockage caused by the formation of gas in a 

closed pulsated system.  

Finally, a larger volume baffleless oscillatory flow reactor was implemented in the continuous 

production of a ZS-9 suspension at high temperature and pressure. Development of the reaction 

system itself was outlined, particularly with respect to the region upstream of the crystallization 

coil entrance, where physical changes made to the system led to longer continuous run times and 

higher purity ZS-9 product. This region proceeded through several iterations which began initially 

as a simple T-junction mixing point and ended with a seeding loop and preheated seeding coil. 

Next, parametric studies of the operating conditions for the reaction were performed in order to 

generate pure and crystalline ZS-9 as cubic particles with less than 3 vol% having a diameter below 

3 µm. Through these results, it was proposed that ZS-9 formation proceeds first through the 

generation of an amorphous solid, followed by crystalline ZS-9, and then through a transition to 

crystalline ZS-7. Accordingly, the final operating conditions were proposed as follows and 

generated an 8.5 wt% solution of ZS-9 at 40 g/h: 1 hour residence time at 245 °C in the 

crystallization coil, a seeding temperature of 173 °C, and full intensity oscillation input (with 

𝑅𝑒𝑜/𝑅𝑒𝑛 = 175). The ZS-9 particles produced under these conditions were ultimately larger than 

desired (9.81 vol% > 3 µm) and will require sieving. Finally, scaled-up reactor dimensions were 

proposed for producing ZS-9 at a rate of 1 tonne per 3.5 days, with the goal of maintaining both 
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macromixing through geometric similarity, velocity ratio, and Strouhal number, and micromixing 

through friction factor correlations for helical coils and the resulting energy dissipation rates. 

Overall performance at both mixing scales is suggested to be conserved when geometric similarity 

is maintained throughout the entire system, and both the seeding and crystallization coils have 

internal diameters of 47.00 mm. The corresponding lengths of each proposed reactor are 6.6 m and 

100.8 m for the seeding and crystallization coils, respectively, and the required pulsation amplitude 

and frequency are 114.3 mm and 6.8 Hz. Ultimately, however, these operating conditions will 

serve as a basis for further characterization and development of the production scale system in 

factory-based development.  

 

Figure 7.8. Final operating system configuration for the continuous production of a ZS-9 

suspension under oscillatory flow. 
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Figure 7.9. Lab-produced ZS-9 product profile showing pure and crystalline ZS-9 (a), cubic 

particles (b), and an average particle diameter of 5.37 µm with 9.81 vol% having a diameter 

below 3 µm. 

 Recommendations for future research 

Based on the results obtained and presented in this thesis, the following recommendations are 

proposed for future research in order to obtain a more in-depth understanding of the present reactor 

systems: 

• CFD modelling of the presented reaction systems, including gas-liquid flow in the size 

300 plate microreactors, single phase flow in the size 200 and larger plate 

microreactors, and single-phase oscillatory flow in the baffeless coil reactors. Such 

work will deepen the understanding of the underlying fluid mechanics in each of the 

reaction systems, including variations in local energy dissipation rates and mixing 

patterns. 

• Performance of the large-scale nitration reaction in a factory-based setting in order to 

validate the scale-up methodology. This work will provide reaction yields at large scale 
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in order to complete the nitration scale up work, which will thus include lab-scale 

reaction data, the scale-up methodology included in Chapter 4, and finally production 

scale reaction data. 

• Longer, continuous operation of the baffleless oscillatory flow coil reactors in a 

factory-based setting in order to determine typical maximum operation times. 

Presently, it is not known for how long the baffleless oscillatory flow coil reactor can 

operate continuously with solid suspensions. Factory-based development will allow for 

the larger reagent volumes required to perform such work. 

• Development and characterization of the production scale oscillatory flow coil reactor 

for ZS-9 production in a factory-based setting in order to validate the scale-up 

methodology. Similarly to the nitration scale-up, real reaction data are required to 

evaluate the proposed scale-up methodology in Chapter 6, where the reactor and 

reagent volumes required will necessitate a factory-based setting.
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