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ABSTRACT _ o

Coagulation énd flocculation processes are commohly
used by environmental engineers for the removal of turbidity
causing ba;ticlég_ from water and uastewater:_ Known mixing
prnﬁerties of granu}ar.media of fer Jl excellent flncculg{inn

vironment and promise better results, than those obtained

fram mechanical flocculators or contact filters.

This investigation evaluated the main variables govern-—
ing flocculation of turﬁid thers during flow through porous
media. |

Work wés per formed in a declining flow rate regime, us-
ing as media éphereé ranging in size frum 14 to 32 mm, and
hydraulic loads rqnging_frum C.17 to 1.08 cm/s.

It was determined that--Reynold s number based on cnn;
ductivity of the media is'a useful barameter for monitoring

and designing granular media flocculators.

It was found that above a certain value of Reynold’'s

iv

number a reqgion exists where the  effectiveness of -

flocculation increases and adverse effects pf clogging are
minimized.

In beds built of uniform spheres, ﬁarticle.size'and me—
dium.purnsity can be considered to be the main parameterslnf
. spccessful flocculation. This study also revealed that the

effect of changing flow rate has only a small influence on

Y

<
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removal of turbidity but the effect of media size- on removal
is much more significant.

- . )
The experimental data were compared with those pre-

dicted from theory and gave a good correlation for floccu-

lation in clean and in partially clogged beds.
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Chapter 1

INTRODUCTION
The slow settling rate of many particles found in water
and wastewater requires extremely long detention times fo
achieve satisfactory removal in plain sedimentation basins.

The'expehsg' of chercal addition is wusually justified to

promote aggiu@eration of particles of all . sizes which re-
sults in impro&ed remaval in relativély short detention
tkmes. The chemical ‘agents reduce fdrcég that are responsi-
ble for the formation of colloidal suspensions.

Rapid mixing units in which chemical Idestabilizatinn
agents are added followed by flocculation units.are commaon
operations found in water treatment plants. The floccula-
tion step, in which mildly stirred fluid induces dispersed
particles to incorporate into flocs, produces e;fluent"éon—
taining significantly less minute suspénded sulids
particles. In flocculation, power is input into the fluid
by means of mechanical-nr hydrodynamic devices which require -
energy; the amount depends on a number of factors.

The declining quality of water supplfes and the in—
creasf;; number of custnmers using existing treatment facil-

‘ities as well as the increasing cost of energy magnify the

importance of energy cdnsumptiun in the design.and operation .
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of all énmpuneﬁts of water treatment systems. .Useful alter-
nativés that promise energy savings for flocculation are
static mixers and hydraulic flocculators.

The hydrauliﬁ flocculator utilizes hydrndynanic-mixinq
‘nf_the stream of destabili#hd “‘ﬁarticles 40 promote their
contact and to graduaily' form settleable or filterable ag—
glomerates.

Mixing can be accnmpiished by using baffles, small-bore
tubes, pr granular media (Ivgs; et al., 19783 Scﬁul¥ and
Okun, 1984). The most commonly used devices are bhafflea,
which require a large area, stéady_flow rate and do not re-
spond quickly to changing influent quality. Known mixing
properties of . granular media are commonly used in caontact
filters and pesble flacculstursa the latter are gaining in-
creased popularity in Brazil and India .(Bhule and
Mhaisalkar{-197f; Riqhter, 19773 Schuiz and Okun, 1984).

The main difference hetween a contact filter and a peb-
ble flocculator is the Ffinal product. The forAer produces
clear wafer with maximum turbidity well below existinq stan-
dards and islusually'a final operation of the treatment pro-
cess.fnlloned only by disinfectiun.l The common problemslen—
countered in 7cantact fiffers treating high—turbidity waters
are rapidly decreasing time between consecutive washing cy-
clesland algae growth. The increased likelihood of break-
through re:Lires a greater amount of operational skill by

plant personnel (Hutchinson and Faoley, 1974).



Tﬁe pebble flocculatof produces wéter containing set-
tleable br fjlterable agqlonerétes; called flocs, which have
to be removed from. the water by.peans of a;;:;ianal treat—-
ment. - anrsq-media, ranginﬁ in sizes from 2.0—2070 om,
minimize filtration and settling phennqena aﬁd provide

large void spaces which form numerous interconnected mixing

chambers.

——

Only f;mited attention has been given to the devel 8p-
ment of process kinetics descriptions and deéigﬁ.procedures
for pebble flocculators, despite their obvious advantages.

This has resulted in insufficient technical information re-

‘garding design criteria. .The behaviour of pebble floccu-

lators in changing environmental _conditiuns'related to the
prncéss_is'difficult to predict."

Schulz and Dkun.(1984) néted the high efficiency poten—
tial of pebble floccu;ators and their ability to store ag-
glomerated flocs within the fnterstices or to form a floc
blanket above the media. TQFir design procedure is closely
related to that used for contact filters; since it under—
lines the impurtance'nf the floc—-storing process in porous
media.  They assumed that flow th?uugh the gravel bed is
laminar and prébeﬁied equations to estimate headloss and ve—
locity gradient. ' - ’ |

Their design 'pcncedure was based on experience gained
from numerous studiés performed on sand filters and is hin-

dered by lack of accuracy, especially for flow at higher

Reynold’'s numbers. They confirmed the inaccuracy of this

-
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procedure and suggested use of bench scale experimmnts to
determine hydrau!ic gradient values.. Other iﬁvastigatioﬁ;
presented in tﬁfs study ére sinila;ly h;nderld by lack of
aAcCCcuracy. o |

Bhole and Hhaisalkaﬁ (1977) studied flocculation uﬁinql
sand ranging in size fro& 1.0 to 5.0 mﬁ an a flow rate of
up to 0.11rcm/5 (2.0 me); _Their s?mpleAanalysis performed
after a IS'minute settling period indicated up to 80% re—

4 . ! -

duction in turbidity, reéultind from flocculation in a 40 cm
bed. They Dbser;ed-thé'forhatiun Df'a sludge blanket above
the sand' bed (approxim;tely 1.m above the suriacé). which
significantly improved effluent quality by entrapﬁinq flocs

coming from the sand bed. . .

Richter (1977) used a 210 cm high column madeluf 4.7 mm
gravel and hydraulic loadings ranging from 0.03 to 0.83
cm/s. He reported removal of turbié;ty, after settling, of
up to 90% during tes£ funs, and gbtained similar results
from a full—scalé plant .in Aracuaria, Brazil. The
Aracuaria plant produces 1.04 nLd of Qatér, providing for
the needs of local industry and 12,000 inhabitants. The
flocculator chamber had a volume of 3.8 m® filled with
gravel. Graded gravel ranging from 10 to 20'qm was placed
_in léyers from top to bottom. The direction of flow was up—

ward and corréspondiqb clean bed headloss in the granular

medium was 7 cm. The construction cost was approximately

$27,000 US for the plant.

& v
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' maverely affected by filtration effects within the media.

5

»

Low hydraulic loading and the relativtly small size of

the grains indicated that results of these studies could be

Krédille (1983) discussed a bebble flocculator constructed
in 1977 for the Varangaqn plant (India). The plant’'s water
source is the Tapi river, which has a maximum turbidity of
mnre.than 3000 JTU compared to‘fhe average turbidity range
of 30 to 50 JTU for raw water. The plant produces 4.2 MLd
of u;ter for a population of 35,000 in five villages._The
pebble flgcculator consisted of une_3.0 x 3.0 m chamber,
with a 2;5 m deeb gravél bed. * Graded ﬁravel ranging from 20
to 60 mm was p}aced in 60 cm layers from bottom to top. The
direction of flou'nas downward and the'surface loading rate

was 9.7 m/h. The construction cast of the Varangaon plant

was $50,000 - 30 to 50X aof the construction . cost of a

conventional plant with the same capacity. It is postulated
N

- that use of coarser media and greater hydraulic loadings -

: - '
would provide a better mixing environment and prevent flocs

from attaching to the grain; theré?ore, effluent floc be-

comes dense and will not clog the bed. )

~.

s
. AN
1.1 Objectives of the Study
This study was intended to cnntkibute to the knowledge

required to improve and formulate prnéﬁfs. design criteria

.for the granular media flocculatinJ/b$ turbid waters.

The extent of theé topic and available resources made it ne-
cessary to linit”this_study to investigation of the interre-

lationships among some performance and operafinq parame-



ters of the process.’ The optimum media si;e and flow rate
are fundamental to th; efficiency of the brncull of forming
Iarge suspended agglomerates; “No study has been found which
ties these -variables together in a systeﬁatic manner.
Thgrefaré, these paraneters were - chosen to be the primary
concérn of the study. There are numerous parameters related
to miging which is the m&gt important phenomenon in‘€10c4
culation. _Develapment of suitable mixing relations was also
a primary aim of this research. Work uag per formed in a
declining Fluw‘rate regime, taking full advantage of gravity
.flow, and redut{ng .shear forces | acting on flocs to
minimize redispersion -(Adin and Rebhun, 1974; Arboleda,

1974; Hutchinson and Foley, 1974)”\\_\

The specific obiectives were:

1: Evaluation of existing aggregation .and transport

a

theories in parous media models §qé analysis lof
relationships among pruﬁess parameg;rsz

2. Analysis of relatibnships between ngnnld'é number
'ané dispersion abilities of the media.

3. Use of pilot plant scale flocculation experiments.
fa study the effect of media size and flow rate on
performance of the pebble floccu;ator. |

4. Generation of preliminary design .criteria and

DperatinnaI' guidelines for granular: media floc~

culation.



Chapter II
t‘\
™. i
FLOCCULATION IN GRAMULAR MEDIA — A LITERATURE
- . avy,

(Vs

SURVEY

Many areis aof scientific inquiry are clnﬁely'rnlated to
the specific.interesfs of this Study; and the available lit-
erature in these areas is extenéive. Thié literature survey
has therefore been lihffga .to findings directly related to

the investigatidn and to an interpretation of ‘its results.

P

4

C2.1.1 Flocculation Kinetics

Existing kinetic flocculation models enable one to dis—

tinguish among the phases involved in the flocculation pro-

cess. The first phaéé, called perikinetic flocculation,
. \'_ M .

arises.frnm . aggregation brought on by thermal agitation
. - ‘ .

(Brownian movement) and is a random process. This phase is.
cnmpleted within secands,‘since Brﬁwnian motion has little
effect on flocs that are larger than 0.1 to 1.0 am (Bratby,
1977).. The secdnﬁ phase,‘called n;thnkinetic flocculation,
is accomplished by inducing velocity gfadients; whereby par-—-
ticles achieve mutual contact by movement of the surrounding -
liquid. |

The extent of orthokinetic flocculation is therefdPe
governed by applied“,velocify gradients and flocculétion

time. Tﬁe increase of the velocity gradienfs induced in the

'

1



liquid results.in more particle contact within a given time.
Hawever, as the velocity gradicnf increases, the iizi-nf the
ultimate flocs produced decreases, beéause of a continuouws
breakdown of the large? flocs (Camp, 1668; kgo and Mason,
1975; Parker, 19703 Tamba and Watanabe, 1979a,b; Thomas,
1264). For this reason, for a given velocity gradient there
Qill be a limiting flocculation time beyond which floc par-

ticles will  no longer grow (nndreusillngas and Letterman,

1976) .

2.1.1.1 Perikinetic Flocculation .
P

Von Smoluchgwski (19&6) develaped an expression for the
rate, of aggregation of bimodal floc during perikinetic floc—
culation ip which the frequeq;y of collisions was obtained -
from the_diffusinnél flux of particles towards a sihqle sfa#
tionary particle. He assumed that pafticles are spherical
and conjoin into a sphere of proportional yolume upon con-—

tact.

I:ag = 4MDzsRzanzNs . (2.1)
where Iza = number of contacts per unit time ba-—
tween particles of radius Rx and R,
Dz = mstual diffusion coefficient of parti-

cles I and J (approximately Dz + D3)
Ria = radius of interaction of the two parti-
: cles, ( I.e. Rzy = Rz + R3)
Nr,N3 = number concentration of 1 and J parti-—
cles respectively.
If velocity gradients, dv/dz, in the body of liquidmgrc
greafer than approximately 5§ s~* (Bratby,’ 1980) and if
particle sizes are larger than 1.0 am, the effect of

perikinetic flocculation is n,gtiqible.‘ The simplified form
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" of von Bmoluchowski ‘s equation {(Eq. 2.1) was adapted by
Vold (19463) and Sutherland (1947) for computer simulation of
perikinetic flocculation.

a

2.1.1.2 Orthokinetic Flocculat@gp

A theoretical model of orthokinetic flocculation under
laminar flow conditions was developed by von Smoluchowski
(1917, Eq. 2.2) and popularized among civil engineers by

Camp and Stein (1943) . |

Ixa = (4/3) nin8KR:o> (dv/dz) - (2.2)
where dv/dz = velocity gradient in laminar flow.

The application of tha above equation is limited to
laminar flow and a tubular reactor. This fact was recog-
ni;e& bQ Cémp and Stein (1943i; they-tried to generalize van
Smoluchowski ‘s expreésinn for laminar flow for the more com-
munly‘encnuntéred turbulent cnndition. They réplaced the
velacity gradient term, dv/dz, by a measurable value called .
the root—mean-square (rms) velocity gradient, 6. The value
of G ig abtained  from the mean value of the work input per
unit of time per unit volume (V,). The total work per unit
of time, W, was defined by the weight of the flowing fluid
times headloss (Ives, 1978):

W = QgH? | o (2.3
where Q@ = discharge \
Q= gravitational acceleration
? = density of the fluid

H headloss. -

.The mean value of work input can be defined 55:-



e = W/Vg = AVGPH/AL = VIgH/L (2.4)

where Vo = volume of vessel
A = cross—sectional area of vessel
L = length of the vessel

V. maan flow velocity
" : \

Therefore, G was defined by Camp (1943) as follows:
G = (fhy/a)rr= - (2.53)

where ‘i - = dynamic viscaosity

Camp and Stein (1943) state: ‘

If the flow pattern fdoes not vary, the velocity
gradient at anw point in a mixing chamber over a
period of time is directly proportional to  the
root—mean—square velocity gradient, and may be
cantrolled by the work input to the chamber.
This statement allowed the formulation of -a new version of
von Smoluchowski ‘s equatian
Ixa = (4/3) nxnaRza®G : (2.48)
or

Izag = (4/3) nansRza™(fhe/g) 272 ) (2.7)

From studying flocculation tanks, Camp (1953) found

satisfactory results when the nondimensional number, 8T, in

10

which T is the total flocculation period, varied between

2#10% and 2#10%, with the values of G varying between 20 and
74 s—1, Several authors attempted to overcome the limita-
tions of von Smoluchowski ‘s theory and - developed models

which more closely describe the conditions encountered in

water purification systems. The majority of them incorpo-

rated g flaoc breakup term and attempted to satisfy the phys—

ical realities of the continuous reactﬁr, such as disparsion



and shnr?—circugtinq. Some of these studies briefly pre-
' sented below t_j;monstrate the complexity and extent of. the
prablem.

Fair and Gemmell (1964), in an attempt to msodify von
Smoluchowski 's équation (Eqg. 2.1) based their thggry)on the
oscillatory patterﬁ of floc growth. In this model, particle
gruwtp is up to a'ﬁaximun size, Re, when larger p#rticles

break into smaller ones which return to the system. This

model, like many others, is hindered by its necessary sis—

11

plification of the complex nature of the floc growth/breakup .

mechanism.

\

dne . w1 - 7 dv
-—— =(2/3)¢ L NxA3Rza™ — 200 I nxRzw™> })— (2.8)
dt b4 F § Ewi dz

D1 ‘

where R;p = Ry + Re

The first term in brackets représents the formation of

particles of Jradius Re from primary and complex particles.

The secand term describes the breakup of complex particles

because of their collision with other particlesﬂ

Levich (1962), basing his theory on the characteristigs
qu eddies and their velocity in the Komolgoroff “micro-
scale", derived an eqdation similar to Camp ‘s version of von

Smoluchowski ‘s formula: ?

AN

Iza = 12"(&/“)3’m:;=nxna (2.9)

where £ = constant
V = kinematic viscosity

A simplified version of Levich’'s equation was later verified

in an éxperincnt by Tambo and Watanabe (1979b).



-

Harris et al. (1944) generalized von Smoluchowski's
equaﬁiun for all collision possibilities between primary
particles and other flocs up to a size p which was. limited

‘

by bréakup. They obtained the following:

dne aa™ dv , : .
dt | dz '
where o = fraction of collisions which result in

aggregation

a = ratio of collision radius of a floc to
its physical radius

# = +floc volume fraction
§ = size distribution function given bysr

p—-1

I ng ( 127> + 1) .

- I=0 :
§= —————— - {(2.11)

Inx

Hudson (1965) assumed that‘::\:\énﬁfinuous flow system,

a simplified bimodal floc size distribution is valid and

- =0

zhat removal of primary particles occurs because of their
collisions with flocs. Consequently, he developed an
equation simi{ar in form to Harris‘'s development (Harris et

al., 1965&);

dne dv
~—= = — (4/3) anEnepRe> —— ' ‘ (2.12)
dt . : dz

- where Ry radius of flocs

n= = floc number concentration
e = primary particles concentration
« = collision success factor

- Noting that the floc volume f?action, #, cafi be expreased

by:

12
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‘= (4/3) WRe=ne (2.13)

Hudsbn re-expressed Eq. (2.12) as follows:

13

dne h 4 dv ] A
= - = e = (2.14)
dt ¥ dz

The surface erosion concept, used by Argaman and

Kaufman (1970), recognized the caontinuous process of the ag—

gregation of primary particles and small flocs to form larg—

er flocs, and the breakup of the lérger agglomerates into

. —

considerably smaller flocs. -

dn R'_: . .
—~ = — 4aWKuRe>npu2 + B — neu= ‘ (2.15)
gt R=

where.. Ka = proportionality coefficient

 * u® = mean square velocity fluctuation related
to the rms velocity gradient &
breakup constant
fraction of particle collisiaons re-
sulting in lasting aggregation

B
q

e
A simplified version of Eq. (2.15) for m reactors in se-

ries is given by:

N ( 1+KaGT/m) =

-—= ' (2.16)
N m—1 ' :
1 + KaB2T/m B (1 + KaBT/m) *
.- 1=0

where Ka and K are constants.
. Na = total mass of flocs

Ne. = mass of flocs in suspension after sedi-
mentation

" For low values of G, Eq. (2.16) apﬁruaches the simplified

version af'Harris's'equatinn listed earlier in this chapter.

Depending on assumptions, various parameters are incor-

porated into the aggregation and breakup. constants. How—
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ever, all of these models recognize the importanél of B in
the flocculation process and comply with each other in their

‘range of validity.

2.1.2 Physicochemical fAspects of F1 ulatio

The rational investigation of the phenomena involved in
the flocculation process reﬁuires an analysis of snm& of the
physicocheg}cal paraméters affecting the growth of flocs.

"This section uillibe chiefly concernad with the effects
_of’temperature, coagulant coﬁcentration, and colloid concen-
tration on flocculation with.aluminum sulfate (alum). There
are a large variety of coagulants, but alum is mgst commonly
-used. Finally, plug fluu‘ (PF) cnnditiuﬂs and compart- -

mentalization effects will be discﬁssed.

2.1.2.1 Destabilization of Colloids with Aluminum Sulfate

L 4
Investigatiocn of the mechanism of destabilization of

‘collaids by means of numerous coagulant agents has been ex-—
tensive (Bratby, 1980; Hudson, 1965; Ives, 19783 Stumm and
‘Morgan, 1?62; Stumm and 0 'Melia, 19483 Weber, 1972). For
purposes of simplicity one - can assume that reactions. of
aluminum sdlféte' iAlz(Sﬂg)=*18H;0) in water proceed to the .
electroneutrQI precipitate; AI(OH;a. Stumm and Ulﬂalia
(19468) have_shown that the reginn.for Al (OH) 5 stability lie;

in a pH range, from 6 to B. In water treatment practice,

aluminum sulfate is usually used in the form of a solution
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with a pH value ranging from 2.5 to 4.0, depending on the
< concentration of the salutinn.- |

-
The acidic properties of the alum solution produce a’

need to use alkaline reagents for pH control. The general

reaction of alum with sodium bicarbonate is listed below.

Al (S0.)3#1BH=0 + &NaHCOx = . .
2A1 (OH) =z + 3Naax504 + 6C0z + 18HI0 -
The quality of the finél product of flocculation, the
floc, depends m'ainly on:
1. coagulant concentration,
2. colloid concentration, ;nd
3. rtemperature qf the water.
Coagulant Concentration
Kawamura (1973, 1976) investigated the relatinnship be-
tween‘énagulant. cancentratinn and turbidity removal. He
found that for the same coagul ant dosage, its e;fectiveness
decreases when the feed concentration of aluminum sulfate
reaches a range between 1 and 3%. This éffect decréases
with . increasing alum dosage and at 45 mg/L becomes
ﬁeqligible. The floc formation time is also affected by
alum concentration in the feed and reaches a minimum at al

concentration between 0.5 to 2.5%.

Colloid Concentration

~ Stumm and O0'Melia (19246B) investigated the effects of

colloid concentration on the effectiveness of coagulation.
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In the process of coagulating high turbidity water by chang-
ing the dosage of cnagulaﬁt, they identified fnﬁr zonesi
1. Insﬁfficient‘glum had been applied to qestabiiize th‘
colloid suspensiong
2. Effective destabilization was achieved;
3. Destabilization and then resfabiliz?tion had taken
place, due to overdosing;
g, Preﬁipitatiun of large aﬁounts of ﬁetal hydrbkide
species followad by the removal of tﬁrbidity.

For low concentratioﬁs of culluids, only zone number 4.
is observed and often. a large excess of alpm must be added
to obtain precipitation. ﬁther authors (Br#tby, 19803
Sanks, 1978; . Nebér,'1972) reparted similar ubservatinng re—

lating pH of treated water to coagulant dosage.

Water temperature . ‘

lMorris and Knccﬁe (1984) studied the effects of low tem-—
peratures on the rate of turbidity removal. Their in-
vestigation indicated that flocculation at low temperature;”
produces.smaller -floc with decreased settling abilities,
compared to results obtained at 20°C; " The authors at-
tributed this discrepancy to a change in the kinetics of the
reaction and to physical properties of water, sufh'as vis-
cosity and density. This phEnuﬁenqn is more pronounced for
flocculation with aluminum sulfate than it is for other co—

agulants (Sanks, 1778; Stumm and Morgan, 1962).
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2.1,2,2 Flow dpnditions

In flocéulptinn,systems, the degree of flocculation ///’
,—-—-—.__,-/

achieved within a unit also depends on the magnit af the

mean velocity gradient, G, the retention perigd in the unit,
and the number of units. A simplified version of Harris's ..
gquatiun {Eq. 2.10) was utilized belon. to visualize these
relafinnships."The simplified form of Eq. (2.10)—15

Ne T

—— = (1 + KaBNey — )™ B (2.17)
. N m

where K. = KD’ ol
D’ = experimentally determined value of the
size distribution function
K = experimentally determined rate constant

'From the above equation, one can conélude that by
progressively reducing the total retention time for a floc—
culation system while increasing the nﬁmber.ﬁf flocculation
reactors one can achieve the same overall performance. The
minimum possible retention time is achieved when the number
of reactors in series is inf;nite, i.e., during PF condi-—
tions. The second beneficiéi effect of compartmentalization
is thgt it minimizes short circuiting.

Camp (195%5) preéented an equation describing the in-

.3tantanenu5 dispersion curve for = compa%tments of equal

size in series.

o

m™ t
C/Ca = ¢ )m—t peminsT> . (2.18)
(m—1) T "
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where . C = concentration of particles in the outlet
from the last compartmsent after time t

€Co = initial concentration in inlet based on!
the ‘total volume of m—tanks in series

-

The area under the dispersion curve at a bivén time t
is equal to the fraction of a siug input of tracer which
has left the system. Bratby ;(1980) sdlved Eq (2.18) and
presented.it-as follows:

mﬂe'—(tIT) '

C/Ce =1 - ————=wunw C(E/T)™2 + (m—1)/m (t/T)=—2 4+
« m! )
(m—1) {(m—-2) (m—1)! )
R (L/Trm= 4+, + ————m - (2.19)
m=2 . m™—1

This development indicates that as the ngmber of Eon—
partments increases, the time of maximum response apprunches
the nominal retention time, T.

Camp (1948) demonstrated that hidher velocity gradients
during flocculation praoduced lower floc volume concentra-
tions and therefare more compact and less fragile .flucs.
Camp’s investigation of floc volume concentration for G v;lf
ues between 80 and 1000 s—* indicates that by providing a’
high velocity gradient in the first chamber and 5ubseqhent1y
lower velocity gradients in the following compartments,
denser fioc should be produced , (less sludge volume), com—
pared to a system in which a 5inglg low B8 value was used in

one or a series of tanks.

a

The I5uperior performance of a muitiple compartmant

flocculation unit working under a Pk réginc compared to a

single unit with completely mixed conditions can be demon-—
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A R
strated by means of solving Eq. (2.17) for total detention

-

time, T: . _ .

m :
T = ————=~ [(Ng/Ng) €27m> —17] (2.20)
K1 GNa ‘

As the number of chambers-increasgs with the same over-—
all performance, No/Nay of the flocculator, the flocculation
time tends tqggrdé the limit value: .

T = limmia ——=—= [ (Ne/Ng) €2s= — 11 ° o (z.20

K;GNQ ) )

substituting m = I/n, into Eq. (2.21),

« 1 (Na/Nadm® -1 | ,
T = liMni-o [-- 1 (2.22)
Ka1GNg Ny .
results in —- »

T = (In (No/N.) ) /K3iGNa .' (2.23)

For a batch fln:culatnfr;brking under identical condi-
\\,
tions (same No, Nu/No, Ki, G, ) and m = 1, and for an equal

time of flocculation t, -

T = ——o [(No/Na) —~ 11 . ' (2.24)

Comparing £gs. (2.23) and (2.24) the minimum time for
flocculation in an infinite number .nf compartments will
always be a fraction of the flocculation time in a batch

reactor for a given result, since NO/N. > 1:

»
In (No/Na) < (No/Na)—1 (2.23)

" -

o

1
ElS



In summary, this investigaticn indicated the existecce
of several parameters directly involved in a successful
flocculation process. Some fcctors, such as cH, tempercturc
and concentration of the particles can be .easiiy monitored
and ad justed. 0Other factors, such as the number of compart—
ments and flow conditions become a stumbl;ng ;\bqk on the,
way to imprdbing flocculation efficiency. In this study
Richter's (1977) apprcagh to overcome these deficiencies by
.setting up ?locculatinn in a granulac medium, which could
be considered as a flncculatiun basin w%th a great number of

interconmtcted reactors, was investigated.

2.1.3 Structure of Fluid Mo{inn in Porous Media

The flocculation mudels presented in Section 2.1 have
been developed for reactors which are ‘much larger in size
than the 1largest floc. However, the veiucity flcctuations
of the particles coving in a granular medium appear to be
analogaus to velocity flcctuat;nns QUring eddy motion in
larger vessels (Scheidegger, 1960). .

Scheidegger (1960) , referé €; this cs "dispersivity".
According to Scheidegger, "the hydrodynamics in a porous mc—
dia may be thought of as analogous tn‘the diffuéivity of ed-
dies... in turbulent motion.*

Furthec inQestigatiun of flacculatiuﬁ in porous struc-—:
tures requires the analysis and selection qof a suitable-

.model, which cah be easily applied to a variety of flows and
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media. . . ) : '.\
N

2.1.3-& éarngs Media Mnaels - ’

| ‘Randnm-distributinn of pureé, even for uniforamly sized
grains, rgsults in the random nature of flow in grénular ma-—
terials. One can distinguish'twuldifferent gpprnachesa in
Dné, the flow inside the conduits i% aﬁalyzed; in the uthef,
the flow afuund solid objects submerged in the fluid is ‘con—
sidered (Bear, 1972). The first approach utilizes the
Hagen—Poiseuille’law governing the steady flow in a single,
straight, circular tube. Tﬁe second appﬁoach, based on an
extension or generali;atiun of Stokes léw, has been success—
fullﬁ,useq in the design of suspenqed bed flocculators And
clarifiers (Ives, 1978; Sanks, 1978).

The simple§£’tnnduit flow model consists ofﬁa bundle of
'sFraight cylindrical capillaries of uniform cross—section,
criented in one direction, with 1liquid flowing " axially.
These models have been devélupedf{based' DnA the .Hagen—

Poiseuille law.:

4

U = = (Cemmeeeme ) ' L (2.26)

tube diameter

H = headloss in capillary
u = 'velocity, (interstitial velocity)
L = capillary length :

I+ there are N such tubes per unit area of cross-—

. : . “
section, then the overall specific discharge will bF_l:"‘ﬁi
q = — NV (Td=2./4) S (2.27)

’ : .

w o
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Porosity, n, which consists of the ratio of the volume

of voids within a sample to the bulk volume of the sample is

given byz:
n =-V./Va = N (Td=/4) , _(2.28)

whﬁre V. = volume of voids
, Ve = bulk volume of sample

from which the intrinsic permeability, k, is found.

) } kfg H | nd.= :

q=-(—-) - 5 k= - - ' (2.29)

) il L o 32 ‘ ’

Equation (2.29) is aﬁaloguus to Darcy’'s law, with spe-
cifi: permeabilities re{ated to porosity and Qﬁre diameters.
The numerical coefficient 1/32 is meaningless as far as the
actual porous ‘dium is concerned, and is often replaced with
a coefficient/ that represents fnrtuosity. T

Tm = (L/L)= < 1 ' (2.30)

where L = straight line of length L connecting the
two ends of tortuous tube of length Lo

The value of Te estimated by different authors varies be-
tween 0.31 and 0.64 (Bear; 19723 Carman, 19373 Irmay, {954).

" The application of Eq. (2.29) to design has been hin-
dered by the assumption that the diameters of thg capillary
tubes are uniform, and that the conduits have a circular
shape. ‘Consequently, thé concept of hydraulic radius, Re,

defined as the ratio between porosity and wetted surface,

]

aw, per unit volume of ‘bed, was introduced. . i
" Re = n/an - L (2.31)
where a. = am (1 - n)

e

am = specific surface (total particles
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" surface divided by the volume of the
s particles).

Hédgls Saséd on the hydraulic radius visualize the
porous medium as a network of interconnected channels and .
utilize some measurable propefty of porous media in the form
of a shape factor. T

One of the most widely accepted derivations of perme-—

ability is - the CafﬁSH‘Kozeny equation (Bear, 1972; Bird et

al.,K1960)= !

n:
k = (ﬂ-=/190) _————e . . (2.32)
{(I1-n)=2 '
which leads to:
79 = ' '
V = —— (H/L) (da2/180) —————— : (2.33)
o (1-n)= . )

where d. is defined as mean particle diameter = &/am
vV = apparent velocity

Table 4 in Chapter 4 presents a brief review of perme—
ability equations commonly encountered in existing litera— .
ture. | |

The interstitial velocity is related to the volumetric
flow rate and the cruss—;eétional area of a porous Bedium,
A, by the‘Dupuit—For:hhéimer relation:

u = @/nA T ) . (2.34)

These two models have been sucéessfully utilized in
modelling filtration and fluccglatiun processes in granuiar'
media (Bratby, 19803 Sanks, 1978; Schulz and Okun, 1984);
ntﬁer mpdels. such as statistical, Ferrandon’'s and fissufe

maodels, have gained mor-e popularity in geotechnical engi-

e
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neering (Bear, 1972). The analogy among the pre;.nt-d mod—
els is nbvinus; a;y .developnent- based on hth- Hagen-— .
Poiseuille law will lead to a 'linear relationship betweasn
_the piezometric head gradient and the velocity. These
model s cloéeiy fdllow real conditions uﬁ to the value of
Reynold's'number, ée,'équql to 1 (a'discussiun on Reynold’'s
nUmberé and applicability range, is in Section 2.2 ), above
which dev?atinﬁ-increases; when the ﬁe Eeaches h value of 10
(tnon—-linear laminar flaow regimeg,‘these models no lbnger ap-—
ply. Fig. 1 shows the results of a typiéal one—dimensinna}
experiment in which the .flnw rate is graduaily increa;ed.
One can see clear deviations from Darcy’s law and from the
models which fullpu.this"lau. This fnvestigatinﬁ will
encompass higher flow rates that generate Reynold’s pumbers
above 10. Thus, it is ;ppropriatg to investigate the rela—

tionships betwéen the hydraulic gradient and the flux at

large Re numbers.

2.1.3.2 Flow at Higher Re Numbers .

The first attempt to find a nonlinear relationship be-
" tween the hydraulic gradient and the %luw rate was made by
Fnrchheimér (1901} .. Hé_ attributed nonlinmsarity to the ap-
- pearance of turbulence; this assumption was based on the
similarity between flows in porous media and in ruuéh pipes.

Mis equation takes on the following form:



Dorcy's Low is valid | Darcy’s Low is not valid

Lominor flow Tronsition from{  Turbulen! flow

Viscous forces |-ominor fo

5
8
c |05 predominon? turbulen! fio
2 ) Inertial forces
i_&’ [0‘ predominant
g’
£ .
o
c o =

10" RN

o ! | 0 ot 1
" Re
.‘ Figure 1 SCHEMATIC CURVE REPRESENTING

EXPERIMENTA] RELATIONSHIP BETWEEN
FLUX AND HYDRAULIC GRADIENT (BEAR,
1972).

25
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AH/AL = aV + bva | | : (2.35)

where a and b are constants. .

Fnrchﬁeiﬁer’s explanation has not bren confirmed by ex—
perimental results which indiéata that actual turbulence
occuré at much higher Re values than Forchheimer sugqnsted.'
Schneebeli (19535) conducted ekperimgﬁts to determine the Re
at whicH turbulence begins. He dbsefved the étart aof turbu-
lence at Re 1350; this_ipﬂicates that nonlinearity (ﬁhich oc—
"curs in a range of Re 1 to 10) cannot be caused by turbu-
lence. He attributed nonlinearity to inertial forces, which
at low Re are negligible in énmparisun to viscous forces.
(Bear, 1972; Schneebeli, 1955; Scheidégger, 1960) . The
inertial forcés;ruhiéh are proportional to the square of the
.velncity and afe independent of viscosity, gradually become
predominant as Re increases.

Anather approach proposed by Ward (19464) uses drag

forces to explain the deviation from Darcy’'s law. In a lam— .
inar region, Stoke’s law which is analogous to Darcy’'s law,
is used. At high Re, thé drag resistance acting on a

particle moving in a fluid is:

. Ve : .
Drag = €p A" Y — (2.36)
‘ | _Q\h/
where éﬁf = projected area of the body on a plane
® normal to the flow -

Lo = drag coefficient

Ward set a force balance and related Cp to a dimension—

less friction factor, which depends on Re and pore geometry.

-

o -



.Thu final form of Ward’'s flow éﬁuatiaﬁ listed in Table 1 in-
cludes linear and quadratic terms. '

These investigations resulted in a large number of_nnn—
‘1linear motion. eqﬁations which arelidentical in form except
#bqjtheir coeﬁficienté, and which incorporate the prupertigsr
of ﬁedia and fluid. A brief review of representative equa-—-
tions is presented in Table 1.

In this investigation, Forchheimer s type of equation
has béen' utilized, because of its successful application in
modeiling fluid flou‘in porous media (Bear, 1972). It can
also he“ applied to a wide ra;ge of flow rates (unlimited
range aof Re) and to a variety of pbrous materials. o€
course all other formulas are aI;n cn;rect in their range of -
validity and they are not to be considered mutually exclu-
sive. |

2.2 Scaling Criteria For Flow and Dispersion in Granular
Media ) '

Scaling laws for flow in porous medis have been in-
‘_vestigated by numerous authors and therefore the available -
literafure on this subject is extensive and detailed (Bear,
19723 Greenkorn, 1944; Gupta; 1972; Yalin, 1971). The scal-
ing laws are usually derived from a dimensional analyﬁjs of

the variables involved in investigated phénonéna.
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The second method utilized is a dimensional analysis of
the equations that describe the system behdvinur._'ﬁ qéqeral
description aof these methods and their application in fliuid
flow in porous media has been presented by Greenkorn (19464)
and Bear (1972). Fluid flow in a granular dedia involves
numerous variables, some of which are listed below:

£ ( L,t,u,ﬁ,P,D,k,g,V,d,r ) =0 : . (2.346)

where P = pressure .

D = dispersion : ‘
d = length perpendicular to flow direction
From these variables a set of dimensionless products
_rEpresehting the relationships among variables and
coefficients can bé obtained, thus allowing one to predict-
the behaviour of the prototype from experiments performed on
;a model that rep;esents it. The complete derivation and a
comparison.of these products were given by Greenkorn (1964),
and Gupta (1972).
| In this study, the size of the média and the magnit;de

N\
of the flaw affect the viscous and inertial forces. The ra—

tio betwee; these tﬂo forces is the Reynold’'s number,
definaed byzs
Re = VL/V (2.37)
Re has been pfimarily developed as a criterion for flu-
id flow in conduits to distiﬁguish between lamin;r and tur-—

bulent flow. An’analogy between the capillary bundle porous -

media model and flow in pipes leads to the application of Re

-a8 a criterion, describing flomw in permeable materials.
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Henceforth, in this study, Reynold s number is used awm a

primary criterién de%cribing flow conditions in the model.
Although the form of Re seems very simple, its di}-ct

application for flow in g?anular media is not straight—fér—

ward and therefore requires a more detailed presentation.

2.2.1 Reynold ‘s Number as a Flow Reqime Critggjﬁn

. ¥
Reynold’'s number in porous media is defined similarly .

/’/
- .
Re = vd/V 7 (2.38)

// ’

where d = length;/dimensinn af the porous media
- mi;pix- '

The applicgtion of €q. (2.38) as a criterion of the

to Eq. (2.37);

flow regime has been hindered by the lack of a p;a:ise defi-
nition of a length dimension, d. Consequently, the value of
Re for the ;ame media and flow conditions can vary by a fac—
'tor of 10 with respect to the repregentative length, d. The
.most popular definitions of éhe length dimensian eﬁcuuﬁtered
in the literature are listed in Table 2.

Bear (1972) utilizes the mean grain diameter as the .
length dimension in his ;assification of the flow regimes.
However, it seems more apbrnpriate to use the Qalue of k*7=,

where k 1is permeability, since it better represents the ac-

tual properties of the media.



31

Table 21 Definition of Length Pimension d, Representing
Porous Matrix in Reynald’s Number (Bear, 1972).

Notation _ Definition
. O . the mean grain dianeter,
dio - the grain size fhat exceeds the diameter of

10% of the material by weight,
deo the grain size that exceeds the diameter of ~
50% of the material by weight,

(k/n)2r-= where k is permeability,-and n is porosity,

krr=x

. |
For beds consisting of uniform particles, porosity is

‘independent of sphere size and can vary. from 0.26 to O0.88.
This variation greatly affects k and thus the corresponding
value uf. Re. Using particle diameter as a length dimensinﬁ
would not change the value of Re, regardless of the packiﬁg
porosity or tortuosity D? the finu ‘bath. A review of the -
literature on this subject indicates the _éxistence of .
several controversies with regard to parameter interpre—
tations and in particular with regard to what parametgr to
use as a length dimension, d, sf a porous matrix, and in
assessment of the values of the cfitical Reynold’s numbers.
Data reduction and analyses will consider the va;ious
definitions to arrive at the most consistent explanati;ﬁ of
flncculatiun' efficiency.. " The analyses presented later

comfirmed that permeability was the best parameter and .
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therefore development in this chapter will be based on
permeability.

Many authors distinguish three regions of flow through
porous media (Béar. 1972; Morcom, 1946)._

T 1. At low velpcity, where the flow is laminar,
viscous forces are predominant, and Darcy.s law
is valid. The upper limit of this range is char-
acterized by a wvalue of Re between 1 and %0.-

A2. As the velocity increases (fér constant d and v ),
inertial fur;es become more important, and
at the upper - end of | the  transition zone}'flou
passes into the turbulent regime. The upper
part 6f the laminar flow Eeqime is often called
the nonlinear laminar flow regime. The Réynbid's
namber° for the upper limit of the nonlinear
laminar flow regime is usually characterized by an
Re value of 400 (Morcom, 1946).. Bear (1972) sug-
gests an Re of 100 for tﬁis limit. P

3. Finally,-it is agreed that flow“;becames fullyr‘
C turbulent when Re exceeds 2000.
| s

Scheidegger (1960) qqutions the existence of
"uﬁiversal" Reynold’s numbers for porous media at which non-
linearity begins. The author puipteq out that inertial ef-
fects depend on’curvature of the tube; therefore, the.crifi~
cal Reynold’'s number would be different in some flow chan—

nels than in others. This would happen even if the cross-
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sections aof the channels were idintical and even if they
together formed a medium of identical porosity and tor-
tuosity.

) Although his approach seems to be correct, it'is more
suitable.fur phenomena in the microscale than for overall
consideration. In Fhis study, attention was directéd to tﬁé

flow in a nonlinear laminar flow region utilizing Re as a

flow control parameter.

2.3 Theory Development -

This section is chiefly concerned with the definition
of the process perfurhaﬁce as a %unctian of operating vari-
ables. Existing theoretical developments app;icable to
flocculation-in granular media will be discussed. In addi -
tion,, a process performance model will be formulated to pro—
vide a basis for evaluation of experimental data.

The analyéis of flocculation in granular media requires
one to distinguish two simultaneous processes governing the
behaviour of particles. The first process involves the-
transport of particles through the media and straining, usu-

" ally described by &epositinn and différential mass balance
equationé. The second process involvg? flocculation, as de-—
scribed by the orthokinetic flocculation equatiuh. For
reasbns of simplicity, they will be discussed separately.
However, in real systems, theQe tﬁo processes .comﬁlement

each other.



2.3.1 Particle Transport in a Stream -

The general mass balance equation in an infinitesimal

increment of granular medium is as follows:

accumulation rate = (flow in) - (flow out) + generation
aC ac a=C . .
at . Ix=2 _ '

= concentration of suspension

= longitudinal distance

= dispersion coefficient, including diffusion and
hydrodynamic dispersion coefficients

R = chemical reaction in the liquid phase or re-

action with the medium.

It is assumed that there is no chemical reaction be-

tween the medium and the liquid or suspended particles.

R (C,t) =0 e (2.40)

Therefore, for a semi-infinite medium bhavin a plane

source at x = 0, the governing differential equation is as
follows:
ac ac 23C | _
-— + V= =D -— =0 (2.41)
ot Ix ox=

The majority of researchers Hha hawe;investiﬁgted flow
and filtration phenomena agreed that the ’1ast term o} Eq.
(2.41) is negligible with respect to tﬁg other terms in'tﬁé
equation (Dullien, '1979; Hérzig et al., 1970). ~Hawévar, it
seems appropriate to discuss the dispersion term, since ‘it

represents the mf;ang properties of-the media.

[y
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2.3.1.1 Dispersion in P ia

The proc;ss of lungitudinil dispgrsiuﬂ in flow thruugh
granular media has been studied by numerdus‘authnrs (Bishﬁff‘
and Levenspiel, 19§2; Danckwerts, 1953i and'Greenknrn, 1970;'
Levenspiel and Smith, 1957; Shémir. and Harleman, 1967).
Ogata and Banks (1961) presented a solution for Eq. (2.41)

which allows one to find the conceptration distribution and

L

_value‘of the dispersion coefficient. l " .
| In their model,{at time t = 0, a quantity of the tracer
. was'rapidly injected into the fluid.‘ They éssumed that the
. flow rateland degree of mixing are independent of rqdiai po-
sition and that the  plane of tracer would therefore move
Q9qn the vessel with velucity'v;

Qi .

V= — - (2.42)
vn .

Its locétion at time t would be at x = Vt.
) i

- Al

In porous media, the longitudinal velocity of any ele—
ment of Fluid relative to the/¢2ane at x = 0 will fluétuate
randomly. At times, the element‘ uiil be close to a solid
surface and viscous fdrcag Qill“slow éit‘dnwn; otherwise,
near thé ‘centre of a channel it will reach .a velocity
greater th;n .the mean., . If packing is randomly arranged,
without any‘Fhannelinq,.each element of flui? qill tfavgl at

the same ' average velocity, and will experience fidctuations

of }be same average magnitude;énd frequency.

=

-
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Assuming all of the  above, Ogata‘'s model can be ac—

cepted for overall consideration of dispersion phenomena in
porous ;edia. | .

.‘The following boundary conditions allowed him to solve
Eq. (2.41):

C (x, O) "

= 0 x>0
C (0, ) =0 7t ;505 )
C (o, t) = o’ t >0 N

and to obtain thé“?ﬁff;wing'equationz

C 1 - x — Vt - X — VvVt
-— == { erfc [ —-—==———- ] + e¥*/® grfe { ===—=—= 1} (2.43)
Co 2 2(Dt) = . 2(Dt)r =

where erfc = complementary error function

Equation (2.43) can be presented in terms of dimension-—
less parameters:

c 1 1t - & 1 1 + K

-——=—-—{{erfc L —————— 1 + exp - erfc L ——————— T} (2.44)
Co 2~ 2(En) 2= h 2¢(En)r-=
where & = Vt/x
n = D/Vx

Experiéenta; data presented by Ogata and ﬁ;ﬁﬁih({961},
indicated that the second part of Eq; (2.44) can be igné}ud
without introducing Frrors-in excess of experimentai'errors
(Greenkarn, 1970; Ogata and Banké, 1961).

" C 1 1 - K

= - erfc [ ————— 1 : (2,45)
Ca 2 2(En) 272

The solution to the above equation for the case under
o _ . e
consideration is also known as Fick’'s second law of diffu-

sion {(Dullien, 1979; Levenspiel and Smith, 1957).

N
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The initial conditions ahe-gBear, 1972)1:

C (x,0) = Ca &(x)

.
-

whaere $(x) = a Dirac delta function

" The Dirac distribution can be described by:. =
§.(x) = 1/m for O<x<m
talx) = 0 elsewhere

where m is a small positive number

c ; I ) (x — vt)= :
—_— = w——————— a@xp [ T T 1 (2.46)
Ca 2(WDt)3~s= _ 4apt -

In the case of a step change in inlet concentration
from 0 to C.,., the solution fo Eq. (2.43) is as follows:
C 1 x — Vt

—=—-{1 +erf [ —— - 33 . (2.47)
Ca 2 2(Dt)rr=

where (+) is for x — Vt { 0
(=) is for x — Vvt > 0O
and point C/C. moves with velocity V.
There are experimental diffiqulties in obtaining a
true step fuﬁction (Ebach and Withe, 1958), and the pulse
function method is often used. The pulse function method is
an exfensidh of the step function approach and; as shown by
Danckwerts (1933), the exit concentration profile for a unit
pulse is the derivative of the distribution function for a

v
step function.

The coefficient of dispersion has been found by calcu-’
lating variance, ¢=, of Eq. (2.46), using a Fformula de-—

veloped by Levenspiel and Smith, (1957).
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L . )
o= = [ x=0dx - € [ xfx)dx12 (2.48)

.where fi{x) = Eq (2.43)

a, b = interval of variable x from O to in-
finity

" The result of the integration of Eg. (2.48) is

0= = B(D/VLLY= + 2(D/VL) ' (2.49)
or
D/VL = (1/8)C(80= + 1)272 — .11 (2.50)
where D}VL = a dispersion number equal to the recipro-
cal of Peclet number, Pe
2.3.1.2 Correlation of Dispersion and Velocity

Several studies have been conducted to eximine the re-
lationship between dispersion, D, in the media and flow pa-—
rameters (Beér, 1972; Neung—Won Han et al., 1985). '

Bear (1972) summarized the results ubtainéd by re-
searchers: working with a variety of mééia over a range of Pe
“in the form of a correlation between dispersion and Pe. The

general form of this correlation is as follows:

Dm/Da = « (Pe)= \ (2.51)
where D = molecular diffusion
Da = convective dispersion

<, m coefficients

The value of the coefficient m Fangés from O to 1.2 for
Pe between 10~ to 10%. .In his development, the whole range
was divided ih@o several zones, with respect to predomina-
tion-of molecular diffusion or mechanical dispersibn. In

the pure mechanical dispersion zone, where inertia effects .

1
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. . 4
may no longer be neglected, the value of coefficient & tends

to be less than one.

A Heaknéss of Bear'g“fhenry lies in the difficulty of .
applying the equation to monitor and compare the mixing per-—
formance of the flocculation.

Scheidegger (1960) reported the results of his statis-

tical”analysis of Fhe relatinnship between D and velociﬁy,-
V, in the following form:
D=a (WV" !(2.52)
where b takes value from i to 2’aécnrding to the
' role played by molecular diffusion.

a = unspecified coefficient

Equation (2.52f has been tested and ve;ified by numer-—
" ous investigators ~and gained popularity because of its sim—
‘plicify. Greenkorn (1970) investigated dispersion phenomena -
in granular. beds with grains ranging in size from 0.06 td
0.894 mm and velocities ranging from 0.04 to 0.07 cm/sec.
He found Ha good :ur;elatinn between experimental data and
Scheidegger s equétiun. However, some af the valueﬁ‘af co— .
efficient a were smaller  than 1, which disagrees with
Bcheidegger ‘s theuretiﬁg] predictién.
Greenkorﬁ eutendéd'Eq. (2.52) to ihvestigate the corre-
lation between dispersioﬁ and perneaﬁility or grain size:

kl/z b!
D=a" { ——m V) (2.53)

where a” = undefined coefficient related to’
nonuni formity
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Furthermore, he expanded E£q. (2.53) to incorporate
Reynold ‘s number {(Rw) based on conductivity (k)>:z
D/V = a° (Re)®? . T (2.54)

\ .
‘parlier developed and tested

A similar - equation was
with satisfactory results by Ebach and Withe (1938).
Experimental results later confirmed Greenkorn’s aqp Ebach’s

findings concerning Eqs. (2.52) and (2?54).

2.3.1.3 Floc Deposition in Granular Media

The solid-liquid separation process during the flow in
porous media is a well-known phenomena, commonly utilized
for filtration purposes. Puring the bed,clogqinglprnceés.
there aré ceveral capture proceéses: inertia, sedimentation,
hydrodynamic effects, direct interceptiéh and diffusion by
Brownian mation. The clogging process commonly employed in
filtratinn and contact flocculation is undesirable.in-pebble
flocculation since it sﬁnr&gns the working cycle of the
media. Adverse effects of cioggiqg can be minimized by
increasing media grain 5izeﬁ porosity of - the bed or flow
veiacity.

Increase of flow velocity to the point where all depo-
sition ceases (critical velocity) can be a useful alterna- .
tive, limited mainly by floc strength ‘and minimum contaﬁt
time. |

In a bed working under the constant flow rate regime,

the process of clogging results in a decrease of porosity



~and an incéease of velocity, up to a critical velocity point
(Maruodas and- Eisenklam, [945).

In contrast to the congéant flow rate, in the declining
glow rate regime-a decrease in porosity results in a de—
creése:nf the flow rate, while the interstitial flow veloc—
ity remaiﬁs approximately constant. Low interstitial flow
velocity causes pgrtiéleé to attach to the media, therby

producing large fragile flocs. This prntess continues until

an equilibrium' point is reached when shear forces overcome

41

the strength. of the floc. Therefore a sufficiently high

-

initial flow rate is an extremely impa;iant factnr-in'the
design of flocculators working in the declining flow rate
regime. The initial flow velocity allows critical velocity
wiéhin the media to be achieved within a short time,
resulting in a‘muderate .decrease in flow rate and a longer
run. Denser flocs produced at higher velocities requires
shoéter settling times and minimizes sludge production in
the clarifiers.

Several studies thave been ;onducte& to enhance the un-—
.derstandinq of the relatidnsﬁip between particle deposition
and physical parameters in the process (Adinland .Rebhun,
1974, 1977; Herzig et. al., 1970; Ives and Sholiji,. 19653
Maruodas and - Eisenklam, ‘1965; Rebhun et al., 1984;
Tcﬁobanoglnus and éliassen, 19703 Vigneswaran and Ben Aim,
1985). The majprity 6; the studies di;ectgd at increasing

removal efficiency were based on a simplified version, of

Eq. (2.41):
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ac ac : - |
- = - — : (2.3
at ax

and on Iwasaki ‘s clarification equation:
oC N
—-— = - AC (2.58)
ox

where A 1is a function of the amount of accumul ated
particles per unit volume of bed (0.) and
therefore also of filtration time.

Equation (2.56) integrated for a given time t and depth

L yields:
c
—— = exp ¢ — A/L ) ~(2.57)
Cg ‘
where Co = influent concentration at t = 0 and for ¢a

= 0 filtratian coefficient A = A.
Herzig (1970) presented an equation to estimate porus—“

ity of a clogged bed by the relation

N = nsg — B0 ’ (2.58)

where no = porosity of the clean bed
B = reciprocal of compaction factor

- He also substituted the following C in Eq (2.55) :

C = 0o + nC (2.39)

Finally, by substituting €q. (2.58) into (2.55) and

using a few simplifying assumptions, he obtained:
»

0. acC
—— + YV -—— =0 (2.60)

at Ix
The term B0o. can be omitted with respect to na, when
" clogging is negligible. A further assumption, interpreted

by other "authors as well (Ives and Sholji, 1965; Maruodas
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~and Eisenklam, 1963) suggests that hhgn the particle concen-—
tration change in the voids isl ﬁarginally sﬁall, tﬁe term
Ne(EC/Et) is negligible. This ﬁsgumptiun is valid when the
value of nC is small compared with 0o and can be applied tﬁ
beds built of small particles when straining cannot be ﬁe;

gl ECted- —-""—"‘-7‘_-

Ives and Sholji (1263) presented equations representing
the change of filter Vénefficient, A, . with respect to the
specific deposit. | These equations were prim;rily Heveluped
_far filtratidn purposes; conseduently they have only limited
applicatieon to flocculation. The fulinwing equation was de-
veloped by Iwasaki, and represents change in A during ini-
tial clogéing ‘and in a slightly clogged bed. Another equa-—
tion, which includes terms representing cnefficient change - -
resultihgvfrnm heavy accﬁmulation of depuéits, 15 more ap—
plicablg in filération processes.

A= Aa + kila . " (2.61)
where - A = the filter coefficient for a clean bed
k. = constant
- - Equations (2.54), (2.60f, (2.61) or other Ives filter
coefficient equations, solved simultaneously, éllow the
quantity of deposits in any bed.layer duringéa flocculation
run to be found. -

Direct application of this solution for any real system
_ may be difficult, because of the 1lack of a precisé
definitibn.uf parémeter Ay and a large number of simplifying.

assumptions. Ives and Sholji (19465) derived a formula for
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change in a headloss in clogged bed bgsid' on their

determination of specific deposit.

|

H=hao L +K [ 0o dbL (2.62)
(=2

where hao = initial headloss per unit depfh
K = caonstant for given filtration rate,
\ grain size, suspension and temperature.
-\ . ' . i ’
2.3.2 The Working Equation \

The development of a working equation was chiefly based
on Richter ‘s (1977) exﬁeriem:e with granular media floccula-
tion, from a study of the Araucaria treatment plant.
ﬁichter emphasized existence_of a laminar flow regime in. the
flocculator, and consequently utilized éq_(Z.lé)ltu describe
flocculation kinetics. The Ergun fordula (Table 1) was used
to describe flow conditions in a granular bed. The decision
to use Etgun's equation, develuped for transitional flow,

.with Harris’'s equation derived _for flocculation in laminar
regions,'appears to be contradictory. However, the experi-
- ments were performed in a lower region of transitional flow
(Re based on permeability in a range 1 to 10) where the ef-—
fects of nonlinearity were less viéible and‘7ESu1ts are con-

o

sistent with the presented theory.
In this study, Richter 's development was fqllqwea pri-
marily to fiqd'the applicability range of Harris's equatiﬁn
and because of the lack of kineiic equatiuné- devel?ped
specifically for flocculation ih transitional regions.

The net rate of decrease of primary particles No/Na,

also called the "performance parameter“, is useful in char-
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acterizing experimental performance as a function of resi-
dence time, mixing intensity and -media and ,suspension
characteristics. The simplified form of Harris's equation

(2.18), solved for an infinite number of reactors is:

N- 1
—— = exp ( KiBNgT ) (2.63)

New

The velocity gradient, G, (Eq. 2.5) 1is a function of
pnuerpdissipated per unit vo}ume described by Eq. (2.4).
For the flow ?hrough porous media, the vulﬁme of liguid V., =
nAL, therefarg Eq. (Z2.4) becomes:

" W Hfgl

Mg = = = ————— (2.64)
Vo nAL ' —_ : e

Substituting~Eq5. (2.62) and (2.64) into Eg (2.5)
results in:

PQQ L T
G =L[ —— ( hao. + K fd;dL)]"’ ) (2. 63)
nAL el .

where ha = initial headloss per unit depth, calcu-
lated from Forchheimer’'s formula (Eq.
2.33):

-

T

ha = aV + bv= | ' : . (2. 466)

Equations (2.63), (2.63) and (2.66), solved simultane— -

ously, yield:
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No , fg Q 2
—— = exp { KiNaogT { —— {( a(-) + b(~)=2]
N nAL A A
L S
+ K [Oodl 332723 (2.67)

The complexity uf.the processes governing flocculation
of c&lluidal -partitles in a nonlinear  laminar flow regime
makes the task of Ffinding a univer5§1 equation extremely
difficult. A large number of variabies characterize porous
media, turbidity causing particles and water and cnaﬁulant
interactions; some of these are still undefined which fur—
ther complicates the issue. .

For the above reasons, Eqg. (2.67)"was used as a

guideline or starting point, instead of as a ready formuala,

]
to monitor the whole process.
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Chapter III
B |

i

EXPERIMENTAL METHODS

3.1 Work Organization

Eﬁperimental studies were conducted at a pilot plant
scéle, thus avoiding some scaling effects and praducing more
represeﬁtative results,

The experiments were conducted to test the application

-af theories based on Richtér's (1977 findings, on floccula—-

t
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»1

tion in higher Re ranges. Richter conducted flocculation

‘tests in a 2.1 m high bed,‘ysinq as a medium uniform gravel
with an avérage diameter of 6.7 mm and borosity,'n, of 0.33.

Flocculation' was performed using apparent velocities
ranging grom 0.19 to 0.83 cm/s.. These flow conditions pro-
duced Reyn%%d‘s numbers (R =(Vk*“2)/V) in a range of 0.18

to 0.80, and a flocculation time of approximately 1.4 to 6.0

minutes.

Y

The experiments were divided into thr series of

replicate runs with corresponding media diameters of 32, 20,

and 14 mm respectively. fhe flocculation unit in each

series was operated wifh initial hydraulic rates of 0.1%95,

0.422, 0.650, 0.844, 1.039? and 1.234 ca/s, respectively, and

‘monitored for a period of 4 to B8 hours after steady

conditions were reached. ¢ These ”conqitinns allowed the
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behaviour of the flocculator 'to be monitored in a range of

Reynold’'s numbers from 1.7 to 76.7, and flocculation times

between 1.4 and 14 minutes. .

A constant head tankkléeryed és head contrdl and ‘main-
tained the declining flnﬁ rate feqim- during the flacculn-
fiun runs. Furthermore, it was assumsed lt;;dy,cnnditjnns
were reached uhen_effluent pH 4.4 + 0.1 was natnthinuﬁ for a
period of 2'hours. The model was built and tested in the
HydraulicsiLaburatory at the Dapartmmnt of Civil Engineuring
of the University of litaua. The air temperature during
this investigation varied from 20= to 24=C. For each of the

media arrangements, /theléolluwinq tests were performed on a

! 1
periodic basis: turbidity, alkalinity, and pH.:

3.2 Experimental Aggafgtus. ) B

The model is‘sthn in Figs. 2, 3, and 4. Two 3,210 L
tanks, each equipped nith air mixers, were dqed to prepare
and store the waéer suSpgnsion of kaalin. Ai; mixers were
built of 10 mm ( 3/8 in) copper tubing in the foram of grates
.laid‘on the bottom of the tanks. The airl flow rate was ad-
Justed to .a levéi‘suffiqient to keesp the particies in sus-
pensian.

Kaolin suspeﬁsibn was ﬁumped from holding tanks thrﬁuqh
a 25 mm (1 in) PVC pipe to the constant head tank, equipped

with a mixer and flow rate control valve. The constant head

tank had a 120 L capacity and was equipped with a propeller

o

-
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mixar{’keeping_the solution aqitated without introducing air
_bubbles. The solution wasted from the cnnstaﬁf ﬁlad tank
was returned through a 75 ma (3 in) PVC pipe to the holding
tank. The feed solution was tra;s(érred by 6ravity through
a 30 mm (2 in) PVYC pipe from the head tank to the
flocculatjgn column. ‘

The vertical part of the pipé was equipped ;ith‘an in—
let pa(t to supply the required amount of coagulant. Aluﬁ
coagul ant was pumped from a 20 1 plastic'pontgiﬁer_thrquqh 3

mm diameter 'acrylic tubing tb the flocculator supply pipe.

Influent suspension was mixed with alum in the supply tub-
4 . . —

ing. The mixing period ranged fro to 150 s, depending

)

aof a plexiglass/@?linder 1868

on the f%nw rate.
Thek¥xgtculatnr consiste

cm long and 14 cm I illed )jwith a granular madium.- The

media uséd were: hoiluu‘puf;propylene balls in two diam—

eters -~ 38 mm 9nd 20 mm - and glass beads (marbles) 14 mm in
diameter. ' ~

Provisions were made for sampling water at different
poinis in the colﬁmn and for measuring the piezometric heads
at vdrious depths. Thé flocculataor lhad six .available
sémpliqg'puints, numbered_ih' ascending order ;rom 1 to 6.
Preliminary. experiments indicated that a distance of &0 cm
between neighbouring ﬁémpling points musﬁ.be maintained to
avoid inter;erence duqipg sampling. Therefore, sampling
points 2y 4 and 6 were chosen. These points were located at

' 30.5, 91.9 and 188.0 cm heights, reépectively, above the
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bottom of the bed.  The water levels in the piezometers were
measured using Cathetometer model M911 (Gaertner Scientific
Cbrpuratian). The sampling ports consisted of plastic

~ tubing 3 mm (1/@ in}) ID that protruded into the centre of

the bed " through rubber stoppers mounted in the column wall

(Fig. 4B). _ , o .

The column was initially washed fér 26. minutesr
with clean tap water to remove any particleé preéent iﬁ it.
The suspension was then allowed to flow through tﬁe column
‘foF 20 minutes to establish the desired flow rate and
unifnrﬁ flaw cnnditions.. The clean water that remained in
the.column from wééhing was purged during this 20 minute
period. “

Flocs depaosited in granular media can be easily‘redis—

persgd during samplihg,.which influences sample tufbidity.

To avujd this phénbmenun, the following sampling procedure

- was established: -the‘first samplé was taken from the top of
the column, the ;ecﬁnd sample from the middle of the column
\“and lést‘ sgmple from the bottom of the column. Samplas-uf
0.5 L “volume were siphoned periodically from these sampling
pnipts and after a 40 minute sedimentation period, turbidity'
waé‘&easuﬁed. A,ﬁumplete description of the turbidity mea—

-hﬁﬂ[iﬁg technique is in Section 3.6. ' A

// A mixture of the kaolin solution and alum solution as-—
,_\f" cended through the column to the outlet leaving the floc-
N

culator through the 50 mm (2 iﬁ)'PVC tubing to the collec-—
NI e L o )
tion tank. Flow rates were measured by monitoring the time

r
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to collect a given volume of effluent in the collection

tank.

An electrode was placed in the colhmﬁ (above the
medium) to determine the pH'Qf the effluent leaving the
flocculator. ‘Measurements of pH were madé in accordance
with Section 423 of Standard Methods. The pH of the solu-
éion waé .nnt carrected‘during'the e#periments but was moni-—
tored,cuntiﬁgously using a Fisher Accumat Model 140 A pH-

mgter conhected to a Model Coleman 165 recorder (Perkin-

Elmer). The apparatus was calibrated prior to each testing

with commercially available buffers aof known pH.

3.3 Packing of Model

The raﬁdum n#tﬁre of pores makes it practically impos-—
sible to‘ obfain reproducibility af packihg mode.
Scheidegger (1960) found that for a given modF of packing,
the porosity of the bed is independent of thé sphere size
and varies from 0.26 to 0.88. This is applicable when the
linear dimensions of the vessel containing the spherical
particles are greater than ten times the ‘value of the
diaﬁeter of the spheres (Morcom, 1946). _ Purchas ‘(197$>
praposed an even greater ratio, 1 to 50, to avoid wall
effects. To obtain a random packing, the model ua;
frequently shaken while the spheres were poured into the
column at a slow éteady rate. After packing was compleated,

~the column was filled with a detergent solution which was

frequently agitated, using compressed air. One hour later,
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: »
the medium was rinsed with tap water, maintaining air

agitation for about 30 min. This procedure allowed the
removal of impurities.

The madel ‘ugé packed by a known number of spheres of
known size; thus, it was paséible to find poraosity Sy means
of gimple mathematical calculations:

N s —— = c————_—.—- : (3.1

Va Va

whereis Ve = volume of solids within Va

Substituting in Eq. (3.1) for
- 4 ' ‘
' Va =N ~Tr = ' (3.2)

: 3.
and
. 4
Ve = L WR2 - 3.3

the following is obtained:

Ned/3 T r=
n= 1 - ———- (3.4)
L ¥ R=
where Na = number of spheres with V.
R = radius of column
L = depth of bed

-

Table 3 repurté the results of these calculations.

Table 3. Porosity Measurements
Size of the media Number of spheres Pordsity
mm
32.0 430 0.745
20.0 _ 3466 . 498

g
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3.4 Preparation of the Suspension

The compasition  of synthetic water used in this study
was based on experiments cbnduct 9 Andreu-Villegas and
Letterman (1976)3 however, for e#onnmic reasons, kaalin and
sodium bicarbonate content was reduced by 30 x: The‘
suspension consisted of 50 mg/l. of laboratory grade col-
loidal kaolin powder in a solution of 84 mg/L of reagent
grgde sodium bicarbonate (1 meqg/L of alkalinity) in tap
water. At the time of preparafién, this sblution was
stifred vigorously for 10 minutes and then stirred gently
- for 24 hours to allow the solution to reach room temperature
and equilibrium with carbon dioxide in the atmnsphefé. The
.ﬁH of this solution was 8.2 + O.1. Periodic analyses of the
'syntheti; water were cunducted. t6 assuré its constant
quality. Turbidity measurements were used -td ASEESS
cnncenFratinns of suspended solids in synthetic water.
The calibration of tu%bidity. measurements for increasing
concentrations of kaolin aré presented in Fig. 5. The
-characteristics of the tap water uséd during the experiments
were an average a; follaws: alkalinity (as CaCOx) - 24
mj/L; chlorides (as Cl1—*) - 4 mg/L, hardness (as CaCOs) -

-

52.1 mg/L, turbidity 0.4 NTU and pH-8.6.

3.9 _ Preparati on_of Coagulant
”  The alum coagulant stock sdlution was prepared in 20 L

volumes for each run by dissolving 1.2344 g of reagent grade
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Al=(S04)x*18Ha0 crystals in 1 L of tap water (this corre—
sponds to 0.1 g/L. as metal ion or 0.12X). The alum stock
solution was never diluted prior to addition to the floccu-

lation reactor.

J.6 Method of Flncéhlatiun Parameter Determination

The cbmplex nature of the components causing turbidity
in natural waters severely hampers the applicafidh aof theo-
retical stoichiometric equations teo everyday  treatment

practices.

The mo?t common method used for determiniqg floccula—v
tion parametéFS is the jar tegt. This test is usually ﬁun-
ducted ocn a commercially available, variable speed jar
tester which allows simul taneous variation of the speed of
all its 'migidg paddles. The Phipps—Bifd ja% tester ﬂodel
300 with six 25V;m (1 in) by 75 mm (3 in} paddles ‘was used. ’
The procedure Jsed in_ this investigation involved an
adaptétion of iBratby's (1980),‘ Sank’'s (1978), aqS{TeKippe

and Ham's (1970) optimization techniques: ﬁ\
l. *Six 1 L pyrex beakers were filled witﬁ 1.0 L of
the water to be tested anﬁ plgced.unqar the stirrer.

2. The stirrer was turnéd,‘tu its maximum speed.
3. The various coagulant doses uere‘;added to weach
beaker and_ stirring was continued for 1 min and then

baddle rpm was laowered to 40.
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4, Stirring was continued for 18 min and turned off.

" The stirrers were then pulled out from the solution and
the samples were allowed to settle for 15 mino.
5. A 100 ml sample was taken at a depth of 30 mm and

analyzed for residual turbidity.

This samﬁle was acidified to bH 2.9 by adding'conéen—
trated reagent grade hydrochleoric ‘acid, after which it was
shaken to, dissolve any }esiduhl hydroxide precipitaté and
theﬁ turbidity was measured.

Turbidity measurement was done in accordance u{th Sec—
tion 214A of Standard Methads, uSing-a light Scattering tur-
bidimeter, Fisher Scientific Modgl DRT 100, calibrateq using
standard formazin suspension supplied by the mqnufacfurer.

Figure &6 reports thé cumﬁlat;ve results of the jar
tests, which‘rEVEaled the optimum co;gulant dosage, which is
in the range of 1.5 to 2.0 mg/L. Later, during the floccu-
lation runs, the alum doée ranged. from 3.5 to 4.0 wmg/L,
yielding satjsfactory results. |

The difference between the optimum-dcse qf coagulant
indicated by the jar ‘test and ‘the.gpplieqﬂgnse was due iu
different mixing ‘conditions and temperature oscillation of
. treated‘water. However, Fig. & indicates that further in-
creases in coagulant dose do not result in meaningful in-
creases of residual'turbidit;.‘ An analysis of flocculation

curves presented by numerous researchers flocculating kaolin
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" suspension with alum vyield similar concldsions (Andreu—
Villegas and Letterman, 1976; Argaman, 1971; Tambo and

Watanabe, 1979}.

3.7 Evaluatijon of Flocculator Prénerties

A test was also conducted to determine the response of
the granular medium flocculator to an fﬁterruption ip coagu-
laqt feed *rand to a sudéen éhangg‘in flow rate. To investi-
aate_the in#luénce of coagulant feed on the flocculator, 20
mm spheres and a flow velocity ;of 0.195 cm/s were chosen.
This size of media performed well during flocculation runs
and the 'lpw flnw'Jélocity allc;ed for the collection of re-—
quired data.

The procedure used in this test was as follows: After
1 hour of continuous flu&culation, the pump dosing éium into

§ ‘ A —~— :
the feed kaolin suspension was shut off. As a result, the
kao;in solution without coagulant formed a slug, flawing
through the bed.

At the gnd of a 9 minute éhut-off pariod, the previous
coagulant feed rate was restored. The flocculataor's response
to this Ehut—uff-perind was monitored by cuntinunus-pH m;Q-
sgré;entS'and periodic sampling. |

Tﬁe,effect of a sudden change in flow rate was tested
using 14 mm mediu#'subiected to an initial flow velocity of
0.422 cm/s with a stop-and-start period ‘after 9 hours. of

i

‘continuous run. At the end of a &6 haour idle pefiod the flow

was restored and flocculation was continued for a period of



T

. | a | | 62

. 7
15 hours. Data were collected by periodic sampling, flow

rate measurements, heaq'loss monitoring and photbgraphs.

-
-

3.8 Dispersion Analysis

The determiﬁﬁtion ofgghe dispersion coefficient was
. \ -
e

performed utilizing the F atiun "Bapueen dispersion number

e

and variance of the bréhkthrough curve. An'uutfine‘pf~this
method was given by Levenspiel and Smith (1957), they modi-
» . oo . - '

fied the variance (Eq.” 2.48). of the time—concentration

formula (Eq. 2.46) by replacing the integrals with finite
_ p . _ e
sums and the theoretical function of Eq. (2.4?? by the

observed concentration readings: <
I t=f L tf = . _
0% = —=—em— =~ (= )} . o A£3:D)
. If . Ef o N :
where £ is proportional to C/CS and summation - is

- taken over all the uniformly spaced readings.

The value of 02_ from Eq. (3.5) divided by detention

.
B

time, T, results in: ' ' _w) .
d[_z ‘ . ' ‘ t
= = — ‘ : ' (3.6)
T2 ™ . :
Y ’
where 0= = variance of time concentration fqrmula

Cpnsequentiy, by substituting o ubtéihed from Eq.
(3.6) into Eq. (2.50),f the coefficient 64 dispersion is
found. Neither the quantity of 'the tracer nor the actual
outlet cnncentretinn are required.

’ The breakthrdugh curve waé ubtafneq by measuring the

level of fluorescent tracer in water sampled continuously
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from the top of the bed. The slug of the tracer (Rhodamine

_WT) was injected into the water supply tubing using a hypo-

dermic syfinqe. Plastic tubing of 0.2 mm i.d. attached to a

hypodermic needle, permitted the injection of dye into the

‘centre of the water supply pipe. *

Sambies of water uere_cnnfinunusly taken from the sam-
- P . . .

pling.point at the top of the column located 188 cm from the .

bottom Qf the media and’ pumped into the fluorometer, where
thgileéer of fluorescence was measured.

b Eﬂb level of flﬁarescence was measurgﬁ by 2 phntneléCf
tric cell cufdrimgter Hﬁdell iII (G.k. . Turner Associates)
cnnnecteq to a recorder. A deta;leﬂ arrangement of this ap-
pafatus is presented in Fig. é;' The apparatus was cali-
bréhed p;iur .tn each ‘test Qith samg}es of'knuwn cﬁncentra—

7 | , .
,ti;n (Fig. 7).

Thé absorption properties of'gﬁe:médié’ﬂéﬁé*' ted us-

7t

inﬁ the static absurption test jGupta} 197% -; ‘Samples of
. ° ' /' .

v " . .

the madia*® were submerged for a period of 24 hours\in water
: D ’ © _ N

‘of known tracer concentratiarn. The solutionﬁf_uere -frg—

quently analyzed, and there was no signific

l S o : 63

t change in the.

-
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Chapter IV

s/ -

ANALYSIS AND DISCUSSION OF EXPERIMENTAL RESULTS

4.1 Evaluation of Permeability and Reynold's Number Calcu-—
lation Technigues :

_ Calculations using five different pgrmeabilify formul as
were made ‘to find, the one most applicable to this study(
Table B.4 (Appendix B) contains data tugétﬁer with k calcu-

lated usiﬁg the Ward formula. Due to experiﬁentgl error
some meésurementéruere rejected. Table 4 pfeseﬁts values of
k calculated using suﬁe of the better known fqrmulas. As
Expected;,aftempts to use Darcy’s law failed; values in
Table 4, 'also-presgnteﬂ later in this chdﬁéer_shawing the
Correlation between J and V, indicate the flow was in the
fransitiénal range, where Darcy’'s law no lnnéer applies.-
| The pornsifies and' media sizes used in this study
indicate that permeability values calculated by means of
Harleman's and'Bear‘s empirical\furﬁulas are tnn_smali.
Examination of availéble literature (Bear,11972£ Fréeze_
and Cherry, 1979}, sugqests thatwthe most reliable val&es
ére those described by.Carman~Kuzenst and Ward's fnrmﬁlas.
These two fnrmulas.produced similar resultssthat *arl iq the
raﬁge given by the abéye rgferences. In this investigation,

- ' v - . . 1 . .
Carman—-Kozeny's formula was utilized for simplicity and its.

‘prnvéh results for flow in porous media.(Hgdsnn, 1981).

- -
LI
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Table 4. Permeahility , k, Calculated By Representative

Formula
Formula ] - Units . media size, [cml]

‘ 3.2 2.0 1.4
Carman—Kozeny k Ccm=] 0.34617 0.0109 0.0087
-k=(d=/180) =/ (1—n=) d Lecm)

‘Ward

k=((0.55MV=+(0. 302?’V‘ all in 0.1350 0.00446 0.0023

+4aAVI)272) /20) = - LCGS] :

Empirical (-Bear, }976) k tcm=21 0.0063 0.0025 0.0012

k=0.617x10—% d= ° \\ d Caml

Harleman et al., 1943 . k Ccm=] 0.83067 0.0026 0.0013
=4,04x10— d= d [cm] :

Darcyllau ' . .

k=av/JdPg N k [(cm=1] 0.0216 0:0002 0.0039

" r

" 'Parameter interpretations and aﬁ assessment of the

value of Reyﬁbld's number presented in Chapter II were also

ekamingd. Tabie.s,:cnﬁtains ﬁeynold‘s numﬁgrs‘values ob-
tained using different length dimension parameters.
Respeétive values of Re were calculafed using this same
apparent velocity and kinematic v15cos1ty. -Céfeful analysis
of RK indicates that\exderxments were performed in the louer
[end of the transition zane (Reynold s number less then 100).
However, values ;of Re suggests that a greater number of the

runs was done in thg ughgr range‘of'trénsitiunal flau.;-This

- : I
]

finding disagrees with observations. presented in Section

. .. 7
4.4, where the left pant-uf the hydraulic gradient'turvas

vields s1m1lar results, 1nd1cat1ng praximity of lanxnar flan'

F

‘range.’ In‘thxs range all hunllnear flaw equat1on5 produce

results analogous to those abtained‘frum Darcy’'s formula..
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Further analysis indicates.that including the porosity in Rac
does not influence its value to a large degree. ¢
i -

Table 5: Reyndldﬂs Numbers

\ _ 9
Apparent N : Re '
velocity . . '
x10-2 m/s x10"* m=/s (Vk272) /Y - (Vda) 7Y (Vk/n)2 2y /N
media size 32 am, n=0.7435, k#=0.3617 cm=
0.193 0.918 12.68 .68 14.80
0.435 0.918 28.33 147 32.03 .
0.650 . 0.946 41.32 220 47.88 7
0.844 0.963 . 52.48 280 .. -61.07 '
1.052 0.963 - 63.39 345 e 73.18

1.234 0.%63 76.70 410 , g89.28

media size 20 om, n=0.4%8, k*:O;OIO? cm= . :
0.195 1.057 2.51. 37 - 2.73,

0.435 1.007 5.76 84 6.20°
0. 650 1.007 8.87 129 9.55
0.844 1.007 © 11.52 168" ¢ 12.40
1.052 . .1.034 13.74 201 14.87
1.234 1.034 16.32 = 239 17. 66
media size 14 mm, n=0.547, k#=0.0087 cm® .
0.201 1.120 1.67 24 2,20
0.422 - 1.120 3. 51 53 4.75
0.650 . 1.120 . 5.41 .B1 - 7.31
0.844 1.120 7.03 - 106 - . 9.50
1.039 1.120 8. 65 130 11.70
1.234 1.120 10.28 154 13.90

S

* permeability calculated usibg Carman—knzeny-férmulé
! .

| : .

s confirm the results of other inves—
I, .

nded using . k*“2 as a length’ dimemsion

These observati

tigators, who rec

pa}ameter (Greeqg 1964;'Bupta, 1972; Ward, 19464). As a

*“cnnsequence.ftﬁg value of ;quére root ‘of permeability in

T

this(study was.used'to calcu%ata Rec.



/

g

’

68

. 4.2 Ewvaluation of Dfsgersion Paréngters

Tracer tests were conducted in three éeries, using six

different flow velocities fbr' 32 mm spheres, an *ven

—

velocities for 20°and 14 mir media, respectively. sults of

'3 runs were averaged and are presented in Figs. 8 to 10 and

Bl to Bl17 (Appendix B), where C/C, represents the ratio of

tracer passing through the column to the total mass of the

'/’E:;;;;;

-—

t/T is a ratio of the tracer passing time to the

udetentinn time; FLOW VEL. is apparent flow velocity and

DISP. CDEFF. is eqﬁal to dispersion coefficient calculated

byAmeang of the method presented in Section 3.8.

Skewness to the left in the dispegﬁipn curves indicates

existence of

thermore the

circuiting.

cantly less than 1.0,. and the long tail suggest presence of

dead space.

that the volume of dead space remains constant during all-

Y test runs.

. taining tracer pé(}icles and to the imperfection of the sam—

u

could alsa

PF conditions in the pebble flocculator. Fur—
single strong peak implies. absence of short
- The peak, occurring at reduced time signifi-

. 9 .
The compayison of €he dispersion curves reveal

<

This dead space can be attributed to voids re-—

v

pla:gxdévice. The early ’ appearance‘nf the diépersion curve

indicate channelling of the fluid in voids adja-

‘correéted by' placing\fiow breaking rings inside’ the column

. . (Purchas, 1978).

cent to' the walls of the vessel. This deficiency can be

A summary of results'nbtained\¥rom the

¢ d%f:ersion tests together with calculated Re is presented. in

. Tables 6—-8.

’

3

. * ) -
.. - 4 -

! [

5.
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Table 6. Disperéion Test Data
media size 32 mm, N = 0.745, k = 0.3617 cm=

Temp. Det.

Flow Apparent Dispersion D/v R
x10~= Velocity Time Number Coefficient
m*/s x1073m/s =C s D, cm2/s
0.030 0.195 24 » 718 0.0182 0.8974 97.13 12.468
- 0.067 0.435 24 321 0.0170 1.8724 202.66 28B.33
‘0. 100 0.650 23 213 0.0141 2.3145 244,76 41.32
0.130 0.844 22 1 0.0137 2.9276 302.47 352.48 -
0.162 1.052 22 33 '0.0133 3.5425 365.99 &5.39
0.190 1.234 22 ‘//114 /0.0119 3.7102 383.32 76.70
Table 7. Dispersion Test Data
° media size 20 mm, n = 0.498, k = 0.0109 cm=
Flow Apparent Temp. Det. Di spersion D/N R
x10—= Velocity Time Number Coefficient
m¥/s x1072m/s =C 5 D, cm®/s
0.030 0.195 18 480 0.0378 2.7773 260.58 2.51
0.045 0.292 20 321 0.0313 3.4521 342.81 3.99
0.067 0.435 20 215 0.0288 4.5905 455.86 S5.76
0.100 0.650 20 144 0.02%0 7.1239 707.44 8.87
0.130 0.B44 20 111 0.0274 8.7203 8695.97 11.52
0.142 1.052 19 -89 0.0234 2.1710 910.72 13.74
0.190 - 1.234 19 76 0.0270 . 12.56408 1208.12 -16.32
-J//’“\ Table 8: Dispersion Test Data : _
N dia size 14 mm, n = 0.547,/k = 0.0087 cm=
Flow Apparent Temp. Det. — Dispersion D/v R
x10—3 Velocity Time Number Coefficient
m3/s x10=Zm/s <C = ' D, cmP/s o
0.031 0.201 16 912 '0.0161 1.1148 99.95 1.67
0.045 0.202 146 509 0.0177 1.7749 158.50 2.43
T 0.065 0.422 16 244 0.0125 . 1.8099 161.63 _ 3.351
7 0.100  0.650 16 158 0.0116 2.5843 230.78 9.41
" 0.130 0.844 14 122 0.0093 2.7104 242.04 7.03
0.160 1.039 16 99 0.0091 3.2660 291.66 B.65
0.190 . 1.234 16 B3 10.28

0.0093

3.9375

351.62




"hydrautic loadings ranqiﬁglfrom.0,04 to O.sz cm/s.

73

4.2.1 Relationship Between Apparent Velocity and Dispersion
Coefficient - =

Data from.Tables &, 7, and B were used to #ind afcofref
lation betweeﬁ pispersinn coefficient and apparent velocity.
Figure 11 presents plnfs aof dispersion coefficient verf&s_
apparent velocity, ' indicating curvilinear relationships

between these two parameters.

'Results,of regression analysis presented in Table 9 and
Figs. 12, 13 and 14-indicate that the value of coefficient b

is wéll below 1.0, which is supposedly the lowest limit, ac-

cording to Scheidegger (19240).

As expected, these results closely follow Eq. (2.52).

An analysis of Table ? and Fig. 11 indicates that other fac-

i)

tors bgsides shape and medium size influence values of coef-

ficients a and b. .The mast prabgble factor ié the pac Hb

- mode of the model, but more experiments are required| to

arrive at definite reasaons for the variations observed in
Fig. 11. | Ggpta (1972) found the value of b to rénge frém
C.? to 1.16 for géain diameter le§5 than 1.0 mm, and flow
velocities below 2.6 x 10~* m/s.

Similar ubservatiun5 were reported by Greenkorn (1970}

r— . /--\

. when testing grains ranging . in size from 44 to B40 am, and

——"

Bnth‘authnrﬁ'nnﬁiced deviations from Se eideggengg,the—

. . ) - , . .

ory; however, they d}d/;;t give an explanation for these oc-—-

currences. P
b- 3 . °
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1

There is insufficient information to give a definite

1

explanation for this phenaomenons; therefore it can only be

assumed that the coefficient " b is influenced.by changing

permeability from the significantly larger media sizes used

. P .
in this study. ’ vy »

. 0 . “ - " -‘ .-l .
Table 9. Velocity and Dispersion Coefficients D = av™
Size of Coefficients - Coefficient of ‘ ‘Standard
-the media _a b Determinatitn Correlation Errar
32 mm L 3.3113 0.7752 0.9921 L 0.9961 0.0524
20 mm 2.7730 0.8080 0.9857 0.9928 0.0728

14 mm 3.2668 0.46198 0.939926 0.9796 0.0943

4.72.2 Relationship Between Reynold’s Number and_Dispersion
Coefficignt ’ 4 ’

v

It was remarked in Chapter I1I that dispersion properties

~ .- .
of the media could be presented ‘as’a function of -Re (Eq.

' &

2.54). Calculated values of D/V for variaus media sizés and

over a wide ramge of velocities are plotted against "Riy in

b

Fig. 15. : _ -

a
-

Data presented in this figure follows .a curvilinear

78 - N
T e
ERE N
g

pattern following an exponential function (Eq. 2.54)X, As in

the previous section, insufficient data hampered attempts to

develop’ a ‘'universal equation relating dispersion ta ather

media parameters.

r—
p—

Results of regression’ analysis are tabulated in Table

-
.

10 and plotted in Figs. 16-18.
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It is also observed that  values of coefficient b* (Table

10) are virtualfy the same, as values of b in Table 9. This

+ i

fact, mentioned by Gupta (1972), is a consequence of using

Greenkorn's formula . (Eq. 2.52) to develop Eq. (2.54) and the

method he used to calculate k. e P
P .

Table 10. Reynold’'s Number and Dispersion for D/V = a R®?

Size of the Coefficients Coefficients Standard

Media (mm) a - b* Determination Eorrelation Error
.32 14.35 0.77 0.9911" 0.9955 . 0.0534
20 116.09 0.81 0.9874 - 0.9946 . 0.04A3646"

14 ' 78.33 0.62 - 0.9397 0.9796 0.0941

;
¢

4.3 Turbidity Removal Data

Data in - Fig. 19 demonétrate the normalized change in

concentration obtained from port No. 6 (at the top of the

‘bed) for three different filtration rates. Time 0.00 hr in

these figures corresponds to the moment when uniform flow

conditions were established and coagulant was introduced.

The first samples were taken 30 min later when steady

conditions had -been esﬁ%ﬁl%shed. The number of data points

iz ’
presented in this and other figures was limited for the

purpose of clarity.

Data from three representative hydraulic loadings were

.~ chosen to demonstrate media performance under various condi-

tions. Selected Flow rates represent' upper, middle and

lower ranges tested in this investigation.

o
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ﬁdditiunal.data. ﬁresanted in Appendix B followed the
same pattern inaicatgd by the representafive ‘curves. All
turbidity mggsurements used in this chapter were made afler
al hour settling period. A few tests were made on the
removal of kaolin without coagulant ad?itinh: it was found
that.after 20 hrs ‘qnly a.- maximum of 10% of the kaolin was
settled (Table B.S3, Appendix B).

Based on the shape of thgsé curves it can be seen tﬁ%g
normalized concentfgtion (ratio'of measu}ed turbiditx‘ to

turbidity of influént) does not vary: significantly for. a

’
-

given medium size and flow rate with reébect to time, and
can therefore be averagedj The  virtgaliy constant
flocculation efficiency can be. attributed to a declininﬁ
flow regime, tal}nwing the  flocculator to respond‘ to
progressive cloggiﬁg. '

Th; effect of time on the normalized change in concen-
trétion at a given depth of the bed can be evaluated from
the series of curves presented in Figs. 29—22.‘ These fig-
ures were developed using the same initial flow‘ rate and
d;ta points coéresponding to the nofmalized coﬁceﬁtration at
three sampling. levels. Carefulganalysis of these figgres
shows that after an initial period (approximately &0 min);
all three sampPling points pruducé ;n effluent. of basically
constant quality. . Periodic oscillétiuns of normali;ed
cmncentratioﬁ in lower parts of the bed are probably caused

by redispersion of deposit during sampling.

. i
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Also, for each medi:.um, samples were taken from the

bottom of the column after coagulant had Been introduced and
- R . - I .
from the top of ' the medium to determine if there was™ a
- ) ) <.
significant change in turbidity due to removal in the

v

column. . Turbidity was measured without the usual settling

period. it was found thal the difference between raw watéF.

=N

turbidity (70-71 NTU) and turbidity of the sample was leas

than 2 NTU. -

These effects/ are greater in 3 medium consisting of
spheres of ‘small S1lzZes, since interstitial veloci?&es a;
greater and there are more particle retention sites avail-
aﬁle. As indicated by the curves, the.flocculatinn pro-
cess is developed mainly in a relatively thin layer of the
bed. This phenoﬁenon, also aobserved by Kradiie (1983},

greatly influences the design of pebble flocculatofs, mini-—

mizing required media depth.

4.3.1 Effect of Flow Rate on Flocculation Efficiency

Chapter II Has stressed the importance of the relation-

ship between media and initial flow velocity. Tz effect of

flow rate on removal efficiency was investigated by control-

ling alﬂ? of the process variables ‘éx;ept the flow rate.

. _ 89

A
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Data resulting from these experiments far three

different sizes of sﬁheres and threel different flow rates
are presented ,in Fig. 23. The curves presented in Fig. 23
consist of the normaliied changes‘in concentration achieved
with depth for three different initial filtration rates, for
a given media size. |

The detlininé flow regime wutilized in this study re-
sulted in a change of the flow rate aé clogging developed.
Consgduently the “initial filtration rate was used to
classify the flow range and not to represénth{lnw conditions

-

during the whaole rdh. . Velocity change during a run "1s

discussed in Section 4.3.3. -

Data reported in these figures are averaged, since 1t

was found that the no?malized conﬁentration did not change
significantly during the testing periad (Fig%. 19-22).

Analysis.of Fig. 23 reveals a noticeable effect of flow
velocithdn flocculation efficiency in the smaller medium.
However; change in velocity QDES not consistently affect
flocculator e?ficiengy. Thérefcre flow velocity islnot the
main paraﬁeter governinq the prdcess. .

4.3.27 Effect of Size of Media Particles on Flocculation
Efficiency

1

Data from Fig. 23 were replotted as shown in Fig. 24 to-
illustrate the effect of media grain size on flocculation

efficiency.
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Comparing Figs. 23 and 24, it is evident that media
size has a greater effect on flocculation efficiency than
does the flow réte. The effects are more visible from

curves representing efficiency in higher hydraulic loadings
and ind{Late superior performance of. smaller media. . Anal-
vsis of Fig. 24 confirmed earlier ocbservations regarding the

aoccurrence of - most of the removal in a relatively small

bottom iayer of the media.

.%.3 Flow Rate and Headloss Development Versus Time

Typ{cal data on the change of naormalized flow rate (the
ratio of measured ta initial flow. rate) are presented 1in
Figs. 25-27 and Table 11; The curves indicate iﬁcréasingly
pronounced effects of clogging on flow rate with decreasing
size of the media. The distripution of points indicates
that after the initial period of rapid decrease in . flow
rate, changes become less dramatic.. @

This phenomenon may be attributéd to changes in the way

A

particles are deposited in the parous media. At first flocs .

fill up all available dead spaceé and begin to constrict
flow channels within a bed. This results in a decrease of
porosity, an increase of .interstitial velocﬂty; and an in-—
crease of 'headloss (Figs. 28-30). - I¥ thé bed<;ere‘uperatéd-
.in ‘a constant flow rate regime, tHe interstftial velqcities
would soon .reach the critical velocity and the scouring

process would begin.
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Table 11. Normalized

Output Rate Variation With Time

'

-

initial Flow

Time, hours

Rate, Lps
’ - 2 3 4 End of Run
media size 14 mm
1 0.193 0.95 0.98 0.99 1.00
‘0. 165 0.97 0.96 0.96 0.95
. 0.135 0.98 0.93 0.90 0.83
0.103 Q.96 0.95 0.95 0.94
0.0&7 0.76 0.75 - 0.73 0.45
0.029 0.90 0.86 0.83 0.72-
media size 20 mm
o.197 0.98 0.98 0.98 0.96
0.165 0.98 0.97 0.97 Q.93
0.137 0.87 0.87 0.86 0.85
0.104 0.98 0.98 0.98 0.99
0.066 0.91 0.89 ©.88 0.88
0.030 0.90 0.790 0.87 0.83
media size 32 mm
0.191 0.99 Q.99 - . 0.99
0.172 1.00 - - 1.00
_0.138 0.79 - - 0.79
0.098 0.98 0.97 - 0.97
0. 065 0.97 0.92 - 0.92 k\
0.032 0.97 0.97 0.94 Q.94

94
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Any further deposition would only be possible with

r

compaction of - deposited particles within a bed. In the de—

.clining f19w regime used in this expeqimént, the incréase ot
intersti%igl velocity and headloss is smaller. The system
responas to ‘ihe clogging process by decreasing flow ratg,
and minimizing scour of deposited material. However, floc
strength is limited and declining interstitial velocity
becomes critical and scour begins.

An aﬁgﬁys;$s~o{ Figs. 28-30 and Table 11 indicates that
clgdging strongly influences flow in 14 ﬂ“d 20 mm media; its
effects are 1ess'visible‘for 32 mm medium. In addition,‘the
influence of clogging on normalized flow rate seems to be
less proféund when initial flow rate decreases.

Comparing Figs. 25 aﬁd 27 for 14 mm medium and for
flow rates higher than O.1 Lps, it is observed that solids
deposition affected headloss more than the flow rate.

The nearly Iiﬁear relatianship observed in Figs. 28-30
indicates sigultaneous changes in flow rate, which is cha;—
agggristic of beds working under decli ng_ flow regimes.
The shape of these curves indicates that material which is

.retained i1n void spaces restricts flow'chanhels, giving rise

to headloss which results in decreased flow rate. An

inte%esting observation can be made by comparing Figs. 28-30.

with Figs. 25-27: headloss 1s increasing steadily'even

though change in flow rate becomes less dramatic.
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This phenomenon indicates that the compaction praocess
produces a significant increase in headloss. *The normalized
headloss qf clear water passing through the filter is
represented by. the intercept on the ordinate. The decrease
in headloss for 0.065 Lps in F;g. 28 can be attributed to a
reading error. This assumption is confirmed by thé
distributian of other pcint§ indicating steady increase of

nnrmqlized headloss.

4.3.4 Eftect of Coagqulant Feed Loss on Flocculatar
Performance

The effect of cnaqulaﬁt deficiency on flocculator per-
formance was investigated using a flow rate of 0.03 Lps and
medium size spheres. *The chosen flow rate hrovided ample
infarmation and facilitated sample collection. Tée response
of the bed ynrking undgf high flow rates would not have al-
lowed the collection of an adequate number of meaningful
samples.

Thé_data in Fig. 31 represent changes in normalized
concentration measured at the bottom and middle sections of
the bed. The effect of a coagulant déficiency‘can be noted
by the' sharp increase of turbidity measured in a settled

-
sample. The time difference between loss of coagulant feed
and turbidity increase-is £qual to the time required far a

slug of the solution to flow through the system.

1 - .
Shart periods of coagulant deficiency does not com-

102

-

pletely shut off flocculation abilities of the bed, after an-

initial bra&fing in périod is completed.

\
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v
The effect of loss of coagulant feed on pH is shown in

Fig. 32. As indicated by'the curve, the 1ass of coagulant
results in an increase of pH. When initial conditions are
restored, pH returns to its previous level. The general

shape of the pH curve (Fig. 32) also demonstrates the PF
k]

/ nature of the system.

- The intercept on the ordinate represents pH of the sus-—

0

&ﬂ pension before coagulant is i ntroduced. These observations
introduce the possibility of using pH.value td monitor coag-—

ulant dosage during the flocculation process.

-

v ‘¢
4.3.9 Effect of Sudden Rate Increases ' .

Sudden increases of the fiow frate. on a partially
clogged bed tends tb disrupt the equilibrium-between attach-

ment forces retaining solids in a bed and hydrauiic shear

forces. As a result particles move deeper into the bed and
‘ P ‘
into the effluent. Analysis of Figs. 25-30 indicated that

i .

clogging a{fects. mainly 14 mm medium working under low flow
rates (0.065 Lps);ﬂ For higher flow rates and coarser media,
ef+gcts af depogition'are not as evident. For this reason,
a 24 bhr test was pérformed, using.14 mm medium subijected td
an initial flow velocity of 0.42 cm/s (0.065 Lps) with a
stop~and-start period after 9 hrs of centinuqus aperation.
Results ofr this test are presented in.ﬁigs. 33-34 tugethér
wiih.phntngraphs taken at .various times in the .runs 1in

Figs. 35-37.

104



o7

8,80

SPHERES = 2.0 MM
ALUM DOSE = 4-0 HMG/L
TEMPERATURE = 18°C

G—!?

Q -

'ty CHEMICAL FEED OFF FOR BMIN-

.00 .00 32.00  45.00. €400 8.00 $6.00  112.00 128.00 144.00 180.00

~TIME. M .
Figure 32: EFFECT OF LOSS OF COAGULANT FEED ON pH

4

105



106

SPHERES 14 MM
POROSITY 0.547
TEMPERATURE = 18°C

c.00

anl
o
Go‘\
.
Q
[= 3o _&'H‘H
g o g .
- ‘_(1/‘—/-*—*
g . :
2_‘
0:9:2 . —/‘/k |
oo4 ‘__",_J V .
ZO, ! ,// il
y "
: Q
< _ . - . o
“5.00 2.50 5.00 750 10.00 12,50 1500 1%.50 2b. 00 22.50 25.00
3
I . )
I
=
= : \“"* :
=
Ll.lw_'- b .
Ny . A
g3 4 ]
- /" '
ID
Tty I
01_32_‘ ‘/A_\_‘ 1 —
zx /
.
_A._‘_‘//- N
Q .
® S .
YT 2,50 5.00 .30 10.00 1%.50 15.00 17.50 2b. oo 2%.50 25.00
8
]
it
~o
(& ]
M\/\_\
ZQ‘ M\KJ\‘A —-/K\rk‘
oY u
-0
=° - -
aa
N
SEw sTQP-—"’L-—)START
La il
s45
Zz
28 PHOTO NUMBER .
3 |234567aelouaz‘lsu|516:7ta|0202122324
. 1 1 1 1 + 1 1 . 1 1 ] 1 1 ! 1 1 1 1 1 | 1 1 L
.00 2.50 $.00 7.50 10.00 12.50 15.00 17.50 2b 00 22.50 2%.00
TIHE. HR. -

L -

Figure 33: EFFECT OF SUDDEN RATE INCREASES

[
-



i

. 107
\
.- SPHERES = 14 MM -
POROSITY = 0.547
TEMP. = 19¢°C .
CONC.. Co= 70 NTU -
Q-FLOM = 0.065 LPS

N5 C™m

188.0 CM

h
. :
o~
!
~ stop  —»d—m sTART .
o7 - [ Y
i
o i
! : 1
%.00 . 2.40 . 4.80 7.20 d.60 V2.00_ 14.40  16.80  19.20  21.60  24.00

TIME. HOURS

Figure 34: EFFECT OF SUDDEN RATE INCREASES



108

A - TIME 0:00 HR START OF FLOCCULATION

B - TIME 09:00 HR
JUST BEFORE STOP

A}

Figure 35: INFLUENCE OF STOP-AND-START ON
PERFORMANCE




A — TIME 09:00 HR

JUST BEFORE ON

B - TIME 09:00 HR

Figure 36:

T
-\_/_\

AFTER RESTORING FLOW RATE

INFLUENCE OF STOP-AND-START ON
FLOCCULATION PERFORMANCE
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A& - TIME 17:00 HR

B — TIME 24:00 HR

Figure 37: INFLUENCE OF STOP-AND-START ON
- FLOCCULATION PERFORMANCE
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As indicated by the data in Fig. 33, deposition of
solids caused a steady decrease in the normalized flow rate
and increased normalized headloss in a bed up to the “sfnp"

period. At the end of 9 hrs continuous flocculation (Fig.

111

J9B), flow was cut off and the bed stayed idle for. a period

of 6 hrs (Fig. 36A), after which flow was restored (Fig.

1

36B).

The idle perieod resulted in compaction of deposited
flocs, causing an increase of normalized headloss and by
actual decrease of apparent vol ume of: deposited material,
partial "restaration" of available void space. The lattér,
together with release of deposited materiai, resulted in an
increase of normalized flow  rate and normalized
concentration, as represented in Figs. 33-34. These
observations are similar to those obtained by Cleasby (1981i
for impact of sudden “rate increases on dirty filters.
Photographs of the bed presented in Figs. 35-36 cunfirméd
previously'discu§sed findihgs showing definite changes 1in
shape of deposited flacs during’ “stop—and-start” operation.

another interesting observation is that after"a short
time all parameters follow an almost linear relationship and
the progress of clogginé (Fig. 3&) does not affect effluent
quality significantly (Fig. 34).

Figure 37 presents this same medium affen 17 and 24

hours of continuous flocculation, illustrating further in-

Creaée of clogging.
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4.3.465 Solids Deposition Versus Hedia'Size

Influence ofl media size on rate of bed clogging was
indicated by’ the‘shape of the curves in Figs. 25-30 and a
comparison of photographs presented in Figs. 35;37. ?igure
38 presents photoqraphs of the 20 mm medium working under a
0742 cm/s initial ;low velocity. The first photograph was
taken at the beginning of ihe flocculation run. The second

-photograph presents this same media after six hours of
continuous flocculation.

As indicated by Fig. 38, the amount of deposited mate—
rial is negligible, especially when compared to the 14 mm
medium working under identical flow velocity (Figs. 35A and
398) . This would indicate that clegging of the bed is pri-
marily controlled by the size of the ﬁedium and effect of
the flow rate is considerﬁbly smaller. Visual observations
of other runs yieided cimilar results.

The .above . findings are alsa in agreement with
observations discussed by Tchobanoglous (1?70). Fur-—
thermore, analysis of‘Figs. 25~30 indicates that increase of
flow rate and media size results in considerably sﬁaller

floc deposition. )

4.3.7 Removal Ratio and Reynnold’'s Number

Turbidity measurements produce the data on reduction of
primary particles after a flocculation period, which can be

related to flow veiocity based on Eq. (2.67).

11
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INFLUENCE OF MEDIA SIZE ON DEPOSITION
OF SUSPENDED FLOCS

- - FLOC VELOCITY 0.36 cm/s

MEDIA SIZE 20 mm

Figure 38:



The results of this correlation are presented in Figs.
3I9-41. A regression analysis of data presented in these
figures is summarized in Tables A.4 ‘and A.S5, Appendix A.
Figures 42-44 show flow velocity and Ry calculated for cleaa
bed conditions. An attempt to find average values at the
times greater than O were hampered by clogging, which
continuously changed pnrosity and the corresponding velocity
and permeability. énalysis of Figs. 39-41 and previous
observations indicate that change in apparent flow velocity
does not dramatically influence flocculation performance.
Hence, the éuthnr suggests using é;ynnld's number as a
parameﬁer, since it rebresents both flow velocity and media
properties.

These same data correlated with R« (Figs. 42-44 and
Table 12) allow mere interesting observations to be made.
These data indicate that there is an optimum range of Rk
where flocculatiné is most efficient. Optimum conditions
seem to develop for R from '7 tao 40 and the lower limit ap-
plies to all three media sizes.

U

Analysis of Table 12 reveals that optimum contact time
for media smaller then 32 mm is lower than 3 minutes. Also,
there is noticeable influence of flow velocity on parameter

K.y, which seems to increase with increasing flow velocity.
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Table 12. Removal Ratio and Reynold’'s Number

Apparent

Flocculation .
Flow Velocity Time G R No/N., KaiNa
x1072 m/s = 1/s x10—=
media size 32 mm, n = 0.745 .
0.195 - 718 2.79 '12.&8 1.31 1.167
0.422 332 2.68 28.33 1.40 3.304
© Q.630 215 o.81 41.32 1.48 2.732
C.B44 166 ?.72 52.48 . 1.13 0.662
1.03%9 135 13.23 69.39 1.40 1.4641
1.234 114 15.92 76.70 1.24 1.03%9
media size .20 mm, n = 0.498 .
0.195 480 3.71 2.51° 1.91 3,148
0.422 222 8.1% 9.76 1.85 2.937
0.630 ° 144 12.90 8.87° 2.76 4.77¢C
0.844 | 111 19.27 11.52 2.29 32.385
1.039 0 25.73 13.74 2.33 3502
1.234 76 32.98 16.32 2.92 3.735
media size 14 mm, n = 0.347 P
Q.195 327 2.84 1.67 2.93 5.376
0.422 244 10.37 3.51 2.41 3.040
0.650 158 17.28 9.41 2.38 2.757
~ (0.Ba4 122 23.72 7.03 2.37 2.998
1.03%9 92 - 31.99 B.65 2.96 2.976
1.234 - 83 39.467 10.28 2.98 2.867
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Andfher interdsting Jinding observed from the reagres-—
sion analysis is that the data ¥uilow a geometric function
more closely than the exponential fuﬁction represgnted_by
Edf‘(2.67); These two observations indicate tﬁat there is
no universal equation for removaY¥ and Eq. (2.63) suggested

. r .
by Richter (1977) should~b& replaced by another form

g

" suitable for flocculation at:. higher Reynold’'s numbers.

Difficulties lie in the lack of precise methods to measure

.changes in n, G and RK.' If it was possiblé to obtain

continuous data on G and R, & more consistant relation may

have been observed.

4.4 Cqmbarison of Predicted anq'Exper}meﬁtal Data

The applicability of the. equations developed and pré—
sented in Chapter II can be reﬁresented by camparing the
measured headinss for clean water Dniy iﬁ various meaia {D»
that calculated using fhe For;hheimér type‘ equations pre—
sented in Table 1.

Summary dat; for these caiéulations are presented in
Table 13 and Figs. 43-47. fAinalysis of these figures inj
dicates agreement between measured data and that computed

using Eqg. (2.44). The best correlation between experimental

data and theoretical development was obtained using Ward’'s
J

/’f\ ' .
formula (Table 1). A similar formila developed by
Schneebel i (Table 1) especially for spheres vields

. considerably higher results. oo .
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HEADLOSS, 20 MM SPHERES
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The observed deviation f?om measured values for 32 mm
medium ié caused by higher than usual porosity of the bed
{0.745), where diameters of the spheres and column influence
packing mode. .

Other formulas produce more conservative values than
Eq. (2.68), and érobably could. be better applied.fur smaller
sizes and different shapes of media. It should be noted
that these eqguations are .applicable for the clear water
headloss, and further use 1is hindered by difficulties of
porosity Estim?tion for various degrees gf clogging.

Previous analyses indicated that for coarser .media

sizes and higher terminal flow velocities, clogging effects

on the headloss become negligible (Figs. 26-30). Therefore’

e

the second term in Eq. (2.62) can be omitted, and Eg. (2.66)
can be applied over approximately the first 2 hour period
fof flow 1in partially cloggéd beds. Further appliqation is
restricted by visible influence of clogging on flow rate ana
porosityr‘

The;e observations are also supported by analysis of

the velocity gradients;

4.&.1 Velocity Gradients - -Data

Determination of rms velocity gradient, 6, was based on
Eq. (2.63). Analysis of the experimental data allow the
correlation of the G value with respect td increasing ini-

-

tial velocity and media sizes (Appendix A).

—



Data presented in Fig. 48 pfuved media size to be the
main' variable in granular flocculation. As would be
expected from previously reported results, decreasing size
of the media pafticles causes increase of G for a compa;able
flow velocity. Furthermore, Figs. 49-51 and Table 14
present a comparison of theoretical formulas developed based
on Ward’'s equatian with experimental data.

From the data on these plots one can notice a good cor-—
relationAfur gmall and intermediate media sizes. More dis-
crepancy for the largest media (Eig. 9S1) rggults from the
unusually high porosit*.

The data presented in Figs. 52-594 and Table 14 repre-

sent effects of clogging on G values. After 2 hrs of con-

tinuous flocculation there is very little change in measured

A C
q

G values and both initial and final data .follow. the same

pattern. Ubservatioﬁ of constant G value over this periéd of
time confirms continual flocculation efficiency of grénular

-

media. .

Data for flnccuiation over a period longer thén 2 hours
were difficult to correlate, since calculation of G (Eq.
2.65) required knowledge of the porosity of the clogged bed.
6n attempt to utilize clean bed -porosity, and flaow rate
after that time would pqudté considerably higher valueslof.
interstitial velocitiés than'ekisted in the media. For this

reason obtaining a correlation for flocculation over a

period.exceeding the initial 2 hour period was not done.

- '
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VALUES MEASURED .
AT THE TIME., T = 2:00 HR

N\

SPHERES = 14 MM.
POROSITY = 0.547
INITIAL DATA = A

DATA AFTER TWO HOURS o

l?.OO

64.00

SP-OO‘

|}-M

0.48 .

0.64 0.80 - 0-98
VELOCITY., Vv (CHM/S)
Figure 52: EFFECT OF LENGTH OF THE RUN ON G,

14 MM SPHERES, PARTIALLY CLOGGED MEDIA
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- VALUES MEASURED
AT THE TIME, T = 2:00 HR
SPHERES = 20 MM
POROSITY = 0.498 .
INITIAL DATA = A :
3 DATA AFTER TWO HOURS o 4;1' v
2 ®
b
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Y
8
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©g
fmt -y
'
8
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8
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8
25
8 o
8
Yl.oo 0.32 0.48 0.64 .80 0 12 1.28 1.44 1.80

Figure 53:

l.“
VELOCITY. ¥ (CM/S)

PARTIALLY CLOGGED MEDIA

EFFECT OF LENGTH OF THE RUN ON G, 20 MM SPHERES,

kil
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i .
VALUES MEASURED
AT THE TIME, T = 2:00 HR
SPHERES s 32 MM
POROSITY ~w 0.745
INITIAL DATA = 4
8 /~DATA AFTER TWO HOURS ©
s
g
o
g
*
1
8
B
>
©g
= )
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2
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-
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b VELOCITY. ¥ (CM/S)

~_Figure 54: EFFECT OF LENGTH OF THE RUN ON G,
* 32 MM SPHERES, PARTIALLY CLOGGED MEDIA
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.  CHAPTER V

GONCLUSIONS
i

The main objective of this study was to investigaté the

applicability of flow in granular media for.purpose’n{ floc-

culation.

It was assumed that media size énd f1low raﬁe are funda-—
mental parameters of successful flocculation., Furthermore,
it was assumed that mixinglprnperties of the media could be
represented by a function of Reynold’'s number, R, defined
in terms of permeability.

To achieve objective associated with this work, a se—
ries of tracer tests were carried cut to estiﬁate value of b
with respect to Riw. Three différent-sizes of media were
tested Qith s5ix compatible flow velocities. In an analysis
of the dispersion praoperties of the porous media, Scheideg-
ger ‘s (1960) development was used as a starting point,

.Tu analyze the influence of flow rate and media size on
flocculation, it was necessary to find a relation describing

fluid motion in porous media. It was assumed that degree of

clogging depends ﬁéinly on media size and initial flow ve-

locity. During the flocculation studies, it was found that

for "average"” porosities, an equatﬁon developed, by Ward

(1964) accurately described flow properties in clean and

partially clogged beds.
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It was demonstrated that fln;culation in granular media-

is a useful alternative to the commonly used paddle and baf-
fle flocculators. The following major conclusions are drawn

from the study:

v

1) The mixing properties of granular media described

-

by dispersion coefficient can be. successfully presented in

the form of geometric function of Reynold s number. Simi- -

larly, the relation between dispérsion coefficient and flow
velocity closely follow theoretical findings; however, coef-—
,fic}ent values afe smaller.

2} In beds built of unifarm spheres, particle size and
media po;osity are considered to be main parameters of suc-—
cessful flocculation. This study revealed weak }espanse of
the flocculator to the changing flow velocity.

3) It was found that abDQe the, Rg'value of 7 e%ists a
region where effectiveness of flocculation increases and ad-
verse effects of clogging are minimized. The flow parame-—

ters in this region for clean and'partially clogged media

can be successfully described by means of the Ward flow

equation.

84) Changes in flow rate and/or changes in coagqulant
feed result .in increase of tﬁrbidity of settled sample.
However , effluent has turbidity lowef than raw water sup-
plied into the flocculator.

3) The rate of decrease of primary particles can be

better described by geometric function then by the exponen-—

tial expression (Eq. 2.63) recommended by Richter (1977).
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This behavior can be éxplained by the high Rk, where Harris’

equation was developed for flocculation in purefy laminar

flow regimes.

&) Reynold ‘s number based on permeability of the

media, is considered to be a useful parameter for _the

monitoring and design of granular.me&ia flaocculation.

" . .

A
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CHAPTER VI
- RECOMMENDATIONS FOR FUTURE WORK

The experience gained from this study allows the exper-
imentécﬁto formulate several suggestions ﬂh%ch‘can help in
further investigatibn of the tupic.

1) Examination of a wide variety of , media sizes of

spheriﬁal and nonspherical shapes is suggested;\klninc:;__*

mation ébtained from such experiﬁents would beihelpful

in understanding the influence of shape‘;nd porasity on

the overall kfnetig process.

T2y Furthermore, an examination of Rw« as a flocculation
parameter, through tests in highér vélocities ;;ﬁ lower

porosities is recommended. The study indicated great

potential of R« as a process monitoring and designing

i
1

lparameter.
3) Close monitoring of rate of deposition in the me-—
)/\dia, through measuremenf of total filter;ble solids is
suggested. This would allow the influence of clogging

’ .

on headloss, output rate and uveFall performance to be

determined.

4) Examination and comparison between the constant
: , ‘

flow and the declining flow rate regime is recommended.

This would help in determining the influence of clog-
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ging on development of critical velocity and kinetics
of the process.

5) Finally, formulation and examination of the process
kinetic equation which closely describes flocculation®

in nonlinear laminar flow regimes is recommended.

bl
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APPENDIX A

L
analysis was

o

-

performed on

microcomputer using programs written

142

' REGRESSION ANALYSIS

an Apple II C

in the BASIC program—

ming language listed by Poole et al. (1979)

A.1 Fitting of J vs Flow Velocity Curves (Figs. 45-47)
Least squares approximation with polynomial of 2nd de-—
gree:
J = aVv +bvV= + C } (A. 1)
where: V = apparent flow velocity, m/s
- J = hydraulic gradient '
Table A.1 J vs Velocity Curves, Ragression Parametgrs
Spheres a b ‘ c Coefficient Standard
mm CD cc Error
—
32 -2.296 2.624 4.621 0.94641 0.9819 2.047 x 10—
®x 10* x 10~ x 10—+ {
20 -2.213 B.359 7.385 0.9964 0.9982 2.715 x 10—=
X 10—* x 10—* x 10—+ ’
14 0.011 3.113 ~1.4846 0.9961 0.9981 4.043 x 10—+
- x 10 x 10—
where: CD = caoefficient of determination
CC = coefficient of correlation

Aa.2 Fitting of G vs Flow Velocity Curves (Figs.

48-51) For

Initial Conditions_and Partially Clogged Beds

Least équare approximation with geometric expression:

B = avw

where: G

velocity gradient,

V = flow velocity, m/s

i1/s

(A.2)



Table A.2 G vs Velocity Curves, Regression Parameters,
Initial Conditions )

b cp  cC Standard Error

Spheres a
mm -
32 76.881 1.041 0.84468 0.9202 0.3376
20 216.822 1.179 0.9922 0.99&0 * 0.0796
14 429,366 1.408 0.9944 0.9972 0.0803

Table A.3 G vs Velocity Curves, Regression Analysis For
Partially Clogged Bed
Spheres a b CD cC Standard Error
mm
32 15.344 1.377 0.9871 0.9@35 0.1201
20 30.418 1.271 0.9958 0.9979 0.0630
14 42.410 1.515 0.9984 0.9992 0.04842

by

-—

A.3 Fitting of Ngo/Ng vs V Curves. (Figs, 39-41)

Least squares approximation with polynomial of 2nd de-

gree:

Na/N

¥

Table A.4 No/Na.

m = a

1

bV + cV= * - A.3)

vs V Curves, Regression Parameters

4

Spheres a b = Cb. . C€CC ~ Standard
mm Errar
32 1.129 1.159 -0.973 0.9638 0.9817 0.0249
20 1.9646 -0.7%%9 1.518 0.9933 0.9966 0.0316
14

2.756

-1.671 1.824 0.8111 0.9006 _'O.Iﬁlq




A.4 Fitting of No/Na vs Rx Curves (Figs. 41-44)

Least squares apprukimatiun with polynomial of 2nd de-—

gree:

No/Nm = @ + bRk + CRe™ w {A.4)
Table A.5 Na/Ne vs Rx Curves, Regression Parameters
Spheres a b c CD cC Standard

mm Error
32 1.129 1.159 -0.973 0.9638 .0.9817 0.0249
20 1.966 -0.73%9 1.518 0.9933 " 0.9946 0.0516 _
14 2.796 -1.671 1.824 0.8111 0.9004 0.1619

144



145

APPENDIX B

EXPERIMENTAL DATA

Table B.1 Flocculation Data, Media Size 32 mm \

Time Flow rate - Piezometer Turbidity
HRS x 10—= cm ; . NTU

m>/s No.?2 . No.& Np.2Z No.4 No.b&
temperature 21 °C, C, = 71 NTU
0.9 0.1908 28.500 "98.0355 &4 &0 55
0.5 98.510 28. 040 62 59 54
1.0 0.1720 ° 28.3510 8. 035 &4 &3 61
1.5 28.9513 98. 0485 (¥ &3 58
2.0 0.190 28.330 F8.065 - 61 56
2.3 0.1901 98.550 : . - 98.080 &b 63 58
temperature 21°C, C, = 74 NTU )
0.0 0.1718 98.365 98.000 &3 59 54
0.5 98.370 98. 000 64 59 593
1.¢ 0.1709 98.375 F7.990 &4 58 53
1.5 78. 290 97.8790 b1 58 . 94
2.0 0.1706 28. 260 . 97.745 61 a7 52
temperature 19°C, Co = 71 NTU
0.0 0.1385 ?8. 040 " 97.805 b6 b4 &4
0.9 0.1380 28.060 97.800 b6 &4 64
1.9 0.1376 78.0&6C 97.805 63 a3 &2
1.5 0.1364 78.035 - 97.800 &5 &4 &4 .
2.0 0.1345 28.060 97.800 b4 62 62
temperature 24=C, C, = 71 NTU
0.0 0.098 100.715 100.610 26 o1 44
0.5 100,715 100.610 58 54 48
1.0  0.097 100.715 100. 605 58 55 50
1.5 100.710 100. 400 54 50 44
2.0 0.0%946 100.710 100. 600 54 52 48
2.5 100.700 100.590 56 52 50
3.0

0.095 100. 480 100.580 &2 39 54
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Table B.1 Flocculation Data , continued

Time Flow rate " Piezometer Turbidity

HRG x 10—= c@m : - NTU
m3/c { No.2 No. b6 No.? No. 4 No. &
o Al - N
temperature 21=C, Co = 66 NTU
0.0 0.065 100. 430 100.350 54 51 46
0.5 0.064 100.410 100.325 54 50 45
1.0 0.064 100.390 100.300 . 55 51 46
1.5 0.063 100.290 100.210 54 51 48
2.0 0.063 100.260 100.175 53 50 47
2.5 0.062 100, 230 100.135 54 St 48
3.0 ‘0.0460 100. 230 100. 135 55 52 49

temperature 22=C, Co = 69 NTU ‘

¢.0 0.032 '/ 97.000 ?6.905 65 63 61
1.0 0.031 - 246.870 96.830 64 &2 &0
2.0 0.03t ?6. 860 26. 840 &3 61 61
3.0 0.031 - 26,850 - 96,840 &4 &3 - 63
4.0 2.030 ?4.840 96.830 -T-) 64 &4
5.0

-

C.030 246.8355 6. 830 . &5 &3 62
]




Table B.2 Flocculation Data, Media Size 20 mm

o+ ‘JO'Q-hIANJH

Time Flow rate Piezometer Turbidity
HRS x 10—= cm NTU
n3/g Ng, 2 ND. & No. 2 No.4 . No,& -
temperature 2i=C, Cs, = 61 NTU
0.0 0.197 83.825 81.915 34 29 23
1.0 0.196" . 83.970 81.945 38 33 24
2.0 0.194 ¥ 84,069 81.955 34 32 24
3.0 0.193 84.230 81.970 33 29 23
4.0 0.193. 84.3C0 B1.975 37 33 24
5.0 C. 193 84.355 B1.965 346 30 24
6.0 0. 190 B4.405 81.965 44 .37 28
temperature 20=°C, Co = 71 NTU
0.0 0. 165 83.130 g81.7350 39 42 27
1.0 0.163 83. 265 81.745 42 44 30
2.0 0.162 83.350 81.750 47 40 30
3.0 0.161 83.395 81.750 44 35 28
4.0 0.158 83.430 81.740 37 34 246
5.0+ 0.158 83.460 « KO0 50 35 26
6.0 0.158 83. 500 1. 0 20 38 28
7.0 0.157 B83.535 81.749Q 53 42 30
temperature 19°C, Cs; = 71 NTuL
0.0" 0.137 82.975 ©EB1.973 a5 a0 33
1.0 0.122 82.410 81.505 23 41 31
2.0 0. 120 82.440 . 81. 3500 57 46 34
3.0 0.119 82.435 B81.475 23 43 30
4.0 0.118 82.430 81.465 55 43 33
5.0 0.117 7 82.450 B1.470 39 36 26
temperature 21°€, €5 = 71 NTU
0.0 0.104 81.850 81,295 - 33 29 23
.0 0.103 82.000 81.330 40 38 26
.0 0.102 82.125 81.320 43 37 23
.0 0.102 B2.190 81.315 .
.0 0.102 82.225 B1.315 40 33 27
0 0.102 . 82.335 81.3:!5 37 33 26
+ 2 0.101 82.340 81,290 37 33 .24
-0 0.103 B82.385 81.315 50 34 32
emperature 17<C, C, = 72 NTU
L0 T0.046 81.345 80. 265 54 51 44
.0 Q0.061 81.325 80. 965 49 47 43
« 0 0.0460 81.340 80.955 49 44 37
0 0.05% 81.375 80.260 49 44 40
-0 0.058 81.395 80.950 S6 a1 40
.0 0.058 81.405- 80.930 T 92 a1 37
-0 0.058 81.400 B0.230 S92 40 I3

ouhgmeo

\-,\‘ ‘m
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Table B.2 Flocculafiun Data, continued

Time Flow rate Piezometer Turbidity
HRS x 10—= cm_ : ) NTU

m*/s No. 2 \L No.6 ~ No.2 No.4 Nd.b&
temperature 18=C, Co = 71 NTU
0.0 0.030, 80.755 80. 590 45 42 38
1.0 0.028 80. 495 80.570 58 &2 36
2.0 0.027 80.700 80.575 55 - 47 34
3.0 0.027 80. 695 B80.575 48 44 35
4.0 0.026 80.590 80.570 50 44 38
5.0 0.026 80. 4690 80.575 - 53 48 . 39
&.0 ©.025 80.495 80.575 s3 45 39
7.0 0.025 80. 6465 80.570 24 47 39
8.0 0.025 . 80.665 80. 54659 o1 39 36

. ’
]
.
\
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Table B.3 Flocculation Data, Media Size 14mm

Time Flow rate Piezometer Turbidity
HRS x 10—= cm NTY)

m>/s NOo. 2 No. & Eg-z . Ngzq _NQ!Q

temperature 24°C, C, = 71 NTU )
0.0 0.193 84.879 . 82. 345 34 32 24
1.0 " 0.186 85. 245 82.350 32 26. |
2.0 0.184 85.425 82.060 31 24 ‘ 20
3.0 0.190 + B86.240 B2.135 42 38 30
4.0 Q.192 86.270° 82.075 28 26 246
3.0 0.1923 84.245 82.070 28 25 20
temperature 20=C, Co = 70 NTU :

0.0 0.165 ' B84.065 81.685 32, , 30° 30 .
1.0 0.161 84.460 g81.930 36 32 26
2.0 0.160 84.680 81.930 38 32 25
3.0 0.158 . B84.930 81.245- 31 27 20
4.0 0.158 84.720 ' B81.935 32 27 21
5.0 0.156 . 85.240 B81.915 31 27 21
temperature 19=C, Co = 71 NTU

0.0 0.135 - ©3.255° 81.740 ~ 49 a3 38
1.0 0.134 B83.465 81.745 92 44 35
2.0 0.132 83.46795 B1.733 47 39 31
3.0 . 126 83.735 81.735 42 35 28
4.0 0.121 83.740 81.6%0 39 31 ¢ 25
5.0 0.112 83.570 81.545 49 35/’ 26
temperature 19=C, Co = 69. NTU .

0.0 0.103 82.399 81.390 51 43 34
1.0 0.101 82.550 81.385 48 39 30
2.0 0.09% 82.670 « B1.390 ‘40 34 25
3.0 0.098 82.835 81.395 44 37 31
4.0 0.098 82.935 81.380 40 31 26
5.0 0.097 893.065 81.380 53 3 27
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Table B.3 Flocculation Data, continued

Time Flow rate Piezometer . Turbidity
HRS x 10—= : cm ‘ NTU ‘
m>/s No.2 No.& No.2 No.4 No.b
temperature 21=C, Ca = 71 NTU
0.0 0.0&7 81.585 B81.005 38 34 29
1.0 0.054 81.430 80.945 35 30 - 28
2.0 0.051 © 81.425 B80.930 . 47 41 28
3.0 0.050 B81.395 80.905
4.0 0.049 81.410 80.895 40 34 - 29 —
5.0 0.046° 81.395 80.860 36 33 30
6.0 0.045 81.380 80.835 52 43 29
7.0 0.044, 81.375S - 80.835 48 42 30
8.0 0.044 - 81.3465 . 80.790 49 38 32
?.0 0.043 g1.3%20 80.795 stop—and-start
9.0 0.046 81.520 80.795 . 37 33 26
10.0 0.043 81.505 g0.82%5 - 43 40 28
1.0 0.04t - 81.490 80.820 43 38 22
12.0 0.040 81.475 80.805 51 44 29
13.0 0.039 B1.445" B80.795 48 43 28
14.0 0.038 B1.430 80.7680 . 44 41 27
15.0 0.038 B81.430 80.780 39 37 28
16.0 0.036 81.415 80.765 44 39 .31
17.0 0.035 81.395 BO. 750 34 30 24
18.0 0.033 81.390 80.745 39 34 29
19.0 0.033 81.365" B80.730 50 42 30
'20.0 0.032 B81.310 80. 695 44 ° 38 28
21.0 0.031 81.290 B0. 6&8S 54 a8 30
22.0 0.030 81.285 80.4670 57 44 33
23.0 0.030 81.270 80. &4&0 50 40 32
24.0 0.030 81.265 80. 450 50 39 32
temperature 2i=C, Co = 71 NTU
0.0 0.029 80. 675 80.585 44 38 31
1.0 0.028 80.410 80.545 45 37 28
2.0 0.026 . B0.&20 80.535 55 46 36
3.0 0.025 B80. 635 80.510 45 36 26
4.0 0.024 B80. 660 80. 495 35 29 24
5.0 0.021 80.675 80. 340 37 27 22
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Table B.4 Calculation of Permeability, k, using Ward’s
method, ( units -CGS)

k { C cPVE + ( c=9ays + 4VvJ) 7= 1/2J3 3=

c 0.55
N

Apparent ‘Piezometer Jd Temp. k
velority . x10—= m © = gH/1.88
V x10-2 m/s ___ No.2 No.é& x10—= i Ccm>
media size 32 mm
0.188 97.000 F6H.900 0.095 22 R 0.0651
0?435 100.430 100.350 0.425 21 R 0.0354
0. 669 . 100.715 100. 610 ° 0.558 24 0.1640
0.877 28.060 97.805 1.356 19 0.1110
1.070 98.365 8. 000 1.941 21 0.1300
1.250 . 98.500 8. 055 Z2.367 21 0.1330

average k = 0.1350
media sizg 20 mm

0.195 6§0.753 80.5%0 0.878 18 R 0.0595x10~=
0.429 B81.345 80. 965 2.021 17 ~0.2610x10—=
0.676 . 81.850 81.2935 2.021 21 0.7530%x10—=
0.890 B2.575 81.575 5.319 19 0. 69280x10—=
1.070 . 83.130 81.750 7.340 20 0.7710x10—=
1.280 83.825 - 81.915 10. 159 21 0.8180x10—=

average k = 0.64600x10—=
media size 14 mm

0.188 80.675 ° B80.585 0.47% 21 0.1730x107=
0.435 B1.675 81.005 3.085 21 0.1190x10—=
0.669 B2.395 81.330 5.558 19 0.2040x10=
0.877 B83.255 81.885 8.058 19 0.2870x 102
1.070 .B4.065 81.885 11.595 20 0.3090x10—=
1.2350 84.875 82.343 13.457 24, . 0.4290x10—=

average k 0.2530x10—=

R — rejected
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Table B.S Preliminary Data, Turbidity Variation with Time

Sample without alum.

Raw Water Settled sample
NTU 1 HR 20 HR
71 : b6bé &4
72 &8 &5

tUnsettled sample with alum

Medium Size - Flow Rate- Raw Water Sampling point
__mm Lps settled No. 2 Na. &
14 0.131 71. 66 &5 64 '
20 0.029 71 - 64 &4
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SPHERES 32 MM
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