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Abstract

The use of the membrane is ever increasing with the development of membranes which can
tolerate higher temperatures and a wider range of pH. In the pulp and paper industry. to
comply with the strict effluent regulations and to reduce the water consumption. more and
more water has to be recycled within the process after some internal treatments. Paper
coating plant effluent and paper machine white-water are the streams that would allow for
the application of membranes in pulp and paper. Therefore. in this research an attempt was
made to develop synthetic membranes and also to study the mechanism of fouling for

treating these streams.

Asymmetric membranes having different pore sizes were prepared from polyethersulfone by
the phase inversion technique using casting solutions of different polymer concentrations.
These membranes were further modified by coating a thin layer of SPPO (sulfonated
polyphenylene oxide) material. Each type of membrane used in this study was characterized
in terms of mean pore size. pore size distribution. pore density. surtace porosity and surtace
roughness by solute transport and also by atomic force microscope (AFM). Fouled
membranes after ultrafiltration experiments were also characterized. Membranes were tested
for laboratory made feed solutions which included clay and/or styrene butadiene rubber

(SBR) as solutes to simulate coating plant effluent and white-water from a pulp and paper

mill.

The mean pore size of the membrane was substantially reduced on coating of a SPPO layer
on the membrane surface. The mean pore sizes measured by AFM were about 3.5 times
larger than those calculated from solute transport data. Pore sizes. obtained from both AFM
and solute transport studies fitted remarkably well to the log-normal distribution curve. A
very sharp flux decline was observed immediately after the start of the experiment when
membranes were tested for a feed solution containing clay and/or SBR. Flux reduction was

attributed mainly to pore plugging and cake layer formation on the membrane surface.
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A procedure was developed to determine the resistances of cake layer and membrane to the
permeate flow. Cake layer resistance to the permeate flow was substantially higher than the
resistance of the membrane and hence was the controlling factor. The resistance of the cake
layer was. however. lower for the SPPO coated membranes compared to unmodified
membranes. Both mass and thickness of cake layer attained their maximum in the first hour
of operation and remained unchanged thereafter. Clay particles in the cake layer were
substantially smaller in size compared to those in the feed solution. Specific resistance of the
cake layer increased while its void space decreased with the operating time. More pore
plugging was observed with the membranes having bigger pores. Reduction in the pore
densities of the membranes after treating clay/SBR solution indicated that some of the pores

were blocked either completely or partially.

Characterization of the changes in the membrane morphology after coating a thin layer of
SPPO will help in selecting design parameters for the development of a new thin film
composite membrane. The usefulness of AFM was demonstrated in studying fouling and also

in characterizing the membrane morphology. A detailed study of fouling was also conducted.
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pore size. [nm]

solute size. [nm]

solute separation. [%)]

surface relative to the center line. [-]

fraction of pores of diameter d,. [-]

flux reduction at operating time t. [%]

steady state sodium chloride separation in Eq. (8.1), (%]
sodium chloride separation at operating time t in Eq (8.1). [%]
acceleration due to gravity. [m/s’]

distance fallen by clay particle in time t. [m]

target value of IEC. [meq/g of polymer]
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total solvent flux through ail the pores. [m*/m’s]

limiting flux. [L/mh, m*/m’s]

solvent flux through the pores of diameter d., [m*/m?s}
permeate flux value converted at 25°C. [L/m*h. m*/m’s]
permeate flux at operating temperature of T°C. [L/m*h. m*/m’s]
solvent (water) permeation flux. [m*/m’s]

pure water permeation flux of fouled membrane. [L/m*h. m*/m?s]

final permeate flux. [L/m*h, m*/m?s)
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pure water permeation flux, [L/m*h. m*/m’s)

Boltzmann's constant in Eq (3.10). [-]

mass transfer coefficient in Eq. (3.43). [m/s]

tength/width of clay particle. {[um. m]

dimensions of the surface f(x. y). [nm]

mass ot cake layer in Eq. (9.1). [mg, kg]

molecular weight of chlorosulfonic acid. [g/mol]
molecular weight of PEG/PEO. [g/mol]

total number of pores measured from AFM images, [-]
total number of pores per unit area. [-]

number of pores of diameter d, per unit area, [-]

number of points within a given area, [-]

coefficient of correlation, [-]

total resistance of a virgin membrane. [m]

total resistance of a fouled membrane. [m™']

total resistance of fouled membrane with cake layer. [m']
mean roughness. [nm]|

resistance contributed by the cake layer. [m™']

combined fouling resistance. [m™']

resistance contributed by membrane in Egs. (7.1 - 7.3). [m"']
resistance due to membrane matrix in Eqs. (3.20-3.22. 3.28. 3.29. 3.35. 3.37.
3.38) [m”]

resistance due to pores in virgin membrane, [m™']
resistance due to pores in fouled membrane. [m™']

root mean square of Z data. [nm]

mean difference between five highest peaks and five lowest valleys. [nm]
surface area of clay particle. [m*]

surface porosity of membrane. [%]

absolute temperature. [K]

operating time, [h. s]

thickness of clay particle in Eq.(9.6). [um. m]
terminal falling velocity of clay particle. [m/s]

volume of clay particle, [m’]

volume of 0.IN NaOH used for soaking SPPOH. [mL]
volume of 0.1N HCI consumed in titration, [mL]
volume of chlorosulfonic acid, [mL]

weight of PPO used for sulfonation, [g]
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w, weight of SPPOH polymer soaked in 0.IN NaOH. [g]
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z

avg
Z, current Z value. [nm]

average of the Z values, [nm]

Greek letters

a specific resistance of the cake. [m/kg]

a permeate flux conversion factor for temperature in Eq. (C.1), [-]
B, B, constant, [-]

o, geometric standard deviation of solute size, [-]
g, geometric standard deviation of pore size. [-]

M, geometric mean pore size of the membrane. [nm]
L, geometric mean solute size. [nm]

Oyl boundary layer thickness. [um, m|

d thickness of cake layer in Eq. (9.5). [um. m]

5 skin layer thickness in Eq. (3.6). [um. m]

£ void space of the cake layer, [-]

p feed (water) density. [g/cm® kg/m’)

p clay particle density in Eq. (9.2). [kg/m’]

P. density of chlorosulfonic acid, [g/cm’)

n solvent (water) viscosity, [N s/m?]

[n] intrinsic viscosity of PEG/PEO. [dL/g]

Ap pressure difference across the pores/membrane. [kPa. Pa]
Abbreviations

AFM atomic force microscope

AOX absorbable organic halogen

BOD.- biochemical oxygen demand

COD chemical oxygen demand

CR cross-rotational

EPD effective particle diameter

ESD equivalent spherical diameter

FESEM field emission scanning electron microscope
IEC ion exchange capacity

MWCO  molecular weight cut-off
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PEG polyethylene glycol

PEO polyethylene oxide

PES polyethersulfone

PF product flux
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™
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scanning electron microscope
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transmission electron microscope

thin film composite
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nomenclature to represent unmodified never dried membrane
nomenclature to represent glycerol treated dried membrane
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CHAPTER 1

Introduction

1.1. Motivation

The pulp and paper industry is currently faced with the challenge of substantially reducing
the discharge of contaminants to the receiving environment. Water is of primary importance
in the paper making process. The pulp and paper industry has been a very large user of fresh
water in comparison to several other manufacturing industries. Continuous progress has been
made by the pulp and paper industry in reducing the fresh water use because of growing
environmental concerns and stricter government regulations,. In a survey, it was found that in
1988, compared to 1959, 70% less water was required to produce one ton of paper (Miner
and Unwin, 1991). Water use reduction in paper machine has been accomplished primarily
by closing up the water system. Water closure, however, results in an increased concentration
of suspended, dissolved and colloidal materials in the white water system of the paper
machine which in turn could result in a poor quality of paper and operational problems. A
reduction in fresh water intake from 30 m*/ton to 10 m*/ton of paper will result in an increase
of 40% in the concentration of dissolved solids in the white water system (Lindstrom et al.,
1977). Paper mills are looking for alternative processes for internal treatment of water
because of these solids buildup problems,. Among the alternative processes, membrane

separation process is getting an ever-increasing acceptance.



The membranes which were used in the early days of membrane filtration were made of
cellulose acetate, and the application of these membranes was limited, especially with respect
to pH and temperature. These drawbacks resulted in serious limitations in the use of
membrane filtration in the pulp and paper industry. However, today, with the development of
more pH and temperature resistant membranes, membrane filtration is now a well-established
separation process in the pulp and paper industry. One of the major problems of membrane

application to pulp and paper stream treatment is the flux decline due to fouling.

1.2. Objectives of the research
Objectives of the research were formulated after critically reviewing the available literature
(Chapter 2) and identifying the potential of membrane applications to treat coating plant

effluent and paper machine white water in a paper mill.

Although there are a few commercial scale ultrafiltration plants to treat bleach plant effluent
from a Kraft mill, not much work has been reported on the recycling of waste water and
process chemicals from other sections of the paper mill. In most of the studies, commercially
available membranes have been tested to find out if they suit a specific application in the pulp
and paper industry. Hardly any attempt has been made to develop a membrane for waste
water treatment from a pulp and paper mill. Almost all the researchers have reported a flux
decline due to fouling, however, no systematic study has been carried out to understand the
mechanisms of fouling while treating white water and coating plant effluent. The basic
objectives of this research are:

I. to develop synthetic polymeric ultrafiltration membranes to treat excess white water and

coating plant effluent from a pulp and paper mill.
2. to study the mechanisms of fouling, which is one of the main constraints for these

applications.



to study the membrane morphology by microscopic tools and by solute transport and to
correlate the performance and fouling behavior of a membrane to its morphology.
to modify the membrane surface in order to reduce the fouling.

to study the morphology of the foulants layer on the membrane surface.

1.3. Originality of the research and milestones achieved

The approach adopted in this research was entirely different from the so-called
“traditional approach” of finding the best membrane (for a particular application ) among
the available ones. Knowing the application, an attempt was made to develop a
membrane unique to the particular application. Therefore, this research was very
focussed.

Membranes were made in the laboratory to control their structures. The morphology of
membranes prepared under various conditions was characterized in terms of various
parameters such as mean pore size and pore size distribution, pore density, surface
porosity and surface roughness. These parameters were determined from solute transport
data and by atomic force microscopy. Results obtained from these two techniques were
compared. No such detailed study is found in the literature. Characterization of the fouled
membranes was also performed in order to identify any changes in the morphology of the
membranes.

Characterization of the membrane morphology after coating of a thin layer of sulfonated
polyphenylene oxide (SPPO) polymer on the ultrafiltration membrane was done. This
will help in selecting design parameters for a new thin film composite (TFC) membrane.
Atomic force microscope (AFM) and scanning electron microscope (SEM) were used for
not only to characterize virgin membranes but also to characterize the fouled membranes.

AFM has not been applied so extensively by any researcher to study fouling.



* The effect of membrane modification (SPPO coating) on the membrane performance was
clearly demonstrated by comparing the performance with unmodified membrane.

o The range of the size of particles that is responsible for the cake layer formation was
identified by comparing the clay particle size distribution in the cake layer and in the feed
solution. Particle size analysis (PSA) was performed by a Sedigraph 5100. The PSA of
the cake layer was also performed by image analysis software built into the AFM.

* A procedure was developed to calculate the individual resistances, such as the resistance
due to the membrane, due to the pores, due to partially plugged pores in fouled
membranes and due to the cake layer.

® A detailed study on the cake layer formation during ultrafiltration experiments was
conducted. The mass of the cake layer and its thickness were measured and its specific
resistance and void space were determined for different operating periods. No such
detailed study on the formation of the cake layer is available in the literature.

¢ The formation of the cake layer was monitored in an innovative way by monitoring the
change in the sodium chioride separation with time.

* This research is very relevant and has a potential for application, as any reduction in the
fouling (by better understanding of its mechanism) will lead to a higher permeate flux

and improved economic feasibility of the process.

1.4. Contributions to science and technology

The following are the expected contributions from this research work to the fields of

chemical engineering and membrane science and technology.

* Development of polymeric ultrafiltration membranes for treating white water and coating
plant effluent from a pulp and paper mill

¢ Thorough characterization of both virgin and fouled membranes by solute transport

measurement and by microscopic techniques



¢ Introduction of AFM for characterizing the fouling on the membrane
* Understanding the fouling mechanism by study of the cake layer formation process

® A procedure development to calculate the individual resistances

L.S. Pulp and paper making process

A generalized flow diagram of a bleached Kraft pulp and paper making process is given in
Figure 1.1. Wood is the chief fibrous raw material used for pulp and paper industry. Wood is
cut into small chips which undergo chemical and/or mechanical treatment. Various pulping
processes exist depending on chemical, pressure, temperature treatment or a combination
thereof to remove the lignin and other non-cellulosic components of wood. In the mechanical
pulping process, lignin is not necessarily removed from the pulp. The product of the chemical
pulping process is divided into two components in a brown stock washer. Liquor obtained
from the washer is called black liquor, which consists of spent cooking chemicals, lignin and
other compounds extracted from the wood. The cellulosic fibers obtained are called pulp,
which goes for bleaching to improve its whiteness and brightness by removing residual
lignin. Bleaching is carried out in different stages at which different chemicals are used, often
with a washing stage in between. Chlorination (C-stage), used for degradation of lignin, is
followed by alkali extraction (E-stage). After extraction a mild bleaching is carried out to
further improve the brightness. Bleaching sequences vary from mill to mill but usually have
chlorination (with or without chiorine dioxide) and extraction stages. It is the wash water

from C-stage and E-stage which constitute major sources of pollution from the paper

industry.
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In the stock preparation, pulp undergoes various treatments such as refining, blending,
cleaning and chemicals addition to impart desired properties to the pulp in order to make the
required quality of paper. A very dilute pulp suspension (< 0.5 wt.%) is supplied to the paper
machine fabric former. Dewatering takes place through the fabric, resulting in a paper web
formation over the fabric. Water coming out from the pulp through the fabric is called white
water. Most of the white water is reused for the pulp dilution before pulp is supplied to the
paper machine. Further dewatering from the paper web is achieved by mechanical pressing
and thermal drying. Paper is often coated with pigments and binders to enhance the paper

quality (gloss, smoothness, printing quality etc.).

1.6. Chemical composition of white water and coating emulsion

Paper machine white water contains various proportions of fines (smaller cellulosic fibers),
fillers, wet strength resins, biocides, dyes, starch, alum, rosin and other wet-end additives.
The total amount of solids in white water depends on the quality of paper produced, types of

equipment used and their performance efficiencies (Panchapakesan, 1991).

A paper coating emulsion is a complex mixture of different chemical components. Coating
emulsions consist of three main groups of components: pigments, binders and additives. The
pigments make up the largest part of the total solids of the emulsion, 80-95%. Common
pigment components are different types of clay (kaolin, calcium carbonate), titanium dioxide
and plastic pigments. The binders constitute 5-20% of the solid content. Latex, starch and soy
protein are commonly used binders. The additives make up only 1-2% of the color. The
additives are a complex mixture of the compounds such as dispersants, viscosity modifiers,

lubricants, crosslinkers or insolubilizers, biocides and dyes (Jonsson et al. 1996a).



1.7. Organization of the thesis

The contents of this thesis are divided into four parts. Part [ contains four chapters; i.e.
"Introduction’, *Literature Review’, ‘Theoretical’ and ‘Methodology and Experimental’. Part
II deals with results and discussion and has seven chapters from Chapter 5 to Chapter 11.
Chapters 5, 6 and 7 have been reproduced with little or no change from the papers
published/submitted in journals. Conclusions pertinent to the individual chapters in part II are
provided at the end of the each chapter. Part III has only one chapter (#12) where all the
conclusions are summarized along with the recommendations. All the appendices are

compiled in Part [V.



CHAPTER 2

Literature Review

2.1. Membrane applications in the pulp and paper industry

Paleologou et al. (1994) discussed membrane applications in the pulp and paper industry with
respect to technical feasibility, process integration and the economics of the mill system.
Since MacLeod (1974) and Bansal (1977) presented ultrafiltration and reverse osmosis as
efficient methods of treating process water from the pulp and paper industry, technology of
the field has steadily progressed. The following are some applications of membrane

separation processes in the pulp and paper industry.

2.1.1. Bleach plant effluent

The two most contaminated bleach plant effluents ar: the acidic filtrate from the chlorination
stage (C-stage) or from the chlorine dioxide stage (D-stage) washer and the first alkaline
extraction filtrate from the extraction stage (E-stage) washer, as most of the chlorinated

substances and colored materials originate from these two stages.

Most of the published works on membrane applications in the pulp and paper industry have
focused on E-stage effluent treatment. E-stage effluent is very well suited for treatment by
the ultrafiltration process because it has a comparatively small volume and contains relatively

high-molecular-weight-substances. There are several ultrafiltration plants of commercial
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scale, for example, the Sanyo Kokusaku Pulp Mill and Taio Paper Co., Japan (Jonsson,
1987). In a typical plant, E-stage effluent contributes 140-150 kg of color and 5-6 kg of
BOD; (Biochemical Oxygen Demand) per ton of pulp. Ultrafiltration of this effluent can
reduce TOCI (Total Organic Chloride) by 60-70% (Jonsson, 1987), COD (Chemical Oxygen
Demand) by 50-80%, AOX (Absorbable Organic Halogen) by 90% (Jonsson, 1989), color by
90% and BOD; by 25-50% (Lundahl and Mansson, 1980). The overall effect of the
ultrafiltration of E-stage effluent on the total mill effluent is 65-70% reduction in color, 40%
reduction in COD and 10% reduction in BOD;. Pinho et al. (1996) and Geraldes and Pinho
(1996) reported that if nanofiltration and electrodialysis were used in combination to treat E-
stage effluent, the final resulting permeate would be good enough to be reused in the

bleaching plant.

C-stage effluent contains mostly low-molecular-weight-substances. Most of the substances in
the C-stage effluent are too small to be retained, even by a very dense ultrafiltration
membrane. The low-molecular weight organics make it difficult to treat C-stage effluent by
ultrafiltration. The large amount of effluent is a factor that makes the membrane treatment of
C-stage even more difficult (Jonsson and Petersson, 1989). Considering the results of both
laboratory and pilot plant scale experimentation, at present it seems impractical to apply
ultrafiltration to treat chlorination stage effluent on a commercial scale. Jonsson and
Petersson (1988) conducted experiments by mixing C-stage and E-stage effluents in their
actual proportions; however, the results were not very encouraging. Yao et al. (1994) tested a
series of laboratory made and also commercial membranes for the treatment of E-stage
effluent mixed with a small amount (4%) of C-stage effluent. Using three membranes
(molecular weight cut-off (MWCO) of 130,000, 15,000 and 5,000 Daltons, MWCO is
defined as a molecular weight of a solute at which 90% separation can be achieved) in series

they achieved high reduction in TOC (78%), COD (80%), and AOX (88%).
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2.1.2. Paper machine white-water

Among the new and promising applications of membranes are treatments of paper machine
white water, coating plant effluent and spent liquor from chemi-mechanical pulping (Jonsson
and Wimmerstedt, 1985). A closed white water system would not only reduce the
consumption of chemicals, but also lower the amount of water discharged, and hence lower

the effluent treatment costs.

Ultrafiltration is an effective method of white water treatment as it is capable of removing
colloidal and dissolved matter present in white water while allowing salts to pass through.
Membrane performance depends on the composition of the feed water components and can
vary from mill to mill as white water differs in its constituents because of the different raw
materials and the types of processes used (Sierka et al., 1994). The suspended solids in white
water are primarily made up of fibers, clays, fillers, sizing agents and dyes. For white water
treatment, the first full scale membrane based plant was put into operation in 1972 at Green
Bay Packaging Inc., Wis., USA (Nelson et al., 1973; McLeod, 1974). This installation
formed an integrated part of the closed white water system of the mill for a couple of years
before it was discontinued due to mill expansion and consequent changes in the white water

requirements.

The permeate fluxes obtained by Nuortila-Jokinen et al. (1995a) in a laboratory scale white
water treatment by a CR (Cross-Rotational) Ultrafilter were adequate (over 200 L/m>h) for
industrial application. In a pilot plant trial with 3 ultra-fine inorganic membranes, the solid
rejection achieved was over 99% with a permeate flux of 90 L/m’h (Bansal, 1977). With
ultrafiltration tubular membranes, 90% of water was recovered as permeate with an average

flux of about 150 L/m*h (Jonsson and Wimmerstedt, 1985). Tardif and Hull (1997) and
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Elefsiniotis et al. (1997) used different combinations of ultrafiltration and biological
treatment to treat simulated white water of a closed-system mechanical newsprint mill. The
effect of high temperature on the performance of ultrafiltration and/or biological treatment
was also evaluated. They found that the performance of the membrane bioreactor was very
stable under varied experimental conditions and was capable of removing virtually 100% of
resin and fatty acid, 72 to 84% of dissolved chemical oxygen demand and 18 to 37% of total
dissolved solids. Elefsiniotis et al. (1997) also observed flux decline during the treatment of
white water with two negatively charged polyethersulfone ultrafiltration membranes with

MWCO of 10,000 and 100, 000 Daltons, respectively.

Since 1994, paper machine white water at the Metsa-Serla Kirkniemi mill in Finland has
been treated by a cross-rotational (CR) filter using an ultrafiltration membrane (Manttari et
al., 1997). Also in Finland, a pilot test with a CR filter and a spiral-wound nanofiltration
module was carried out in Varkaus (Enso Gutzeit Oy, now Enso Oy). Different commercial
ultrafiltration, nanofiltration and reverse osmosis membranes were tested to treat effluent,
which consisted of water from a thermomechanical pulp plant and a paper machine (Manttari
et al., 1997). In the ultrafiltration experiments it was found that the resulting permeates were
practically free from lignin residuals, anionic trash and turbidity. The reduction in the total
carbon, COD and inorganic matter was between 50 and 60%. Even better reductions were
achieved from the experiments with nanofiltration membranes. The permeabilities of
nanofiltration membranes were between 3 to 13 L/m>h.bar. The permeabilities with RO

membranes were below 2.5 L/m?h.bar.

2.1.3. Coating plant effluent

Effluents from a coating plant can upset the operation of the effluent treatment plant.

Therefore, the treatment of coating plant effluent would not only recover the coating
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chemicals but would also help in improving the operation of a combined effluent treatment
plant. Paper coatings are composed of pigments, binders and flow modifiers. Typically a mill
wastes 3 to 5% of the daily coating chemicals (Tardy et al., 1992). For a large mill producing
1000 tons/day of light weight coated paper, the lost material would be nearly 12 tons/day
(Tardy et al., 1992). Ultrafiltration of coating plant effluent has three advantages. First, no
coating effluent is released. Second, the concentrated effluent can be recycled. Third. the

permeate can be used as a wash water.

Pichon et al. (1992) demonstrated that ultrafiltration was technically and economically
feasible for coating plant effluent treatment. Coating chemicals recovered from ultrafiltration
retained their original properties as no chemical had been added and also no chemical had
been removed except water. No changes in coated paper properties were observed while
coated with the coating colors having 20% recovered chemicals from ultrafiltration of coating
waste (Tardy et al., 1992). Coating effluent was successfully concentrated from 10 to 60% by
ultrafiltration (Woerner and Short, 1991). Stridsberg et al. (1992) achieved a high flux of 200
L/m’h at a working pressure of 20 to 28 psig (138 to 193 kPa) while concentrating coating
plant effluent form 0.5 to 46% in a CR-filter system. Jonsson et al. (1996 a&b) used a plate
and frame module with the rotor (CR) between the membranes in order to reduce fouling.

Membranes of different MWCO and of different materials were tested to evaluate the effect

of different coating emulsion compositions.

2.1.4. Other potential uses
Other potential uses of membranes in the pulp and paper industry are as follows.
* Water removal by reverse osmosis (RO) from black liquor (spent cooking liquor from

chemical pulping) prior to evaporation, in order to reduce steam cost or to expand

evaporation capacity (Pepper and Tingle, 1983)
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Recovery and purification of valuable by-products by fractionation with ultrafiltration
(Anon., 1982)

Zero effluent mechanical pulp mills using ultrafiltration and reverse osmosis technology
(Jantumen et al., 1992; Paleologou et al., 1994)

Incremental Kraft recovery capacity and caustic soda production through the electrolysis
of a fraction of black liquor (Cloutier et al., 1993)

Production of bleaching chemicals using bipolar membrane electrolysis (Joshi and Basu,

1973; Paleologou et al., 1992)

From the literature review on membrane applications for white water and coating plant

effluent and the fouling problem associated with these applications, the following can be

summarized:

There is not a great deal of literature available on membrane applications for these waste
water treatments, as these applications are relatively new.

In almost all the reported research work, commercially available membranes were used
and tested for these applications. Membrane performance under different operational
variables was reported. In most cases, the flux was not large enough to be economically
feasible for a full scale plant. There were no adequate explanations on the membrane
performance. Few attempts were made to correlate membrane performance to the
membrane morphology, probably because of the grossly inadequate knowledge of the
membrane morphology used in these studies.

Almost all the studies reported flux decline due to fouling during the application.
However, there were hardly any efforts to understand the mechanism of fouling. Only a
few attempts were made to reduce the fouling. Efforts were, rather, focused on membrane
cleaning after use. In some cases mechanical devices were used to reduce the fouling by

high shear force. An understanding of the interactions between feed solute(s) and the
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membrane is very important to predict the membrane performance. Therefore, to
establish a correlation between membrane performance and membrane, it is essential to
know the physico-chemical nature of the membrane.

* Knowing that membrane characterization and studies on fouling are important, the

following sections of the literature review are devoted to them.

2.2. Membrane morphology

The flux and rejection characteristics of the asymmetric ultrafiltration membranes are
determined by the morphology of the skin layer. The flux mainly depends on the pore density
while selectivity depends on the pore size. The porous sublayer acts mainly as a mechanical
support. In order to predict the selectivity of a membrane with a significant confidence, it is
necessary to know not only the mean pore size but also the pore size distribution. Molecular
weight cut-off (MWCO) and the mean pore size alone are not sufficient to predict the
membrane selectivity. There are several well established techniques for the determination of
pore size and pore size distribution. They include the bubble point technique. mercury
porosimetry, the microscopic technique. solute transport, permporometry and
thermoporometry. Most of the above mentioned techniques are explained in detail in a recent
review article (Nakao, 1994). It was noted that, apart from the mean pore size and the pore

size distribution, roughness of the skin layer seems to have a positive effect on permeate flux

(Hirose et al., 1996).

2.2.1. Membrane characterization by solute transport technique

There have been a number of studies in which the relationship between the solute separation
and the size of the solute has been examined in an attempt to obtain information about the
pore size distribution of the membrane. Michaels (1980) found that the sieving coefficient

versus solute size plot fits to a log-normal probability distribution curve for a variety of
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ultrafiltration membranes, including both biological and synthetic membranes. Kassotis et al.
(1985) used dextrans to measure the rejection coefficient of polyacrylonitrile membranes in
order to find the pore size distribution. Aimar et al. (1990) measured the rejection coefficients
of membranes with dextrans and the data were fitted to a log-normal pore size distribution.
Leypoldt (1987) presented the mathematical limitation in determining the pore size
distribution from the solute separation. Studies (Zeman and Wales, 1981; Aimar et al., 1990)
suggested that the solute separation was dependent on the ratio of solute molecular size to the
pore size, as initially suggested by Paine and Scherr (1975). However, in several other studies
(Cooper and Van Derveer, 1979; Michaels, 1980: Ishiguro et al., 1996), the dependence of

solute separation on the solute size, that results from the steric and the hydrodynamic

interactions between the solute and pore, was not considered.

2.2.2. Membrane characterization by microscopic techniques

Since the invention of the atomic force microscope (AFM), this instrument has been applied
extensively for studying microfiltration and ultrafiltration membranes (Dietz et al., 1991,
1992a&b; Fritzsche et al., 1992a&b, 1993; Chahboun et al., 1992; Bottino et al., 1994;
Bessiéres et al., 1996; Bowen et al., 1996a&b). Recently, the AFM has also been used for
characterizing nanofiltration (Bowen et al, 1997) and gas separation (Khulbe et al.,
1996a&b) membranes. AFM can image non-conducting samples both in air and in liquid.
AFM has also eliminated the tedious process of sample preparation as is required by a
scanning electron microscope (SEM) and by a transmission electron microscope (TEM).
Heavy metal coating required in SEM and TEM might give some artifacts. High beam energy

as required in SEM for high resolution tends to damage polymeric membranes.

With various microscopic tools available, one can determine many characteristic parameters

of membrane such as surface morphology, pore sizes and their distribution, pore density,
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surface porosity, cross-sectional structure and so on. Fritzsche et al. (1992a, 1993) and
Chahboun et al. (1992) made a comparative study of different microscopic tools while
studying ultrafiltration membranes. Average pore diameters obtained from SEM were smaller
than those obtained by AFM (Fritzsche et al., 1992a). This diminuation of the pore sizes was
a result of sample preparation, including heavy metal coating, for the SEM image. AFM was
used to study the characteristics of the various membranes of different MWCO and also of
different materials. It was found that the mean pore sizes ranged from 12.6 to 26.2 nm while
pore densities were between 88 to 482 pores/um’ (Dietz et al., 1992a). However, it should be
noted that AFM images are distorted by convolution between pore shape and cantilever tip
shape and therefore the quantitative determination of pore size from an AFM image is not
always straightforward. Kim et al. (1990) used a high resolution FESEM (field emission
scanning electron microscope) for studying various ultrafiltration membranes. Surface
characterization was performed by image analysis on an electron micrograph. The surface

porosity was found to be between 4 to 15% depending upon the membrane. Pore density was

between 100 to 1000 pores/um>.

2.3. Membrane fouling and flux decline

One of the most important reasons for the failure of the use of membrane processes on a
much larger scale, is the flux decline during operation. The causes for flux decline are first,
concentration polarization, i.e. accumulation of retained particles at the membrane feed
solution boundary; and second, fouling phenomena such as adsorption, pore blocking and
deposition of solutes on the membrane surface. The result of both these phenomena is a
decreasing driving force for the filtration or an increasing resistance against transport of the
permeate. A dynamic membrane is formed over an original membrane by the cake layer
formation. In white water and coating plant effluent applications, a cake layer formation

takes place on the surface of the membrane (Woerner and Short, 1991).
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In a review article, Fane and Fell (1987) discussed the causes of fouling and its control by the
adjustment of operating conditions and pretreatment of the feed solution and the membrane.
Crozes et al. (1997) also examined the impact of several operating parameters including
permeate flux, feed velocity, transmembrane pressure and backwash frequency on fouling.
Muralidhara (1991) presented techno-economic implications of membrane fouling and
pointed out that membrane replacement cost was the most significant parameter that affected

the economics of membrane processing.

2.3.1. Effect of the feed particle size on fouling

Among various parameters, the particle size of the feed solution has a large effect on fouling.
Particles with an effective size that is larger than the pores of a membrane are rejected at the
surface of the membrane and therefore should not reduce the permeability of the membrane.
However, material deposited or adsorbed on the surface of the membrane may create an
additional layer of resistance to the permeate flow and the particle size will affect the

hydraulic resistance of this layer (Lahoussine-Turcaud et al., 1990).

The particle size plays a role in determining the net deposition of particles on the membrane
surface and several mechanisms have been proposed by which particles may be transported
away from the surface of the membranes. The diffusion of the particles away from the
membrane is predicted to increase with decreasing particle diameter as per the Stokes-
Einstein equation for the particle diffusion coefficient. In contrast with Brownian diffusion,
the particle flux away from the membrane by lateral migration is predicted to increase with
increasing particle diameter since the lift force is proportional to the particle diameter cubed
(Green and Belfort, 1980). Several models for back transport have been presented that

consider shear-induced transport or scouring of particles deposited on the membrane (Fane,
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1984; Leonard and Vassilief, 1984; Cohen and Probstein, 1986; Zydney and Colton, 1986:
Davis and Leighton, 1987; Romero and Davis, 1988 & 1991). Although the details of these
models may differ, they are all fundamentally based on the concept that the shear force of
fluid moving across the membrane initiates particle migration and at a critical point,

overcomes the convective force of fluid moving through the membrane.

Brownian diffusion favors the transport of smaller particles (below 0.01 pm) while shear
transport increases with the increasing size (above 10 um). Hence, the membranes are most
susceptible to fouling by particles 0.01 to 10 pum in size since the influence of both diffusive
forces are small. Fane (1984) verified this observation with the experimental data from a
stirred batch filtration of suspended particles varying in size from 0.025 to 20 um. A
minimum permeate flux was found for the particle diameter near 0.1 Hm. Lahoussine-
Turcaud et al. (1990) also reported that maximum fouling was observed for the particle size
of 0.2 um, while particles greater than 3 Hm in size had a little effect on fouling in a cross-
flow hollow fiber module. According to them. these particles (0.2 um) are too large to be
transported by Brownian diffusion and are too small to be pulled from the surface by shear
forces. They are also too large to penetrate into the pore of an ultrafiltration membrane.
When feed solution contains particles of different sizes, permeate flux is usually governed by
selective deposition of smaller particles on the membrane surface (Baker et al., 1985).

Dharmappa et al. (1992) presented a semi-empirical model to predict the effect of the particle

size distribution on permeate flux.

Various experimental works on crossflow ultrafiltration of different colloidal suspensions
have been reported (Porter, 1972a; Hunt et al., 1987; Hoogland et al., 1990; Nakao et al..

1990). With a video recording, Mackley and Sherman (1992) measured in situ the rate of the
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deposition of polyethylene particles (125 to 180 pm) on the membrane surface. They
observed that the capture of particles at the surface was controlled by the relative magnitude
of convective flow and cross flow velocity. When convective flow dominates, the packing of
particles is non-selective and random. However, when cross-flow dominates, the particles are
highly selective as to where they finally reside. Various models (Porter, 1972b; Green and

Belfort, 1980; Hermia, 1982) have been developed to understand the mechanism of particle

deposition on the membrane surface.

2.3.2. Cake layer thickness

Transmembrane pressure, cross-flow velocity, compressibility of the suspended particles,
particle size and the concentration of the feed solution have significant effects on the
formation of the cake layer (Riesmeier et al., 1987). In cross-flow filtration, depending upon
the experimental conditions, cake layer thickness was found to be between 0.4 to 40 um
(Riesmeier et al., 1987) and between 24 10 150 um (Shimizu et al., 1993) for bacterial cells.
In a stirred ultrafiltration experiment with silica solution (particle size ~ 0.016 pum, spherical),
the cake layer thickness was found to be about 5 um for the feed concentration of 1% and 20
um for the feed concentration of 10% (Chudacek and Fane, 1984). Khatib et al. (1997) found

a cake layer thickness of about 7 pum in the ultrafiltration of a lake water.

2.3.3. Cake layer specific resistance

Specific resistance of a cake is a function of void fraction and specific surface area of the
particles. Other variables which affect specific cake resistance are operating pressure, cake

compressibility, cross-flow velocity and particle size distribution in the cake.
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Baker et al. (1985) observed an increase in the specific cake resistance of the cake layer with
time and concluded that it was due to an increase in the fine contents in the cake with time.
For example, in a crossflow filtration of TiO? slurry, fine contents (particle size <1 um) were
found to be 44%, 70% and 90% in the feed solution, in the cake layer after 30 min of run and
in the cake layer after 60 min of run, respectively. Once the cake had reached its equilibrium
thickness, large particles deposited on the surface were re-entrained into the bulk solution as
they had higher back transport diffusion, whereas smaller particles having a lower back
transport diffusion were trapped in the deposit; hence their concentration in the deposited

cake increased with time. This resulted in the decrease of the cake permeability or increase in

specific cake resistance (Dharmappa et al., 1992).

With the increase in crossflow velocity, the specific cake resistance increased while the
deposited mass decreased (Baker et al., 1985). The specific cake resistance was found to be
higher for a higher feed concentration and pressure (Fane, 1984; Chudacek and Fane, 1984).
Riesmeier et al. (1987) observed a sharp increase in the mass of the cake layer deposited on

the membrane surface at the beginning of the experiment.

Cake layer resistance was much higher than the resistance of the membrane and that of the
blocked pore at a given pressure and hence, was the controlling resistance for the permeate
flux (Shimizu et al., 1993). During cross-flow filtration with various ceramic membranes, it
was observed that cake layer resistance did not change much with pore size (Imasaka et al.,
1989), however, resistance due to pore plugging was increased with an increase in pore size

(Matsumoto et al., 1988:; Imasaka et al., 1989; Shimizu et al., 1990).
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2.3.4. Various mechanical ways to reduce fouling

The complete elimination of the foulants layer is not practically possible. However, it may be
reduced by applying an electrical field (Wakeman and Tarleton, 1987; Brunner and Okoro,
1989; Silva et al., 1991; Ramamurthy et al., 1995). The application of a suitable polarized
electric field primarily reduces cake formation by electrophoretic motion of the particles
away from the membrane. The application of the electric field is advantageous in the laminar
flow regime in which the removal of the foulant solids from the membrane to the bulk of the
solution primarily occurs by diffusion. In turbulent regimes, the benefits could be limited

because of the already high eddy diffusion (Ramamurthy et al., 1995).

Recently, a CR (cross-rotational) rotor was used while treating coating plant effluent and
white water by a number of researchers (Stridsberg et al., 1992; Nuortila-Jokinen et al., 1995
a&b; Jonsson et al., 1996 a&b; Nuortila-Jokinen and Nystrom, 1996). In the cross-rotational
membrane filter, the rotor between the two membranes generates a powerful shear force

which scours the membrane and also reduces membrane fouling.

2.4. Membrane modification with coating a layer of sulfonated polyphenylene oxide

Sulfonated polyphenylene oxide (SPPO) membranes were tested for the reverse osmosis
application as early as in 1970 (Plummer et al., 1970). The salts separation by SPPO membranes
was lower than the cellulose acetate membranes, however, the permeate flux was much higher.
Huang and Kim (1984) studied the effect of the porous substitute on the performance of the thin
film composite membrane. The SPPO-polysulfone membranes were tested for the purification
of Alberta tar sand waste-waters. Hamza et al. (1995) studied the effects of ion exchange
capacity of SPPO and solvent used for the casting on the performance of SPPO composite

membranes. They observed that the preparation of thin-film composite membranes with high
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salt separation and high fluxes was possible by properly adjusting the ion exchange capacity and

the solvent used for the preparation of polymer solution for surface coating.

2.5. Various models to predict permeate flux

[n order to correlate the operating parameters and feed and membrane characteristics to the
performance of ultrafiltration membranes (mainly permeate flux) several models such as the
"gel polarization mode!l’ (Michaels, 1968a&b; Porter, 1972b; Fane et al., 1981; Blatt et al.,
1970), the “osmotic pressure model’ (Wijmans et al., 1984) and ‘boundary layer resistance
model’ (Wijmans et al., 1985; Van den Berg and Smolders, 1989) have been proposed. Some
authors (Chudacek and Fane, 1984; Suki et al. 1986; Shirato et al., 1991) also applied cake
filtration theory in ultrafiltration. The above models predict fluxes quite accurately for low
molecular weight solutions. However, these models have been found to underestimate the
flux in ultrafiltration with solutions containing colloidal particles. This problem has been
called the *flux-paradox’ for colloidal suspensions. Rautenbach and Schock (1988) presented
a modified model and tested it with colloidal suspensions of clay and also of quartz of mean
particle size in the range of 2 to 2.5 um. The calculated fluxes were still lower than the actual
fluxes by one order of magnitude. To explain the flux-paradox problem in ultrafiltration of
colloidal suspensions, Green and Belfort (1980) proposed a theory based on lateral migration

of the particles across streamlines.
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CHAPTER 3

Theoretical

3.1. Membrane characterization based on the solute transport data
3.1.1. Mean pore size and pore size distribution

Solute separation, f, in percent is defined as

C
f=(l——")x100 (3.1

Ce
where ¢, and c; are the solute concentrations in the permeate and in the bulk of the feed
solution, respectively. It is to be noted that the effect of concentration polarization on
separation is not considered in Eq. (3.1). When the solute separation (%) of an ultrafiltration
membrane is plotted versus the solute diameter on a log-normal probability paper, a straight
line is yielded as reported by Michaels (1980). If solute separation correlates with solute

diameter according to the log-normal probability function, then this relationship can be

expressed as

f=erf(z) = ,__ e -du 3.2)
j (
where - M (3’3)
lncrg
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and d; is the solute diameter, y, is the geometric mean diameter of solute at f = 50% and Og is
the geometric standard deviation about the mean diameter. According to Eqgs. (3.2) and (3.3),
a straight line in the form of
F(f)=A,+A,(Ind,) (3.4)

will yield between f (solute separation in %) and ds (solute diameter) on a log-normal
probability paper. Ag and A, are the intercept and the slope, respectively. From this log-
normal plot, the mean solute size (i) can be calculated as d; corresponding to f = 50%. o,
can be determined from the ratio of d; at f = 84.13% and 50%. By ignoring the dependence of
solute separation on the steric and hydrodynamic interaction between solute and pore wall
(Cooper and Van Derveer, 1979; Michaels, 1980; Ishiguro et al., 1996), the mean pore size
(4p) and the geometric standard deviation (op) of the membrane can be considered to be the
same as the solute mean size and solute geometric standard deviation. From Hp and &, the

pore size distribution of an ultrafiltration membrane can be expressed by the following

probability density function (Youm and Kim, 1991)

affd,) (ind, ~lnp,)’ -
dd, d,lno,v2x | Yins, )’ )

where d; is the pore size.

3.1.2. Pore density and the surface porosity
The number of pores per unit area, known as the pore density, can be calculated from the
permeability data of the membrane using the Hagen-Poiseuille equation. Based on this

equation, the solvent flux (J;) through the pores of diameter d; can be expressed as

i e N;nd;Ap

' 1288 (-6)
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where N; is the number of pores (per unit area) having diameter d;, § is the length of the

pores, 1 is the solvent viscosity and Ap is the pressure difference across the pores. Total flux
J through the membrane can be calculated by adding all the fluxes through the pores of
different sizes as

I=31J,

TAp
12818

(N\d! +N,dS + N df 4 —mm e }

TAp

{f;Nd? + £,Nd! + N} + -~ —————
12805 2

nApN
3.7
178n8 Z )
where N is the total number of pores and f; is the fraction of the number of pores with
diameter di. From Eq. (3.7), the total number of pores (N) per unit area can be calculated as
N=_128n8] 128n8J (3.8)
nApi fd}

Pore length & is considered equivalent to the skin layer thickness of the asymmetric

ultrafiltration membrane.

Similarly, the expression for surface porosity (Sp), which is defined as the ratio between the

area of pores to the total membrane surface area, can be derived as

o
S, = (%’i Z fidfj x 100 (3.9)
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3.1.3. Stokes radius of polyethylene glycol and polyethylene oxide molecules
The Stokes radius of a macromolecule can be obtained from its diffusivity in solution by

using the following Stokes-Einstein equation

D= kT (3.10)
6nna
where D is the diffusivity, k is Boltzmann’s constant, nis the solvent viscosity and a is the

Stokes radius. The diffusivity can also be calculated by the following equation (Hsieh et al..

1979a)

2.5x10°kT

OB -

where M and [n] are the molecular weight and the intrinsic viscosity of the polymer,

respectively. By combining Egs. (3.10) and (3.11) we obtain
a=2122x 10*(M[n])"” (3.12)

where a is in cm, M is in g/mol and [n}is in dL/g. The intrinsic viscosity of a polyethylene

glycol (PEG) and a polyethylene oxide (PEO) of known molecular weight can be calculated

from the following equations

For PEG (Meireles et al., 1995) [n]=49x107 Mm% (3.13)

For PEO (Nabi, 1968) [n]=1192x 10~ M7 (3.14)

Intrinsic viscosities of PEGs of various molecular weights calculated from the empirical Eq.
(3.13) are in very good agreement with the values determined experimentally by Hsieh et al.
(1979a&b). Intrinsic viscosity values for some of the PEG molecules are also given by

Bessiéres et al. (1996), and they are also in very good agreement with the values calculated

from the empirical Eq. (3.13). By substituting the expression for ['q] in Eq. (3.12), we obtain
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For PEG a=1673x10710M%57 (3.15)

For PEO a=1044x 10710 M%7 (3.16)

From Egs. (3.15) and (3.16), Stokes radii of PEG and PEO molecules can be obtained (in cm)

from their molecular weights (in g/mol).

3.2. Membrane characterization by atomic force microscopy

3.2.1. Mean pore size and pore size distribution

Pore sizes were measured by visual inspection of line profiles of different pores from various
AFM images of different areas of the same membrane. Pore sizes measured by AFM were
arranged in ascending order and were assigned median ranks. Median ranks are calculated

from the following formula (Lipson and Sheth, 1973)

j—03
n+04

Median or 50% rank =

x 100 G177

where, j = order number of the pore when arranged in ascending order

n = total number of pores measured

To obtain a cumulative distribution function graph, these median ranks are plotted on the
ordinate against pore sizes arranged in an increasing order on the abscissa. This plot will
yield a straight line on a log-normal probability paper if pore sizes have a log-normal
distribution. From this graph, values of mean pore size (up) and geometric standard deviation

(op) can be calculated as explained in the earlier section.

3.2.2. Surface roughness
Differences in the membrane surface morphology can be expressed in term of various

roughness parameters such as the mean roughness (R,), the root mean square of Z data Ry),
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and the mean difference in the height between the five highest peaks and the five lowest

valleys (R;). All these parameters can be measured by an AFM.

The mean roughness is the mean value of surface relative to the center plane, the plane for
which the volume enclosed by the image above and below this plane are equal, and is
calculated as

1 Lt

\

[ T1f(x,y)dxdy (.18)
00

-

R, =
* L,L

xty

where f(x, y) is the surface relative to the center plane and L, and L, are the dimensions of

the surface.

The root mean square of Z values (R) is the standard deviation of the Z values within the
given area and is calculated as
Z(Zi - vag )2
Ry =, ———— 3.19
7Y N, (3.19)

where Z; is the current Z value, Z,g is the average of the Z values within the given area, and

N, is the number of points within a given area.

The average difference in height (R,) between the five highest peaks and five lowest valleys

is calculated relative to the mean plane, which is a plane about which the image data has a

minimum variance.
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3.3. Fouling

3.3.1. Calculation of the resistances to the permeate flow

Fouling is caused by the plugging of membrane pores by solute species or by their adsorption
on the surface of the membrane or by a cake layer formation over the membrane. In white
water and coating plant effluent applications, a cake layer formation takes place on the

surface of the membrane. The fouling restricts the permeate flow through the membrane.

3.3.1.1. Resistance model

The resistance model has been used extensively in various membrane separation techniques
since it was proposed by Henis and Tripodi (1980 & 1981) for gas separation. According to
the model developed by Henis and Tripodi, the resistances from each component barrier layer
to the permeate flow could be combined mathematically. Therefore, various resistances could
be connected in series or in parallel or in combination depending upon their positions relative

to the flow of permeate.

According to the resistance model, a membrane can be considered as a combination of
different segments each having a specific resistance to the permeating fluid. These
resistances are analogous to the resistance of the flow of electricity in an electric circuit. An
asymmetric membrane may be divided into a very thin and dense skin layer and a highly
porous sublayer. The skin layer can be further divided in two regions: membrane matrix and
pores. In Figure 3.1, Ry, and R; are the resistances due to membrane matrix and membrane

pores respectively. Resistance due to the porous sublayer is very small and, therefore, is

neglected.

It is evident from Figure 3.1 that resistance due to the membrane matrix (R,) and that due to

the membrane’s unplugged (R;) or plugged (R}) pores are in parallel. However, several
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Membrane

Ry) E::;ltt:::e
R, R N
(a) Virgin membrane
Pore Membrane Resultant
(R") (Ry) Resistance
R, R, R,
(b) Fouled membrane
Pore Cake Layer Membrane Resultant
(R%) Ry - Rm) R, Resistance
R, R, Rs

(c) membrane with cake layer

Figure 3.1. Representation of various resistances in (a) virgin membrane, (b) fouled
membrane and (c) membrane with a cake layer
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authors (Matsumoto et al., 1988; Imasaka et al., 1989; Shimizu et al., 1990 & 1993; Jonsson.
1993; Ramamurthy et al., 1995; Dal-Cin et al., 1996) have considered these resistances in

series, which is incorrect.

For the virgin membrane (Figure 3.1a), the resultant resistance R, can be written as

_ R,R,

=-—2 P 3.20
: Rm+Rp ( )

Similarly for the fouled membrane (Figure 3.1b), the resultant resistance R: can be written as

R,R}

R,=—"F_
- Rm+R;

(3.21)

In Egs. (3.20) and (3.21), it is considered that the membrane resistance (R,,) does not change
during the experiment. After 24 hours of ultrafiltration experiment with clay, or clay and

SBR solution, the total resistance R; (Figure 3.1c) can be given as

R,.R!
;= — +Rc (322)
R, + Rp

where R, is the resistance due to cake layer. Knowing R,, R, and R; experimentally, it was
attempted to obtain the component resistances Ry, Rp, RY and R.. However Egs. (3.20) to

(3.22) could not be solved simultaneously for the above four unknowns. Therefore, the

following procedure was adopted to find the relative value of these unknown parameters.

The values of R;, R, and R; can be calculated from the experimental data. Solvent
permeation flux in a pressure driven membrane can be expressed in terms of total resistance

as

Ap
J, =22 3.23
nR ( )

where

33



Js = solvent (water) permeation flux (m*/m’.s),
Ap = operating pressure, (Pa, i.e. kg/m.s%),
n = solvent (water) viscosity (kg/m.s), and

R = total resistance to the permeate flow (m™)

Eq. (3.23) can be rewritten as

R =8P (3.24)
nJ,
The values of Ry, R; and R; can be calculated as

R, = 2P (3.25)
.

R,=-2P (3.26)
']wa

R, =P (3.27)
anu

where J. and J,r are the pure water permeation flux of the virgin and the fouled membrane

while J, is the product flux after 24 hours of ultrafiltration experiment with clay or clay

and SBR solution.

Egs. (3.20) and (3.21) can be rewritten in terms of Rmas

LY (3.28)
"R, -R, ‘
R R,R, (3.29)
" R -R, '

Equating Egs. (3.28) and (3.29)
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RIR, R,

R,-R, R,-R,

On simplifying, Eq. (3.30) yields

(3.30)

(3.31)

Since R, is more than R, (total resistance of fouled membrane is more than the total

resistance of virgin membrane), then the following conclusions can be drawn form Eq. (3.31)

R; >R,
R\R, ... ,
and Rp < R, l—l-l, (for positive Rp)

The following are also true from Eqs. (3.20) and (3.21),

R, >R,

R, >R,

m

and R, >R,

Eq. (3.20) can be rewritten as

R, = R,(R—“‘-{»l]
RP

From Egs. (3.35) and (3.37)

R{Bﬂ +1) >R,
R, ;

R, (R,
or 2> =~
St
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(3.33)

(3.34)

(3.39)

(3.36)

3.37)

(3.38)



Therefore, the following conditions should be fulfilled while solving Egs. (3.20) to (3.22).

R,R, .
L. R, <R, < RZI—RI (3.39)
2. R, >R, (3.35)
3. R! >R, (3.36)
4 5ﬂ> R3—1 (3.38)
R, R,

Eq. (3.39) indicates the range of the value of Rp. Therefore, Egs. (3.20) to (3.22) will be
solved for three unknowns, i.e., R, R; and R, assuming a value of R, within the range
given by Eq. (3.39). Furthermore, R can be calculated as

R, =R, -R, (3.40)

3.3.2 Concentration polarization and gel layer concentration

For ultrafiltration, the macromolecular solutes and colloidal species are usually present and
contribute little to osmotic pressure. However, the concentration of solute at the membrane
surface (cm) is much higher than that in the bulk feed (cs) due to concentration polarization.
Flux reduction phenomenon due to concentration polarization has been discussed by many
researchers (Brain, 1965; Michaels, 1968a&b; Kozinski and Lightfoot, 1972). A boundary
layer model for crossflow filtration is shown in Figure 3.2, where 8y is the boundary layer
thickness over which the concentration changes from c; to c,,. Solute is transported to the
membrane surface by the convective flow of permeant and this is balanced by diffusion back

to the bulk (Belfort and Nagata, 1985);
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Feed flow

Figure 3.2. Boundary layer formation in ultrafiltration
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dc
Js(c—cp)=D& 3.41)

where J; is the permeate flux, ¢, is the solute concentration in the permeate and D is the

diffusivity. Integrating Eq. (3.41) and inserting the following boundary conditions:

at x=0, c=c¢r
and at X = 8y, €c=Cnp
we obtain
c_—cC
J,=2inin "% (3.42)
o, ¢ -c,
Cp —C
or J,=kln 2 (3.43)

where k is the mass transfer coefficient and is equal to D/8y,. As the flux increases with
increasing applied pressure, the value of ¢, will increase. As Cm reaches the solubility limit,
further increase will cause a precipitate or thixotropic gel to be deposited on the membrane
surface. A further increase in the pressure will not increase the flux. For nearly 100%
separation (i.e. c, is very small) the limiting flux J,,can be approximated as (Porter, 1972b)
I = kln(c—‘] (3.44)
Ce

where c; is the gel concentration which is mainly a function of the solute-solvent system and
the operating temperature and is independent of the membrane characteristic, feed
concentration, flow conditions and operating pressure. Since the gel concentration is assumed
to be constant, Eq. (3.44) predicts a linear plot for J; versus Incy with a slope equal to -k (mass

transfer coefficient) and extrapolation of J; = 0 will yield the value of c,.
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Chapter 4

Methodology and Experimental

4.1. Materials and membrane making

Polyethersulfone (PES, Victrex 4100P) supplied by Imperial Chemical Industries was used
for the preparation of ultrafiltration (UF) membranes. Polyethersulfone has been used
extensively for making ultrafiltration membranes because of its superior mechanical and
thermal stability (T,-225°C). Asymmetric membranes were made by the phase inversion
technique using casting solutions of different concentrations (10, 12, 15 and 20 wt.%) of PES
in N-methylpyrrolidone (NMP) solvent. Polyvinylpyrrolidone (PVP), a nonsolvent additive.
was added to increase the membrane flux and to enable membrane casting with lower PES
concentrations. The ratio of PES and PVP in the casting solutions was kept at 1:1 by weight
(Lafreniére et al., 1987). Membranes were cast by pouring the casting solution onto a glass
plate at room temperature and spreading it with a casting rod at a uniform speed. The wet
thickness (gap between the glass plate and the casting rod) of all the membranes was
maintained at 0.33 mm. Immediately after casting, the glass plate was immersed into a
gelation bath with ice cold water at about 4°C and kept there for 40 minutes (Lafreniére et al.,
1987). Membranes were stored in distilled water in ‘never dried state’ until used. These
laboratory made ultrafiltration membranes were designated as 10U, 12U, 15U and 20U. The
first two digits in the above nomenclature indicate the PES concentration in the casting

solution while the ‘U’ indicates that the membranes were unmodified. Some of the
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membranes made above (never dried state) were further immersed in a glycerol solution of
30 wt.% for 24 hours prior to air drying at room temperature for a couple of days. These
membranes were designated as 10UD, 12UD, 15UD and 20UD. The first two digits and "U"
were explained above, while ‘D’ means that the membranes were dried after glycerol

treatment.

4.1.1. Membrane modification

In order to reduce the fouling, the membranes were coated with a thin layer of the sulfonated
polyphenylene oxide (SPPO) polymer. Negatively charged SPPO layer will reduce the clay, a
major constituent in the feed solution, deposition on the membrane surface by rejecting the

negatively charged clay particles.

4.1.1.1. Preparation of sulfonated poly(2,6-dimethyl-1,4-phenylene oxide) polymer

Following the method outlined by Plummer et al. (1970), a 10 wt.% solution of poly(2,6-
dimethyl-1.4-phenylene oxide) (PPO, General Electric Co.) was prepared by dissolving PPO
(intrinsic viscosity - 0.46 dL/g) in chloroform. To obtain the ion exchange capacity (IEC) of
2.0 meq/g of dry powder (Hamza et al., 1995), a stoichiometric amount of chlorosulfonic acid
(Appendix A) was added dropwise to the PPO solution. The solution was then vigorously
stirred and allowed to react for about 30 minutes. An inert environment was maintained in the
reaction vessel by a nitrogen blanket. The sulfonation reaction is illustrated in Figure 4.1. As
the reaction progressed, sulfonated poly(2,6-dimethyl-1,4-phenylene oxide) (SPPO),
insoluble in chloroform, precipitated from the solution. The precipitate (SPPO) thus prepared
was then dissolved in methanol, poured in a glass dish, and allowed to dry overnight. The
resulting dry SPPO film was cut into small pieces and washed thoroughly with distilled water

until the pH of the wash water became higher than 4.0. The washing process of SPPO pieces
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Figure 4.1. Sulfonation reaction of polyphenylene oxide (PPO) with chlorosulfonic acid
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took several days. The SPPO was then vacuum dried at room temperature for two days. The
polymer so prepared was in hydrogen form (SPPOH). The exact IEC value of the SPPO

polymer was determined using acid-base titration (Appendix A).

4.1.1.2. Preparation of modified membranes

The SPPO polymer thus prepared was dissolved in methanol (Hamza et al., 1995) to make |
wt.% solution. One and a half mL of this SPPO solution was poured and spread over the skin
side of the unmodified dried membrane (UD) of 5.6 cm in diameter. The excess solution was
drained by holding the membrane vertically, leaving a thin layer of SPPO solution over the
membrane surface. The SPPO coated membranes were then dried overnight prior to use.
These membranes were designated as 10S, 128, 15S and 208, where ‘S’ stands for sulfonated

modified (SPPO coated) membranes.

4.2. Preparation of feed solution for testing membrane performance

White water from the paper machine and effluent from the coating plant vary considerably
from mill to mill and also from time to time in the same mill. Therefore, simulated feed
solutions were prepared in the laboratory to ensure a constant feed condition. As coating
plant effluent mainly consists of pigments (e. g. clay, CaCOs, TiO, etc. ) and binders (e. g.
latex, starch etc.), feed solutions for ultrafiltration experiments were prepared by mixing clay
(Ultra Cote, Engelhard, particle size ~ 80-82% < 2 #m) and Styrene Butadiene Rubber (SBR,
a latex, CP620NA, Dow Chemicals, particle size ~ 175 nm, 50% w/w emulsion). The ratio of
clay to SBR was kept at 100/15 by weight (Skowronski and Lepoutre, 1986), a typical ratio
of the pigments and the binders in a coating emulsion. Feed solution containing clay and SBR
is also a fairly good representation of white water, as fillers and some kind of strength
additives are the main components in it. Different feed concentrations were used to study the

permeate flux and solute separation for the membranes made in the laboratory. Experiments
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were also conducted when only clay or SBR was present in the feed solution. In some

experiments, NaCl (200 ppm) was added to the feed solution containing clay, or clay and

SBR.

4.3. Ultrafiltration experiment

4.3.1. Ultrafiltration system and operating parameters

Ultrafiltration experiments were conducted by using laboratory cross-flow test cells each
with an effective area of 13.2 cm?, details of which were described elsewhere (Sourirajan and
Matsuura, 1985). A sketch of the permeation cell is given in Figure 4.2. Six cells were
connected in series as shown in the schematic layout of the ultrafiltration system (Figure 4.3).
Feed solution from the feed tank was pumped by a constant discharge pump to the inlet of the
first permeation cell. An accumulator was installed in the pump delivery line to reduce
pulsation in the pressure. Since the pump was a constant discharge type, a bypass line was
provided to vary feed flow in the system whenever required. As permeation cells were
connected in series, the retentate of the first cell became the feed to the second cell and so on.
As permeate flow was very small compared to feed flow, the characteristics of the feed
solution to all the cells were virtually the same. A pressure regulator was installed at the
outlet of the last cell to regulate the pressure in the system. For recording inlet and outlet

pressures across all six permeation cells, two pressure gauges were installed as shown in

Figure 4.3.

All the experiments were conducted at room temperature. All the operating pressure data
(except pressure difference), which are mentioned in this thesis, are the gauge pressure. The
inlet pressure at the first cell was maintained at 365 kPa (53 psi) while the pressure at the

outlet of the last cell was around 324 kPa (47 psi) with a total pressure drop of 41 kPa across
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the six cells. Equal pressure drop of about 7 kPa (~1 psi) was considered across each cell.
Fluxes were corrected to 345 kPa (S0 psi) for each cell assuming a linear relationship
(confirmed in a separate experiment, Appendix B) between pressure and flux in the pressure
range from 300 to 400 kPa. Each membrane was compacted at 552 kPa (80 psi) for 5 hours.
unless otherwise mentioned, prior to any measurement. The feed solution was circulated
through the feed chamber of the permeation cell at a flow rate of 2650 mL/min. For each
experiment, both the pure water permeation flux (PWP) and the permeate flux (PF) in the
presence of solute were measured in L/m*h (or m’/m’),. The permeate flux was also
measured at various intervals during the experiment. Both PWP and PF were converted to the

values at 25°C by using the density and viscosity data of water (Appendix C).

4.3.2. Ultrafiltration experiment with clay or clay and SBR

Ultrafiltration experiments were conducted with various constant feed concentrations and
also with increasing feed concentrations. In the experiment with constant feed concentration,
both permeate and retentate were recycled to the feed reservoir. In the varying feed

concentration experiment, the feed concentration was gradually increased by collecting the

permeate in a separate vessel.

Total solids (clay + SBR) in the feed and permeate samples were determined by weighing the
solid residue after heating the sample at 105°C for 8 hours. Ash content (i.e., clay content)
was measured after burning the sample at 925°C for 8 hours (CPPA Standard, G.11, 1996).
SBR content in the feed and in the permeate were measured in terms of total organic carbon

(TOC) by using a carbon analyzer (DC-190, Folio Instruments).

The NaCl concentration, when NaCl was present in the feed solution, was measured in terms

of conductivity. For the value of the conductivity due to NaCl in the clay solution, the value
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of conductivity in the clay solution before adding NaCl was subtracted from the value of the

conductivity of the solution after adding NaCl.

4.4. Membrane characterization by solute transport

For membrane characterization, polyethylene glycol (PEG, molecular weight up to 35,000)
and polyethylene oxide (PEO, molecular weight of 100,000 and 200,000) were used as
solutes in the feed solution. The feed solute concentration was kept at 200 ppm by weight
while PEG or PEO was used. Membrane characterization by solute transport is discussed in

detail in Chapter 3.

4.4.1. Virgin membrane characterization

In the ultrafiltration experiments for PEG/PEO separation, the molecular weight of either
PEG or PEO was increased progressively. The ultrafiltration system was thoroughly flushed
with distilled water between experiments with different molecular weight solutes of
PEG/PEO. The PEG/PEO contents in the feed and permeate were measured in terms of the

total organic carbon (TOC) by using a carbon analyzer (DC-190, Folio Instruments).

4.4.2. Fouled membrane characterization

After an ultrafiltration experiment with the feed solution of either clay, or clay and SBR.
membranes were flushed with tap water of 45°C for half an hour and then with distilled water
for another haif an hour at 70 kPa and at a feed flow rate of 4000 mL/min. These membranes
are referred to as ‘fouled membranes’ hereafter. These membranes were characterized in the

same way as fresh membranes were characterized.
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4.5. Separation
Separations, f (in percent) for clay, SBR, NaCl, PEG and PEO were calculated by the

following equation

C
f=[1——"]x100 4.1)

Ce
where ¢, and cr are the concentrations in the permeate and in the bulk of the feed solution,

respectively.

4.6. Microscopic techniques

4.6.1. Atomic force microscope (AFM)

AFM images were obtained by using a Nano Scope I1I atomic force microscope (Digital
Instruments Inc., Santa Barbara, USA) and operating in tapping mode (TM). In tapping
mode, a fast oscillating probe is employed for surface imaging and a short and intermittent
contact prevents the development of inelastic surface deformation. The vertical separation
between the probe tip and the surface is rapidly oscillated such that the probe taps the surface
slightly. The discontinuous contact eliminates any lateral forces exerted on the surface by the

scanning tip.

A schematic diagram of an AFM utilizing an optical lever technique for sensing cantilever
deflection is shown in Figure 4.4. An extremely sharp tip, attached to a cantilever arm, is
vibrated and brought near the sample surface. The cantilever oscillation is modified by
interactions between the tip and the surface of the sample. Changes in the cantilever
oscillation are detected by a split diode photo-detector, which monitors a laser beam reflected
off the cantilever. The signal from the photo-detector is sent to a control system which maps

the sample surface by adjusting the piezo height to maintain constant vibrational amplitude of

the cantilever.
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Figure 4.4. Schematic diagram of atomic force microscope for surface imaging
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No special sample preparation for AFM imaging was necessary except to attach a small piece
(0.5 cm x 0.5 cm) of the membranes to a steel disc sample holder with double-sided tape. The

sample thus prepared was ready to use for AFM imaging. AFM images of both unused

membranes and membranes with cake layer on them were taken.

4.6.1.1. Pore size measurement from AFM images

The sizes of pores on an AFM image were estimated from a cross-sectional profile of the data
along the reference line. An example of the measurement of the pore sizes is shown in Figure
4.5. Because of various shapes (circular, elliptical, slits etc.) of the pores, the sizes were
calculated by taking average of the width and length of the pore. The window in the bottom
right corner in Figure 4.5 shows the horizontal and vertical distances between cursors. The

horizontal distance between the pair of cursors was taken as pore length/width.

4.6.1.2. Roughness parameter measurement from AFM images

Various surface roughness parameters such as mean roughness (Ry), the root mean square of
Z data (Ry), and the mean difference in the height between the five highest peaks and the five
lowest valleys (R,) were measured by using an image analysis software supplied with the
AFM equipment (Digital Instruments, 1993). Detailed description of these roughness
parameters is presented in Chapter 3. Since roughness parameters depend upon the type of
probe used and the treatments given to the captured surface data, all the AFM imaging was

done with the same type of probe and also the same treatments were given.

4.6.2. Scanning electron microscope (SEM)
Scanning Electron Microscopes at Department of Chemistry, University of Ottawa and
also at the Science Technology Center, Carleton University were employed to study the

surface and cross-section of both virgin membranes and membranes with cake layer on them.
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4.7. Cake layer study
In the experiment for the study of the cake layer, twelve cells were connected in series as
shown in Figure 4.6. These cells were divided into three groups and cell(s) from each group

were used for the specific purpose as explained in the following section.

Group A-(Cell #1): Membranes were taken out after different operational times and freeze
dried for the measurement of the thickness of the cake layer by SEM and for the study of the
surface of the cake layer by SEM and AFM.

Group B-(Cell # 2 to 6): Clay deposited on the membrane surface in each cell was collected

in separate beakers to measure the amount of clay deposited at different operational times.

Group C-(Cell # 7 to 12): Clay deposited on the membrane surface in each cell was

collected in a common beaker for the particle size analysis.

In the above mentioned experiment, the following procedure was followed.

Ultrafiltration experiments were conducted for 8 different operational times ranging from 5
min to 24 hours (5 min, 15 min, 30 min, 1 hr, 3 hrs, 6 hrs, 21 hrs and 24 hrs) to find out the
effect of operational time on the cake layer formation. Therefore, the same experiment was
performed 8 times for different operational times. In the above ultrafiltration experiments, a
20UD membrane was used with a feed solution of 0.87% of clay. The following steps were

performed in each of the ultrafiltration experiments.
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4.7.1. Experiment I: Operational time — 5§ min

I. After mounting a membrane coupon (20UD) in each cell, the ultrafiltration system was

(9]

started and was allowed to run for 5 min.

The membrane from cell #1 (Group A) was taken out for freeze drying without washing.
Procedure of freeze-drying is explained in section 4.7.3.

Membranes from cell #2 to 6 (Group B) were taken out and washed with distilled water
to remove the clay deposited on the membrane surface for collection. Clay obtained from
each membrane surfaces was collected in separate beakers. Care was taken to collect the
clay only from the effective area of the membrane.

Membranes from cell # 7 to 12 (Group C) were taken out and washed with distilled water
to remove the clay deposited on the membrane surface. The clay obtained from all the
membranes surface was collected in a common beaker. The clay solution thus obtained
was continuously stirred by a magnetic stirrer to inhibit agglomeration of clay particles.

New membrane coupons were mounted in the cells.

4.7.2. Experiment II: Operational time - 15 min

After mounting new membrane coupons in the cells, the system was started and the pump

was turned off after 15 min of operation. Steps 2 to 5 as described in ‘Experiment I' (Section

4.7.1.) were repeated. Clay deposited on the surface of membranes in cell #2 to 6 was again

collected in separate beakers (not those were used in "Experiment I'). However clay from

membranes in cell # 7 to 12 was collected in the same beaker used in the ‘Experiment I’ for

collecting clay from membranes from cell #7 to 12.

The same steps as described in ‘Experiments [ & II’ (Section 4.7.1. & 4.7.2.) were repeated

for the different operational times.
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4.7.3. Freeze drying of membrane with cake layer

To preserve the structure of cake layer existing in the wet stage (while in the operation), the
membranes were immersed in liquid nitrogen immediately after they were taken out from cell
#1. The frozen membranes with cake layer were subsequently freeze-dried by sublimation at
a very low temperature (-30°C) and under vacuum (<l mm of Hg). Freeze drying of

membranes took several days.

4.7.4. Air drying of membrane with cake layer

The clay layer deposited on the membrane surface came off during freeze drying of the
membranes. Also almost all the membranes cracked, probably due to severe thermal shock
(liquid nitrogen temperature -196°C). The cake layer which came off from the membrane
surface was too fragile to be used for the study by SEM/AFM. Therefore, instead of freeze

drying, membranes were dried at room temperature (~22°C) after they were taken out from

the cell.

4.7.5. Measurement of the mass of the clay collected from the membrane surface
The amount of clay collected in each beaker (total 40 beakers: 5 in each experiment for a
total of 8 experiments) from the membranes in cell #2 to 6 for eight different operational

times was determined by weighing the solid residue after heating the sample (in beaker) at

105°C for 8 hours.

4.7.6. Particle size analysis of clay by Sedigraph 5100

Particle size analysis (PSA) of the clay deposited on the membrane surface as well as the clay
used in the feed solution for ultrafiltration experiments was performed by Sedigraph 5100
(Micrometritics Instrument Corporation, Norcross, USA) available at the Department of

Chemistry, University of Ottawa. The Sedigraph 5100 uses the principle of sedimentation
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(details are given in Appendix D) in order to determine the diameter of particles in a

suspension.

A magnetic stirrer continuously stirred the clay solution obtained in a beaker by washing the
membranes that were taken from cell # 7 to 12 after ultrafiltration. Water from the clay
solution was evaporated at about 40°C to make the concentration sufficiently high for the
particle size analysis by the Sedigraph 5100. It took several days to achieve the desired

concentration of about 4%.

For the particle size analysis of clay in the feed solution of the ultrafiltration experiment.
about 1.5 g of the clay was added to 40 mL of 0.05% sodium metaphosphate solution. The

clay solution was sonified to disperse all the clay particles. One drop of Photoflow (Kodak)

was added to prevent bubble formation.

The clay solution was poured into the sample mixing chamber of the Sedigraph. Bubble
detection was set to low and pump speed was set to high. X-ray intensity was kept at normal.
A 0.05% sodium metaphosphate solution was used as both the background liquid and as
dispersant. The solvent parameters for pure water were employed for the software data
treatment. A clay (kaolin) density of 2.66 g/cm® was used, as measured and reported by
Tunney (1995). The particle size analysis was performed at temperatures ranging from 30 to

40°C. The measurement was repeated three times for each sample.
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PART 11

Results and Discussion
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Definitions

The definitions of the terms that are used in Part I[ are as follows.

Virgin (or fresh or unused) membrane:

Membrane not used for the ultrafiltration experiment with the feed solution containing clay

and/or SBR.

Fouled membrane:

Membrane used for the ultrafiltration experiment with the feed solution containing clay

and/or SBR and then cleaned with water.

Used membrane:
Membrane used for the ultrafiltration experiment with the feed solution containing clay

and/or SBR and was pot cleaned after use.

Cake layer:

Foulants layer deposited on the membrane surface during ultrafiltration experiment.

Final permeate flux:

Permeate flux after 24 hours of ultrafiltration experiment with the feed solution containing
clay and/or SBR.

Final sodium chloride separation:

Sodium chloride separation after 24 hours of ultrafiltration experiment with the feed solution

containing sodium chloride along with clay and/or SBR.
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CHAPTER 5§

Virgin Membrane Characterization

In this chapter. results on characterization of virgin membranes are presented while results
on fouled membrane characterization are discussed in Chapter 10. Four series of virgin
membranes (20 series, 15 series, 12 series and 10 series) were studied and each series had
three membranes (U, UD and S). In total, therefore. 12 different membranes were studied.
PEG/PEO separation data from which mean pore size and pore size distribution are
determined are averages of three data points from three different coupons taken from the

same sheet of the membrane.

5.1. Membrane characterization based on solute transport data

5.1.1. Mean pore size and pore size distribution

Pore sizes and their distribution of the membranes were calculated from the transport data
with PEG and PEO solutes of various molecular weights. PEG and PEO did not significantly
foul the membrane, as the permeate flux of the membrane when the solutes were present in
the feed was very close to the pure water permeation flux. A straight line was obtained with a
reasonably high correlation coefficient ( > 0.90) while plotting the percent separation of the
PEG/PEO solutes on the ordinate vs their diameters on the abscissa of a log-normal

probability paper as depicted in Figure 5.1. The values of the geometric mean pore size (,)
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and the geometric standard deviation (c,) around the mean were determined from Figure 5.1.
as described in Chapter 3 and these values are summarized in Table 5.1. Mean pore size was
the smallest for the 20 series membranes while it was the largest for the 10 series
membranes. There was not much difference between *U’ and *UD’ membranes in term of
their p, and o,. It should be noted that the pure water permeation flux (PWP) (Figure 7.1,
Chapter 7) and molecular weight cut-off (MWCO. molecular weight of the solute at which
90% separation can be achieved) (Table 3.1) of these membranes were also very similar. [t is
also interesting to note that the H, of the 20U membrane was the smailest among "U"
membranes: however, its 6, was the largest. Similarly, Hys of 20UD and 20S membranes
were smaller and their o,s were larger than other *UD" and 'S’ membranes. The geometric
standard deviations of 15U, 12U and 10U membranes were very close to each other.
although their mean pore sizes were different. The mean pore size for the 10U membrane
(MWCO - 98,000 Daltons) was found to be 11.12 nm. which is comparable to the mean pore
size of 15.4 nm of a sulfonated polysulfone membrane of the MWCO of 100.000 Daltons
calculated by Bessiéres et al. (1996) from solute transport data. In general. the mean pore
size was higher for the membrane having a higher MWCO (Table 5.1). 20U, 20UD and 128
membranes which showed a MWCO of about 20,000 Daltons had similar mean pore sizes of

3.24, 3.36 and 3.44 nm, respectively.

When a thin layer of SPPO was coated on the surface of *UD" membranes, the pore sizes
were reduced considerably. This effect is obvious when H,s for 208, 15S and 12S membranes
are compared to their corresponding ‘UD’ membranes from which the former membranes

were made. For 10S membrane, the pore size reduction was modest, from 10.38 nm to 7.10

nm.
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Table 5.1. Geometric mean pore size (u,) and geometric standard deviation (a,) for various
membranes calculated from solute separation data and from AFM images. MWCO values
obtained form solute transport data are also shown.

From Solute transport From AFM images
Membrane MWCO Mean pore Geometric Mean pore Geometric
kDa’ size g, (nm)  Std. Dev. G, size p, (nm)  Std. Dev. o,

20U 21 3.24 2.37
20UD 20 3.36 2.29
208 3.5 0.70 3.31
15U 84 8.43 1.74
15UD 75 7.18 1.84 254 .57
158 11 2.19 243
12U 94 9.91 1.68
12UD 91 9.14 1.74 324 1.46
128 20 3.44 2.32
10U 98 [1.12 1.76
10UD 94 10.38 1.78 37.6 143
10S 71 7.10 2.02 30.5 1.50
" kilodaltons

The cumulative pore size distributions for different membranes are shown in Figure 5.2 It is
evident from this figure that there was no significant change in pore size distributions of *U"
and “UD’ membranes. On the other hand, pore size distribution curves were shifted to the left
for all the SPPO coated membranes. For example, for 20U and 20UD membranes, only about
50% of the pores were less than 3.4 nm in diameter while for 20S membranes. as much as
90% of the pores were less than 3.4 nm in diameter. Probability density function curves were

also generated from Eq. (3.5) by using the values of mean pore size and geometrical standard
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deviation for all the membranes under study. As shown in Figure 5.3. the leftward shifts of
the probability density function curve for *S" membranes from *UD’ membranes are noted

for all the series.

Michaels (1980) found that c,s of different ultrafiltration membranes. both biological and
synthetic, were very close to each other (from 1.20 to 1.66). On this basis. it was said that
virtually all the membrane ultrafilters, irrespective of their origin, were quite similar in their
microstructure. However. membranes prepared in this study showed a wide range of o, (1.68

to 3.31). o, was found as high as 7.35 for a montmorillonite ceramic membrane (Ishiguro et

al.. 1996).

5.1.2. Pore density and surface porosity

Pore density and surface porosity were calculated from Egs. (3.8) and (3.9). respectively and
the results are summarized in Table 5.2. For U’ and 'UD’ membranes. the skin layer
thickness was taken as 0.2 um. which was well within the range of the skin layer thickness
mentioned by other researchers (Riley et al.. 1964: Michaels et al.. 1971: Strathmann et al..
1975: Kakuta et al.. 1980: Fane et al., 1981) for ultrafiltration membranes made of various
materials. The thickness of the SPPO layer coated on *UD' membranes was calculated from

the weight of SPPO coated on the membrane surface of known surface area and it was found

to be around 0.2 um.
Among *U’ membranes, 20U had the highest pore density of 257 pores/um-. For 10U

membrane, it was as low as 38 pores/um’. In general, pore densities of ‘UD’ membranes

were very similar to their corresponding ‘U’ membranes. However. pore densities of the *S’
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Table 5.2. Pore density and surface porosity of various membranes calculated from
the solute transport data and from the AFM images

From solute transport From AFM images
Membrane Pore density Surface Pore density Surface
pores/um®  porosity (%)  pores/um®  porosity (%)

20U 257 0.84
20UD 231 0.76
208 1291 0.60
15U 100 1.00
15UD 122 1.02 136 10.24
158 447 0.73
12U 74 0.97
12UD 84 1.01 103 11.27
128 170 0.61
10U 38 0.68
10UD 51 0.80 91 12.86
108 49 0.50 95 9.54

membranes. as calculated. were substantially higher than those of both ‘U’ and "ubD’
membranes. Based on the Eq. (3.8). the 20S membrane had as many as 1291 pores/um*
while 20UD had only 231 pores/um’. It is to be noted that °S" membranes were made by
coating a thin layer of SPPO on *UD" membranes. To explain the increase in the number of
pores in the modified membrane. it is theorized that there are several pores in the coated
layer of SPPO over a single pore in the skin layer of uncoated membrane as depicted in
Figure 5.4(a). The number of pores in the SPPO layer over a single pore of the skin layer of
the uncoated membrane depends upon the pore size on the SPPO layer relative to that on the
skin layer of the uncoated membrane. For example, for the series of 20 membranes, there are

approximately 6 pores on the SPPO layer over a single pore of the skin layer of the uncoated
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membrane. For 10S membrane, however, there was no increase in the number of pores as
compared to the 10UD membrane. The mean pore size of 10S membrane was 7.10 nm while
it was 10.38 nm for 10UD membrane. Based on the mean pore sizes of 10S and 10UD
membranes, no more than one pore can be placed in the SPPO layer over a single pore in the
skin layer of the uncoated membrane. From the reduction of the mean pore size of 10S
membrane. it can be speculated that the reduction in the size of the bigger pores took place
by the coating of a SPPO layer on the pore walls as shown in Figure 5.4(b). Another
explanation for the larger number of pores for SPPO-coated membrane could be based on the
Hagen-Poiseuille equation itself. The Hagen-Poiseuille equation does not take into account
any kind of interaction between the solvent (permeate) and the membrane. When coated with
a SPPO layer. the membrane surface becomes hydrophilic. which in turn enhances the water
permeation through the membrane. Therefore. the number of pores required should be less

than that calculated by the Hagen-Poiseuille equation for a given permeation rate.

Surface porosities of the membranes were between 0.5 to 1% (Table 5.2). It was slightly
lower for 'S’ membranes as compared to 'UD’ membranes. The surface porosity of a

XMI00A membrane (MWCO-100.000 Daltons) from Amicon was found to be 0.75% by

Fane et al. (1981).

5.2. Membrane characterization using atomic force microscope

5.2.1. Mean pore size and pore size distribution

Different pore shapes, including circular, elliptical and slits, were observed in the AFM
images of the membrane surface. Pore sizes, therefore, were calculated by taking the average

of the width and the length of the pore. AFM images of various unmodified and modified
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Figure 5.4. Simplistic representation of pore(s) in SPPO layer over a single pore in UD
membranes (not to the scale), (a) for smaller pores in UD membrane (like in 20UD). (b) for
bigger pores in UD membrane (like in 10UD membrane)
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Figure 5.5. Atomic force microscopic images of the top (skin) side of (a) 20UD membrane.
(b) I5UD membrane, (c) 12UD membrane, (d) 10UD membrane, (¢) 20S membrane, (f) 15S
membrane, (g) 12S membrane and (h) 10S membrane.
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membranes are shown in Figure 5.5. It should be noted that the Z-ranges of the AFM images
of *UD" and 'S’ membranes are 15 nm and 2 nm, respectively. The bright regions are the
highest points while the dark regions are the depressions. For analyzing surface pore
characteristics. the AFM image analysis program was used. Pore sizes were measured by
visually inspecting line profiles of different pores which were observed on AFM images
taken for different areas of the same membrane. Pore sizes of 50 pores measured from the
AFM images were plotted against the median ranks, as discussed in Chapter 3. on a log-
normal probability paper (Figure 5.6), which yielded a straight line with a very high
correlation coefficient (r’ > 0.97 for all the membranes). This confirmed that pore sizes had a
log-normal distribution. Values of the mean pore size and the geometric standard deviation
were calculated from the data plotted on Figure 5.6 and the results are presented in Table 5.1.
The 10UD membrane with a MWCO of 94,000 Daltons showed a mean pore size of 37.6
nm. Dietz et al. (1992a) found a mean pore size of 25.2 nm in a DUS-1020 membrane made

of polyethersulfone having a MWCO of 100,000 Daltons.

Mean pore sizes measured by the AFM technique were about 3.5 times larger than those
calculated from the solute transport data (Table 5.1). Bessiéres et al. (1996) also observed
that AFM gave 2 to 4 times bigger diameters than those obtained from the solute (PEG)
transport. According to Bessiéres et al. (1996), pore sizes obtained from a solute separation
correspond to a minimal size of the pore constriction experienced by the solute while passing
through the pore. On the other hand, pore sizes measured by AFM correspond to the pore
entrances which are of funnel shape and have maximum opening at the entrance. The
cumulative pore size distribution curve and probability density function curves were also

generated and are shown in Figures 5.7 and 5.8, respectively.
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Pore sizes obtained by AFM for 20UD, 20S, 15S and 12S membranes were too large to be
assigned actual pore sizes. Pores were indistinct and an amalgamation of a few small pores
could easily be misinterpreted as one big pore, resulting in an overestimation of the pore
sizes. It was also difficult to distinguish between the pores and the depressions in the
membrane surface. Fritzsche et al. (1992a) and Kim et al. (1990) also pointed out that it was
not possible to measure the pore sizes of membranes having a MWCO less than 30.000 ~
40.000 Daltons. However recently, Bowen et al. (1996b) were able to measure the pore sizes
of a polyethersulfone ultrafiltration membrane (ES625) having a MWCO of 25.000 Daltons
by AFM. The latter membrane had very low surface roughness which made the pore size
measurement possible. It is to be noted that the surface smoothness is known to be an
important requirement in obtaining high resolution images from the atomic tforce
microscope. The mean pore size of the above membrane was measured to be 5.1 nm (by
AFM) which is very comparable to the mean pore sizes of 20U. 20UD and 12S (~3.4 nm
obtained from the solute separation data) membranes each with MWCO of about 20.000

Daltons.

5.2.2. Pore density and surface porosity

Pores were counted visually from several AFM images covering an area of 200 nm x 200
nm. Surface porosity was calculated by using Eq. (3.9). Both pore density and surface
porosity data are shown in Table 5.2. For lOUD membrane, pore density and surface porosity
were 91 pores/um’ and 12.86% respectively. These results are in fairly good agreement with
the results of Bessiéres et. al. (1996) (pore density: 70 pores/um?. surface porosity: 11.8% of
[RIS sulfonated polysulfone membrane with a MWCO of 100,000 Daltons) measured by

AFM.
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Surface porosity, calculated from the pore size distribution obtained from the AFM images.
was very high compared to the one calculated from the solute transport data. This was
mainly because of the bigger pore size obtained from AFM images. as surface porosity is
proportional to the square of the pore diameter. However, pore densities measured from
AFM images were quite comparable to those calculated form Eq. (3.8) for 15UD and 12UD

membranes (Table 5.2).

5.2.3. Surface roughness

Different roughness parameters (R, R, and R,) were measured by AFM. Several AFM
images (500 nm x 500 nm) of different parts of the same membrane were analyzed and mean
values of each roughness parameter are reported in Table 5.3. Generally. the roughness
parameter of *UD’ membranes became higher when the MWCO became higher. For
example. the 10UD membrane had maximum values of R,. R,. and R, among all the
uncoated membranes. Membranes of higher MWCO were cast from the solution having
lower polymer concentration and therefore will have less tightly packed nodule aggregates in
the skin layer, which in turn would contribute to a higher degree of roughness on its surface.
The same trend between roughness and MWCO was also observed by other researchers

(Fritzsche et al., 1992a; Bessiéres et al., 1996).

On coating of a thin layer of SPPO on ‘UD’ membrane surface. the roughness of the
membrane surface was reduced. Reduction in surface roughness could be understood on the
basis of the filling of the valleys by dilute SPPO solution during the coating of the membrane
surface. There was not much difference in the roughness of the various SPPO coated

membranes.
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Table 5.3. Various roughness parameters measured from the AFM
images of 500 nm x 500 nm for different membranes.

Roughness parameters

Membrane R, (nm) R, (nm) R, (nm)
20UD 0.68" +0.12 0.86 £0.15 507 +1.32
208 0.18+0.04 0.23 £0.05 1.09 £0.16
ISUD 0.61 £0.07 0.78 £ 0.08 4.03+0.61
15S 0.14 £0.07 0.22 £0.04 1.06 £0.12
12UD 1.02£0.12 1.31 £0.17 6.64 £0.61
128 0.06 £ 0.01 0.09 £0.02 0.72+£0.10
10UD 202£0.12 240046 14.02 £ 2.77
10S 0.07 £ 0.01 0.09 £ 0.01 0.59£0.07

‘ mean value °* standard deviation

5.3. Cross-sectional structure of ‘UD’ membranes

Cross-sectional images of 20UD. I5UD. 12UD and [0UD membranes were taken by
scanning electron microscope (SEM) and are shown in Figure 5.9(a-d). The 20UD
membrane (Figure 5.9a) has a thick dense portion between the skin layer and finger-like
structure. The other three membranes do not have such a thick dense layer. However, all the

membranes have finger-like structures.
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5.4. Conclusions

Membranes were characterized by solute transport and AFM. Comparison of the results
obtained from these two techniques were made. It was found that the log-normal distribution
was very appropriate for describing the pore size distribution both from solute transport and
from AFM. There was no significant difference between U’ (never dried) and "UD" (after
glycerol treatment) membranes in terms of their mean pore sizes, geometric slandard
deviations, pore densities and surface porosities. However, when a thin layer of SPPO was
coated on the surface of the *UD" membranes. the mean pore sizes were reduced. pore
densities were substantially increased and values representing surface roughness were
reduced. For all the membranes, mean pore sizes ranged from 0.70 to 11.12 nm. geometric
standard deviation ranged from 1.68 to 3.31. pore density ranged from 38 to 1291 pores/um-.
and surface porosity ranged from 0.50 to 1.02% as calculated from solute transport data. Pore
density was the highest for the 20 series membranes and was the least for the 10 series
membranes. Mean pore sizes measured by AFM were about 3.5 times larger than those
calculated on the basis of data from solute transport experiment. The 20UD membrane had a

thicker dense layer on the top compared to other *UD’ membranes. However. all the

membranes had finger-like structure.
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CHAPTER 6

Performance of Unmodified Membranes (U)

The membrane performance was evaluated in terms of pure water permeation, permeate flux,
flux reduction, clay and SBR separation and membrane fouling. All the permeate flux and
separation data are the average of three data points from three different coupons taken from
the same membrane. Pure water permeation flux data are the average of at least 10 data
points. Ultrafiltration experiments were conducted with constant and also with varying feed

concentration with time.

6.1. Pure water permeation flux (PWP)

Pure water permeation refers to the water flux through the membrane when the feed is
distilled water. As expected, the PWP was higher for the membrane made from a casting
solution having lower polymer (PES) concentration. For example, the PWP was the highest
for a 10U membrane (1025 L/m*h) while it was the lowest for 2 20U membrane (531 L/m*h).
[t is to be noted that the mean pore size of the 10U membrane was the largest while that of
the 20U membrane was the smallest. The molecular weight cut-off (MWCO) and geometric
mean pore size (u,) were determined from the separation data of polyethylene glycol and
polyethylene oxide solutes of known molecular sizes and are given in Table 5.1. The MWCO
of the membranes ranged from 21 kDa (20U) to 98 kDa (10U) and their and p,s values

ranged from 3.24 nm (20U) to 11.12 nm (10U). The PWP data for all four membranes (10U,
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12U, 15U and 20U) are shown in Figure 6.1. A linear relationship between the PES
concentration in the casting solution and the PWP of the membrane was found, with a very
high correlation coefficient (Figure 6.2). The following regression equation was established

y =1539.13 - 50.02x (= 0.997) (6.1
where y is the PWP in L/m"h and x is the PES concentration (%wt) in the casting solution.
However, it should be noted that Eq. (6.1) is specific to our study and should not be
considered as a general equation for predicting pure water permeation of 2 membrane made
from a casting solution of a known PES concentration. It should also be noted that the casting

solution used for making membranes in this study also contained polyvinylpyrrolidone.

6.2. Permeate flux and flux reduction
Different membranes had different pure water permeation fluxes. Therefore. to normalize the
data, the flux reduction was calculated from the permeate flux and the pure water permeation

flux by using the following equation

J
Fr, =(1—JLJXIOO (6.2)

w
where Froand J o, are the flux reduction and the permeate flux respectively at time t after the

start of the ultrafiltration experiment, and J,, is the pure water permeation flux measured

immediately before the ultrafiltration experiment.
6.2.1. Performance of the membranes with constant feed concentration

Feed solutions with different concentrations (0.1, 1, 10, 20 and 30 wt%) of clay and SBR

(clay : SBR = 100 : 15) were used to test the performance of the membranes. Constant feed
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concentration was maintained by recycling both the permeate and retentate to the feed
reservoir. Permeate fluxes for the membranes over a period of 24 hours are shown in Figure
6.3(a-e) for different feed concentrations. The reduction of the permeate flux is obvious when
compared with the pure water permeation flux given in Figure 6.1. Although pure water
permeations were quite different, the final fluxes after 24 hours of operation were similar for
all the membranes studied at a given feed concentration. For all the membranes. final
permeate fluxes ranged from 168 to 224 L/m’h and from 18 to 30 L/m*h for 0.1 and 30%
feed concentration, respectively. With respect to the 20U membrane, the final permeate flux
at the end of 24 hours of operation was 206 L/m*h for 0.1% feed concentration and was only
18 L/m’h for 30% feed concentration, It is important to mention that no attempt was made to

clean the membranes during the experiments.

Flux reductions for 20U and 12U membranes at different feed concentrations are given in
Figure 6.4(a & b) as a function of operating time. It can be seen from Figure 6.4 that the flux
reduction was the highest for the highest feed concentration (30%) while it was the lowest for
the lowest feed concentration (0.1%) for every membrane. For the feed concentrations of
10%, 20% and 30%, the initial flux reduction in the first 15 minutes (the data corresponding
to the shortest operating time shown in Figure 6.4) was 90-95% and there was little change in
flux reduction thereafter. Comparing the flux reduction of different membranes, the flux
reduction became more as the membrane pore size increased. For example, with the feed
solution of 0.1% of clay and SBR, flux reductions after 24 hours of operation were 58%,
73%, 79% and 84% for 20U, 15U, 12U and 10U membranes, respectively. Therefore, it can
be concluded that the membranes become more susceptible to fouling as the pore size of the
membrane increases. The fouling is probably due to the blocking of the pores and cake layer

formation on the membrane surface.
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The experiments mentioned above were conducted with the feed solution having both clay
and SBR. Experiments were also conducted with the feed solutions containing either clay or
SBR. Figure 6.5 shows the permeate fluxes for different membranes when the feed solution
contained 0.87% of clay. The latter clay concentration is equivalent to the concentration of
clay in 1% (clay + SBR) solution. Permeate fluxes were higher for the feed solution with
0.87% of clay (Figure 6.5) than that with 1% of clay and SBR (Figure 6.3b). For instance,
after 24 hours of operation, permeate fluxes ranged from 168 to 188 L/m*h for the feed
solution with 0.87% of clay and from 119 to 147 L/m>h for the feed solution with 1% of clay
and SBR. Permeate fluxes for the feed solution with 0.13% of SBR were between 214 to 273

L/m’h as shown in Figure 6.6.

Figure 6.7 compares the fluxes of the 15U membrane for different feed solutions (1% of clay
and SBR, 0.87% of clay, and 0.13% of SBR). There are two things that are evident from this
figure. First, the flux decline in first 15 min was more for 0.87% of clay solution than that for
0.13% of SBR solution. Second, a further flux decline (slope of the curve) was more for
0.13% of SBR solution. [t indicates that the clay contributed more to initial flux decline while
the SBR contributed more to the continuous flux decline. The same phenomenon was also

observed with other membranes (20U. 15U and 10U).

Experiment with 0.87% of clay solution was continued for an extended period of time (~26
days) in order to determine the long term effect on permeate flux. As can be seen from Figure
6.8, there was a sharp flux decline during the first day for all the membranes. Then. the flux
decline was gradually reduced. Once the cake layer thickness reaches its maximum under
experimental hydrodynamic conditions, a further flux decline could be attributed to the
continuous compaction of the cake layer and to the increase in the specific cake layer

resistance. The final permeate flux after 26 days was around 50 L/m>h.
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6.2.2. Performance of the membranes with increasing feed concentration

Feed solution containing 1% of clay and SBR was concentrated by collecting permeate in a
separate tank until the feed concentration became 30%. The experiment was started with 110
L of feed solution and continued until about 4 L of feed solution was left. The permeate
fluxes versus operating time are presented in Figure 6.9. The flux decline was very steep in
the beginning and leveled off later. Final permeate fluxes after about 120 hours of operation
were very low (~10-12 L/m*h) and similar for all the four membranes. A similar experiment
was also performed with a starting feed solution containing 1% clay (without SBR). The
changes in the permeate fluxes with time during this experiment are shown in F igure 6.10. In
the latter experiment, it took only 60 hours to reach about 30% concentration from the initial
1%, while in the experiment with clay and SBR it took 120 hours. Final permeate fluxes were
10-12 L/m*h (Figure 6.9) when SBR was present in the feed while they were 44-55 L/m*h
(Figure 6.10) in the absence of SBR. This can be understood by considering SBR as a
binding material which enhances the clay deposition on the membrane surface. The presence
of SBR also makes the clay layer more dense and thus increases the resistance to the flow of

the permeate.

6.3. Fouling

Initial flux reduction was very steep for all the membranes studied. Flux reduction could be
attributed to the following two effects.

1. Partial or complete pore blocking

2. Cake layer formation over the membrane

As soon as an experiment was started, pore blocking and cake layer formation over the
membrane occurred. It was speculated that pore blocking took place in the initjal stage of the

experiment, followed by a clay layer formation. It was observed that the final fluxes for all
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the four membranes used were similar for a given feed concentration. This indicated that the
total resistances (combined resistances of the blocked pore, the cake layer and the membrane)
were similar for all the membranes used. As resistance due to the polymeric membrane was
higher for less porous membranes such as 20U, the fouling resistance (resistance due to
blocked pores and cake layer) was lower for this membrane (20U) compared to the more
porous membranes such as 10U and 12U. Fouling resistance was also very high compared to
that of the membrane and hence controlled the permeate flux. Nuortila-Jokinen et al. (1993a)
also found that the permeate flux after some time of operation was almost independent of
membrane types (molecular weight cut-off point and pore size). They attributed the flux

reduction to the adsorption of the foulants on the membrane surface and to the plugging of

membrane pores.

Scanning electron micrographs in Figure 6.1 1(a-d) show the cross-sectional image of the 20U
membrane used in various experiments with constant feed concentrations. The micrographs
clearly reveal a distinct layer of foulants on the membrane surface. The thickness and density

of the foulants layer seem to increase with the feed (clay + SBR) concentration.

6.4. Clay and SBR separation

Separation for clay particles was nearly equal to 100%, as no traces of clay particles were
found in the permeate. The SBR concentration in the permeate was dependent on the feed
concentration, although its separation was very high (more than 98%, Table 6.1) for all the
membranes studied and for all the feed solutions tested. These results are in agreement with
that of Woerner and Short (1991). High separation could be expected because of the large

particle sizes of both clay and SBR compared to the size of the pores of the membranes used

in this study.
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Table 6.1. SBR separation for various feed concentrations including both clay and SBR

Feed' - 0.1% Feed - 1% Feed - 10% Feed - 20% Feed - 30%
Memb ¢ =1054ppm c¢= 1054 ppm  c¢= 10540 ppm  ¢;=21080 ppm c;=31620 ppm

(ppm) (%) (ppm) (%) (ppm) (%) (ppm) (%) (ppm) (%)

20U 2.1 98.0 43 996 194 99.8 403 99.8 1235 999
15U 2.0 98.1 43 996 523 995 598 99.7 1349 996
12U 1.6 98.4 49 995 289 99.7 756 996 192.7 994
10U 1.9 98.2 5.1 995 602 994 758 996 160.8 995

' Feed concentration includes both clay and SBR (ratio 100/15).
?Crand C; are TOCs representing SBR concentration in the feed and permeate respectively.

6.5. Conclusions

Ultrafiltration is a very promising method to treat white water and coating plant effluent in
order to recover valuable chemicals and to reuse the water. Water recovered from
ultrafiltration was clean as recovery of chemicals (clay and SBR) was nearly 100%. The
major drawback of the process for these applications was the flux decline over time due to
fouling. A very sharp flux reduction was observed immediately after the start of the
experiment for all the membranes studied. Flux reduction was attributed to the additional
resistance due to fouling (because of the pore blocking and the cake layer formation on the
membrane surface). The thickness and density of the cake layer on the membrane surface
seemed to increase with the feed concentration. The flux was considerably higher when SBR
was not present in the feed solution. The final permeate flux was dependent on the feed
concentration but was almost independent of the characteristics of the membrane used in this

study. The flux reduction was higher for the membranes having bigger pores.

92



CHAPTER 7

Comparison of the Performance of
Unmodified (U), Glycerol Treated (UD)
and SPPO Coated (S) Membranes

[n this chapter a comparison is made in the performance of unmodified wet (U), glycerol
treated dried (UD) and suifonated (SPPO-coated) modified (S) membranes. Comparison in
terms of membrane characteristic parameters is presented in Chapter 5. Pure water
permeation data for *U’, ‘UD’ and ‘S’ membranes are the averages of at least 10 data points.
All the permeate fluxes and separation data are the averages of three data points from three

different coupons taken form the same membrane.

7.1. Comparison of pure water permeation flux

Pure water permeation flux (PWP) data for all the membranes studied are shown in Figure
7.1. It is evident from this figure that the PWP was substantially reduced when the membrane
was coated with SPPO. The PWP reduction after SPPO coating was more pronounced with
the membranes having smaller pore sizes such as 20UD and 15UD. The MWCO and mean
pore sizes of the SPPO-coated membranes were significantly smaller compared to those of
the unmodified membranes (Table 5.1). Therefore, the reduction in the PWP was mainly due

to reduction in the pore sizes.
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Unlike SPPO coated membranes, there was no reduction in the PWP of unmodified dried
membranes (UD) compared to unmodified wet membranes (U) (Figure 7.1). It was even
slightly higher. Usually membranes show lower PWP when dried as pores collapse during the
drying process. However, when membranes were treated with glycerol solution, the water in
the pore was replaced by glycerol which stayed in the pores even after air drying of the
membranes, because of its high boiling point. Glycerol in the pores did not let the pores
collapse since it worked as a pore filler. The MWCO and mean pore sizes of 'UD’

membranes were very similar to their respective ‘U’ membranes (Table 5.1).

7.2. Comparison of the permeate flux and flux reduction
Three different feed concentrations (1 and 0.1% of clay + SBR, and 0.87% of clay only) were

used to study the performance of the modified and unmodified membranes.

7.2.1. With 1% feed solution of clay and SBR

The permeate flux and flux reduction with 1% feed solution of clay and SBR are shown in
Figures 7.2(a-d). The flux reduction was calculated using Eq. (6.2) as discussed in Chapter 6.
Although the PWP of the SPPO coated membranes was quite low compared to the
unmodified membranes, permeate fluxes were only slightly lower. In some cases, for
example, 15S and 12S, permeate fluxes were even higher than those of their respective
unmodified membranes. Flux reduction was the lowest for SPPO coated membranes
compared to unmodified membranes for all the four series. For instance, the flux reduction
after 24 hours of operation was 44% and 80% for 20S and 20UD membrane, respectively.
With SPPO coated membranes, clay particles were rejected because of the repulsion force
between the negatively charged membrane surface (sulfonate substituent) and the clay

particles which were also negatively charged. Rejection of clay particles reduced the fouling
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on the membrane surface, resulting in higher permeate fluxes. Permeate fluxes after 24 hours

of operation were in the range of 90 L/m*h (for 20S) to 150 L/m*h (for 15S).

7.2.2. With 0.1% feed solution of clay and SBR

Because of the high flux reduction immediately after the start of the experiment with 1% feed
solution, it was speculated that there was instant pore blocking and cake formation on the
membrane surface for all the membranes used, including SPPO coated membranes. Once a
cake layer is formed on the membrane surface, the repulsion force between the SPPO layer
and clay particles is not very effective as it is hindered by the cake layer. In order to reduce
the cake formation on the membrane surface, experiments were conducted with a lower feed

concentration, e.g. 0.1% of clay and SBR.

The Permeate flux and flux reduction with time with 0.1% feed solution of clay and SBR are
shown in Figure 7.3 (a-d). Permeate fluxes were substantially higher with 0.1% feed
concentration compared to those with 1% feed concentration for most of the membranes. For
SPPO coated membranes, the flux reductions in the first 15 minutes with 0.1% feed
concentration were only 2 to 9% compared to 21 to 67% for 1% feed concentration. It is
believed that, at 0.1% feed concentration, the cake formation was not very prominent and
clay particles were rejected more effectively because of the repulsion between the SPPO
coated membrane surface and clay particles. However, it should be noted that the lower flux
reduction is ascribed not only to the stronger repulsive force, but also to the lower
concentration of the feed solution. For example, with respect to 20UD membranes, the flux
reduction in the first 15 minutes was 38% for 0.1% feed concentration compared to 57% for

1% feed concentration. With respect to the 20S membrane, the flux reduction in first the 15
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minutes was only 2% for 0.1% feed concentration compared to 21% for 1% feed
concentration. It is very evident from Figure 7.3 that the flux reductions were lower when the
membranes were coated with SPPO. Permeate fluxes after 24 hours of operation were around

150 L/m>h for most of the *S’ membranes.

7.2.3. With 0.87% feed solution of clay

SBR is a neutral polymer and it is speculated that it forms a thin layer on the surface of the
clay particles when present in the clay solution. In a separate electrophoresis experiment, it
was found that the mobility of the clay particles towards the cathode was reduced when SBR
was added to the clay solution. The thin layer of SBR on clay particles would reduce the
charge density on the particles which, in turn, would result in the reduction of the repulsion

force between the sulfonated membrane surface and the clay particles.

Experiments were conducted with the feed solution which included clay particles only. The
amount of clay in the feed solution was kept at 0.87% which was equivalent to the amount of
clay present in the 1% feed solution involving both clay and SBR. Results of these
experiments are presented in Figures 7.4(a-d). Flux reduction was the lowest with SPPO
coated membranes. However, it is not clear that the lower flux reduction was because of
higher repulsive force between the sulfonated membrane surface and the clay particles, or
because of the lesser degree of fouling in the absence of SBR. It is to be noted that an
increase in the permeate flux was also observed with the unmodified membranes when SBR
was not present in the feed solutions. For example, for 20UD membrane, permeate flux was
109 L/m*h for the feed solution of 1% clay and SBR. Permeate flux was increased to 140
L/m’h when the feed solution contained only 0.87% of clay. As unmodified membranes did
not have any charges, the only possible reason for the higher flux was the decrease in fouling

in the absence of SBR.
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In the case of sulfonated membranes, the higher flux could be due to 1) more repulsion
between clay particles (having no SBR layer on them) and the negatively charged sulfonated

membrane surface; and 2) less fouling in the absence of SBR.

From Figures 7.2, 7.3 and 7.4, it can be concluded that the flux reduction for unmodified
dried membranes (UD) was slightly higher than that for unmodified wet membranes (U,
although differences were not significant. Therefore, it can be stated that the performance of
the glycerol treated dried membrane (UD) was similar to that of the unmodified wet

membrane (U).

Figure 7.5 shows the comparison of the permeate fluxes of 20UD and 12S membranes for
different feed concentrations. It should be noted that 20UD and 12S membranes are alike in
terms of their MWCO (20,000 Daltons each), mean pore sizes (3.36 nm and 3.44 nm,
respectively) and geometrical standard deviations (2.29 and 2.32, respectively) (Table 5.1).
The only difference is that 12S membrane is negatively charged as it is coated with a thin
layer of SPPO polymer. Permeate fluxes for the 12S membrane were higher compared to the
20UD membrane for all the three feed solutions. This indicates that charged SPPO coated
membranes have higher fluxes compared to the uncharged ultrafiltration membrane of similar
mean pore size and pore size distribution. Figure 7.6 shows the flux reductions for 20 series
membranes for all three feed solutions. Flux reductions with SPPO coated membranes for all
the feed solutions were always lower compared to the unmodified membrane. The flux
reduction of the 20S membrane with a 1% feed solution was lower than the flux reduction of

20U membrane with even a 0.1% feed solution.
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7.3. Fouling

7.3.1. Fouling resistance

The fouling restricts the permeate flow through the membrane. A very sharp flux reduction
was observed in the beginning of the experiment for all the membranes used, including SPPO
coated membranes. A dynamic membrane was formed over an original membrane by the
cake layer formation. The cake layer exhibited very high resistance to the permeate flow.
Resistance to the permeate flow can be divided into the following two components.

1. Resistance contributed by the polymeric membrane (R,,), and

2. Resistance contributed by fouling (Ry)

It is to be noted that a simplistic approach, different from the one discussed in Chapter 3. is
adopted to calculate the values of R; and Ry, Since the membranes were not cleaned after
use, it was not possible to calculate the resistance due to pore blocking. Instead., the total
resistance due to fouling (R¢) was calculated. The following was the approach used to

calculate the value of R, and R;.

Ap
J. = 7.1
" 1R, o
Ap
J, =— (7.2)
P2 '](Rm + Rf)
On rearranging Egs. (7.1) and (7.2), we obtain
A
Rm = p (7.3)
.
A
l{f =_p L__l_ (7.4)
n JPu J“'

where Ap, 1, Ju, and J »,, are the operating pressure, water viscosity, pure water permeation

flux and product flux after 24 hours of operation, respectively. The values of the resistances
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contributed by the membrane (R;) and by fouling (R¢) after 24 hours of operation were
calculated from Egs. (7.3) and (7.4) for different membranes with various feed solutions, and
the results are tabulated in Table 7.1. The table shows that the resistance due to fouling (Ry) is
lower for most of the SPPO coated membranes compared to the unmodified membranes. This
leads to a conclusion that fouling was reduced when the membrane was coated with SPPO. It
is also evident from this table that R, for all the membranes was lower with the feed
concentration of 0.1% compared to that with the feed concentration of 1%. For example, Ry
values of the 20U, 20UD and 20S membranes were 3.87x10"> m”, 7.01x10"> m" and
2.00x10"* m™, respectively, corresponding to the feed concentration of 0.1%. while they were
9.27x10'* m", 10.00x10"> m" and 6.55x10" m" respectively at a feed concentration of [%.

It confirms that the fouling was higher for the higher feed concentration.

Comparing the resistances contributed by the membrane (Rn) and by fouling (R,), Ry is
substantially higher for most of the membranes except 20S and 15S and hence is the
controlling factor to the permeate flow. This is also confirmed by the permeate flux data as
they were very similar for different membranes at a given feed concentration. Nuortila-

Jokinen et al. (1995a) also found that the permeate flux was independent of membrane types

(MWCO and pore size).

7.3.2. Cross-sectional images of used membranes
SEM pictures of the used membranes (Figure 7.7) show that a substantial amount of cake
layer was deposited even onto the SPPO coated membranes when the feed solution contained

1% of clay and SBR. However, no cake layer was observed on the 20S membrane when the

feed solution contained 0.1% of clay and SBR.
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Table 7.1. Resistances to the permeate flow of unmodified and modified membranes
for various feed concentrations

Feed -1% of clay+SBR ~ Feed -0.1% of clay+SBR  Feed -0.87% of clay

Membrane Resistance (m™) Resistance (m™) Resistance (m™)
Rax10™  Rex 10" Rypx10™  Rex 102 Ryx 10" Rox 10
20U 235 9.27 2.85 3.87 2.45 4.94
20UD 2.74 10.00 2.45 7.01 2.31 7.60
208 8.46 6.55 10.50 2.00 7.29 2.37
15U 1.78 6.32 1.64 4.55 1.84 5.70
15UD 1.64 10.06 1.50 7.20 1.93 8.23
158 3.62 5.61 4.93 4.44 4.18 5.65
12U 1.54 10.10 1.55 5.86 1.31 6.91
12UD 1.44 11.50 1.35 7.74 1.34 7.44
128 1.87 9.90 2.90 5.33 2.52 6.67
10U 1.29 8.16 1.37 6.89 1.35 6.94
10UD 1.27 12.40 1.26 7.67 1.33 9.00
10S 1.92 10.20 2.74 5.82 2.07 8.64

7.4. Clay and SBR separation
No traces of clay were found in the permeate for all the membranes studied. Separation of

SBR was more than 94% in all the experiments as given in Table 7.2. Separation of SBR was

almost independent of the membrane used. These results are in good agreement with those of

Woerner and Short (1991).
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Table 7.2. SBR Content (in terms of Total Organic Carbon, TOC) in the feed and in the
permeate for the feed solutions of 1% and 0.1% of Clay and SBR

Feed Solution — 1% Feed Solution - 0.1%
Membrane Feed Permeate Separation Feed Permeate  Separation
Types TOC TOC f (%) TOC TOC f (%)
(ppm)  (ppm) (ppm) (ppm)

20U 1054 4.30 99.6 105.4 2.13 98.0
20UD 1054 4.36 99.6 105.4 2.32 97.8
208 1054 4.25 99.6 105.4 5.10 95.2
15U 1054 4.33 99.6 105.4 2.02 98.1
1SsUD 1054 3.72 99.7 105.4 2.53 97.6
1sS 1054 3.92 99.6 105.4 6.19 94.1
12U 1054 491 99.5 105.4 1.64 98.4
12UD 1054 4.50 99.6 105.4 3.84 96.4
128 1054 497 99.5 105.4 6.08 94.2
10U 1054 5.13 99.5 105.4 1.88 98.2
10UD 1054 4.42 99.6 105.4 2.65 97.5
108 1054 5.11 99.5 105.4 4,94 95.3

7.5. Conclusions

Pure water permeation of ultrafiltration membranes made of polyethersulfone was
substantially reduced when a thin layer of SPPO material was coated on their surface. A very
sharp flux reduction was observed immediately after the start of the experiment for most of
the membranes including SPPO coated membranes. However, the flux reduction was lower
for the SPPO coated membranes. The permeate flux became higher when SBR was not
present in the feed. No significant differences were found in the performance of never-dried

wet membranes and glycerol-treated dried membranes.
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Cake formation was quite substantial on the membrane surface, including the SPPO coated
membranes. The resistance to the permeate flow due to fouling was quite high compared to
that of the membrane. The resistance of the fouling was, however, lower for the SPPO coated
membranes compared to the unmodified membranes. No traces of clay were found in the

permeate water. The SBR separation was higher than 94%.
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CHAPTER 8

Fouling Study: I. Cake Formation

8.1. Fouling study

The following ultrafiltration experiments were conducted with "UD’ and *S’ membranes of
all four series. Experiments were performed at an operating pressure of 345 kPa.

I. Membrane ~ UD: Ultrafiltration experiment with a feed solution containing 1% of clay

and SBR (Clay/SBR = 100/15) and 200 ppm of sodium chloride

(S

Membrane — UD: Ultrafiltration experiment with a feed solution containing 0.87% of
clay and 200 ppm of sodium chloride
3. Membrane - S: Ultrafiltration experiment with a feed solution containing 0.87% of clay

and 200 ppm of sodium chloride

In each experiment, fresh membranes were used. Membranes which were freshly mounted
on the permeation cells are referred to as "virgin membranes’. After compacting at 552 kPa
for 5 hours, the pure water permeation rate was measured for each membrane. First, sodium
chloride separation was performed with each virgin membrane at the operating pressure of
345 kPa and a feed concentration of 200 ppm of NaCl. Then, a separation experiment was
performed with the feed solution containing either 0.87% of clay and 200 ppm of NaCl, or

1% of clay and SBR and 200 ppm of NaCl. The above experiment was performed for 24
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hours, and during this time the feed and the permeate were recycled to the feed tank. Feed
and permeate samples were collected from time to time and the sodium chloride
concentration was determined as per the procedure described in Chapter 4. Thus, the sodium
chloride separation could be obtained by Eq. (4.1) as a function of operating time. The
permeate flux was also measured as a function of time. The data of sodium chloride
separation and permeate flux after 24 hours of ultrafiltration experiment are called hereafter
as "final NaCl (or sodium chloride or salt) separation’ and ‘final permeate flux’, respectively.
The membranes were then flushed with tap water of 45°C for half an hour and then with
distilled water for another half an hour at 70 kPa and at a feed flow rate of 4000 mL/min.
Membranes after cleaning are referred to hereafter as *fouled membranes'. Sodium chloride
separation of the fouled membranes was also determined in the same way as for virgin

membranes. Pure water permeation of the fouled membranes was also measured.

8.1.1. Resistances to the permeate flow

As discussed in the theoretical section (Chapter 3), it was not possible to calculate the
absolute values of R, R,, R}, and R.. In order to make the calculation possible, the value of
R; should be assumed between R, and R,R,/(R,-R,), as per Eq. (3.39). Therefore R, was
chosen as the average of R, and R,R,/(R,-R,) and the values of R., R} and R were

obtained. The results are given in Table 8.1. The following inferences can be made from the

value of the resistances presented in Table 8.1.

111



Table 8.1. Values of the resistances due to membrane matrix (R_), due to pores (R,), due to
pores after partial plugging (R})) and due to cake layer (R.) after ultrafiltration experiment
for 24 hours

Membrane Feed R, R, R, (RI-R) R R/R,

code solution x10"?  x10™" < 1012 « 1012 x 10"

(m-l) (m-l) (m-l) (m-l) (m.l)
20UD 1* 4.76 6.55 17.87 11.32 17.90 1.38
20UD 2" 4.64 7.84 20.33 12.48 13.78 1.69
208 2 6.63 - - - 10.33
15UD | 4,53 2.68 9.90 7.21 15.78 0.59
15UD 2 3.63 2.96 9.55 6.59 14.20 0.81
158 2 5.94 24.13 54.19 30.06 10.66 4.07
12UD | 4.37 2.47 9.31 6.84 19.18 0.56
12UD 2 3.52 2.24 8.00 5.76 15.88 0.64
128 2 4.40 11.36 27.12 15.76 16.77 2.58
10UD | 4.01 1.93 7.86 5.93 17.00 048
10UD 2 2.90 1.91 6.73 4.82 14.95 0.66
108 2 5.25 4.94 15.14 10.19 13.11 0.94

I 1% of clay and SBR (clay/SBR = 100/15) + 200 ppm of NaCl
2" 0.87% of clay + 200 ppm of NaCl

I The cake layer resistance (R.) was higher when SBR was present in the feed solution for
all the membranes studied.

2. R, was lower for 'S’ membranes compared to ‘UD’ membranes. Therefore, it can be
stated that ‘S’ membranes did not have as much cake layer formation as ‘UD’
membranes had. It should be noted that the value of R_ was independent of the value of

R, (assumed).
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3. Both R, and R}, were higher for the membranes which had smaller pore sizes such as 20

series and 15 series membranes. This is understandable since smaller pores have higher
resistance to the flow of permeate. Pore resistance (R,) increased substantially upon
coating of a thin SPPO layer on ‘UD’ membranes. In other words, 'S’ membranes have
higher pore resistance than ‘UD’ membranes. For example, R, increased from 2.96x 10"
m™ to 24.13x 10" m"' for 15 series, from 2.24x10” m" to 11.36x 10> m" for 12 series
and from 1.91x 10 m™ t0 4.94x 10"* m" for 10 series membranes.

4. The ratio of R/R, was higher for 'S’ membranes compared to 'UD’ membranes,
indicating that on coating, the increase in R, was higher than the increase in R_. Also.

this ratio was higher for the membranes having smaller pore sizes.

Although R, and R, depended on the value chosen for R, between R, and R|R,/(R, - R)),

the above mentioned trends remained the same.

8.1.2. Sodium chloride separation versus operating time

8.1.2.1. ‘UD’ membranes

As expected, the sodium chloride separations of virgin ‘UD’ membranes were very low (2.3
to 5.5%) (Figure 8.1). However, when separation experiments were carried out with the feed
solution containing 0.87% of clay and 200 ppm of NaCl, NaCl separation increased steeply
within 5 min of operation. For example, NaCl separation went up to 26.8% for 20UD, 28.9%
for 15UD, 25.5% for 12UD and 26.2% for 10UD after 5 min (Figure 8.2). NaCl separation
was even higher when the feed solutions contained both clay and SBR. For instance, NaCl

separations were 42.6% for 20UD, 39.6% for 15UD, 34.7% for 12UD and 31.4% for 10UD
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8.1(b). 15 Series
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8.1(c). 12 Series
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8.1(d). 10 Series
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Figure 8.1. Pure water permeation (PWP) of virgin and fouled membranes, final permeate
flux (PF) after 24 hours of operation and NaCl separation of various membranes (a) 20
Series, (b) 15 Series, (c) 12 Series and (d) 10 Series

NaCl concentration in the feed — 200 ppm, (Error bars indicate 95% confidence interval)
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8.2(a). 20 Series
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Figure 8.2. NaCl separation and permeate flux versus operating time for different feed
solutions and membranes (a) 20 Series, (b) 15 Series, (c) 12 Series and (d) 10 Series. (First
data point corresponds to 5 min of operation for each membrane)
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after 5 min of operation (Figure 8.2). Higher NaCl separations were mainly due to the partial
pore plugging and the extra resistance exerted by the cake layer built on the membrane
surface. SBR, when present in the feed solution, not only enhanced the deposition of clay
particles on the membrane surface but also made the cake layer more compact. Moreover, in
the presence of SBR, the clay particles were coated with a layer of SBR on their surface and
tended to agglomerate as shown in the AFM micrograph (Figure 8.3a) of the membrane used
for treating clay and SBR solution. The size of each agglomerate is about 2.5 pm containing

20 to 30 individual clay particles. No such agglomeration was observed when the feed

solution contained clay only (Figure 8.3b).

The final NaCl separations were in the range of 46.1 to 50.9% when clay was present in the
feed solution and were in the range of 40.2 to 58.1 % when both clay and SBR were present
in the feed solution (Figure 8.1). It can also be noticed that the range of the final permeate
fluxes (63 to 83 L/m’h) is much smaller than that of the pure water permeation (476 to 1205

L/m’h) of *UD’ membranes (Figure 8.1). This is understandable as it was the fouling
resistance R. and R} that controlled the permeate flux. It is to be noted that the fouling

resistance after 24 hours of operation was substantially higher than the resistance of the

membrane itself.

Figure 8.1, shows that the PWPs of the fouled ‘UD’ membranes are lower than those of their
respective virgin membranes. This indicates that some irreversible fouling took place.
Probably foulants in the pore that were not removed during the membrane washing process

caused the irreversible fouling. NaCl separation of the fouled 20UD membrane which was
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10.0

Figure 8.3. AFM micrographs of the surface of 20UD membrane used for 24 hours for

treating (a) feed solution containing 1% of clay and SBR and (b) feed solution containing
0.87% of clay
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used to treat the feed solution with 0.87% of clay was 27.5% while that of the virgin 20UD
membrane was 5.5%. For other fouled membranes (15UD, 12UD and 10UD), the increase in
the NaCl separation was not significant. Some of the large pores in 20UD membrane may
have been blocked during ultrafiltration of the clay solution, thus reducing the effective pore
sizes of the membrane. As for other fouled membranes, large pores seemed to remain

unplugged.

Sodium chloride separations of all the fouled membranes which were used to treat a feed
solution with 1% of clay and SBR were appreciably higher than those of their respective
virgin membranes. For example, NaCl separation was increased from 2.7 to 43.6% for
20UD, 2.6 to 29.6% for 15UD, 2.6 to 19.6% for 12UD and 2.3 to 16.7% for 10UD
membranes (Figure 8.1). PWPs of the fouled membranes which were used to treat the feed
solution containing clay and SBR were lower than those of the fouled membranes which
were used to treat the feed solution containing clay only, except for the 20UD membrane. On
the other hand, NaCl separations of the former fouled membranes were higher than the latter
fouled membranes. Apparently, the irreversible fouling was enhanced by the presence of
SBR. It should be noted that the surface of the membranes was flushed with warm tap water
and with distilled water to wash the membranes. Figure 8.1 shows that PWP could be

partially recovered by flushing the membrane surface with water.

Sodium chloride separation and permeate flux as a function of operating time are shown in
Figure 8.2. It can be seen that the curves representing permeate flux and NaCl separation are
mirror images to each other. Permeate flux decreased and NaCl separation increased in the

beginning of the experiment and then leveled off.
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8.1.2.2. ‘S’ membranes

Sodium chloride separations were higher for virgin ‘S’ membranes (26.8 to 50.1%)
compared to virgin ‘UD’ membranes (2.3 to 5.5%). High NaCl separation for *S’ membranes
was partially due to the repulsive force between chloride ions and negatively charged
sulfonate substituents on the membrane surface. High NaCl rejection was also observed by
Chowdhury et al. (1994) when a polysulfone ultrafiltration membrane was coated with a thin
layer of SPPO polymer with an IEC value of 2.0 meq/g of dry powder. The average pore
sizes were also smaller (0.7 nm for 20S to 7.10 nm for 10S) in °S’ membranes than in “UD’

membranes (3.36 nm for 20UD to 10.38 nm for 10UD) (Table 5.1).

There was no significant increase in the NaCl separation in the first 5 min for 20S and 15S
membranes while treating a feed solution containing 0.87% of clay and 200 ppm of NaCl.
For instance, for 20S and 15S membranes, NaCl separations were 51.0 and 48.2% after 5
min of operation while they were 50.1 and 45.8% for their virgin membranes. respectively.
The increase in NaCl separation was modest for 12S (from 32.1 to 37.1%) and 10S (from
26.8 to 37.0%) membranes. It should be recalled that there was a steep increase in NaCl
separation for *UD’ membranes when they were used to treat the same feed solution. The

following could be possible reasons for the different behavior of *S’ membranes.

Due to the repulsive force between clay particles and the negatively charged ‘S’ membrane,
there was less cake layer build-up on the membrane surface. It was confirmed by the cake
layer resistance (R.) of ‘S’ membranes, which were lower than those of ‘UD’ membranes
(Table 8.1). Although the formation of the cake layer increased the NaCl separation as

observed for ‘UD’ membranes, the effective repulsive force between the membrane surface
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and chloride ions, on the other hand, was reduced, resulting in a decrease in the NaCl

separation.

The final NaCl separations were 59.9% for 208, 55.3% for 15S, 48.0% for 12S and 43.0%
for 10S (Figure 8.1). The final permeate fluxes (in terms of the percent of PWP of the virgin
membrane) were 47% for 20S, 30% for 15S, 15% for both 12S and 10S membranes. NaCl
separations for the fouled ‘S’ membranes were similar to those of their respective virgin
membranes. PWPs of the fouled membranes were also not very different from their virgin
membranes except for 10S membrane. For example, recovery of PWPs (PWP of the fouled
membrane divided by PWP of the virgin membrane) was 112% for 20S, 89% for 15S, 84%
for 12S and 65% for 10S. These results indicate that there was not much irreversible fouling
in these membranes. No significant differences were found between the pore sizes of fouled
and virgin 'S’ membranes (Table 10.1, Chapter 10). Based on the recovery of PWPs, it can
be stated that membranes were susceptible to pore plugging in the following increasing
order: 208, 158, 128, 10S. It should be recalled that the surface roughness was very similar
for all *S’ membranes (Table 5.3). Their mean pore sizes (1p), on the other hand, were very
different (Table 5.1). For example, mean pore size of 10S membrane (7.10 nm) was one
order of magnitude higher than that of 20S membrane (0.70 nm). Therefore, it seems that

membranes having larger pores are likely to be more susceptible to pore plugging.

8.1.2.3. Empirical equation for sodium chloride separation
Based on NaCl separation curve, it was attempted to fit the NaCl separation versus operating

time to the following exponential equation for all the membranes and feed solutions used.

f, =1, —B,e™ 8.1)
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where
f, = NaCl separation at time t (%)
f, = Steady-state NaCl separation (%)
t = operating time (hour)

B0, B, = constants

As shown in Figure 8.4 for 20 series membranes, the above mentioned equation fits the
experimental data very well. Figures for 15 series, 12 series and 10 series membranes are
given in Appendix E. Regression coefficients (r*) between the calculated and experimental
data ranged from 0.89 to 0.98, depending on the membrane type and the feed solution. The
steady-state value for NaCl separation was obtained for each membrane from the above
curve fitting and tabulated in Table 8.2. Steady-state NaCl separation was higher for 'S’
membranes (42.3 to 59.6%) compared to ‘UD’ membranes (41.4 to 47.0%) for the feed

solution containing 0.87% of clay and 200 ppm of NaCl.

8.2. Gel layer concentration and mass transfer coefficient

The correlation between permeate flux J, (in m*/m’) and feed concentration ¢ (in %) is
shown on a log scale in Figure 8.5 for the 20U, 15U, 12U and 10U membranes. Feed
concentrations ranged from 0.1 to 30% of clay and SBR (clay/SBR = 100/15). As expected
from Eq. (3.44), a linear correlation between permeate flux and feed concentration was
obtained for all the membranes. According to Eq. (3.44), the gel layer concentration (c,)
corresponds to cat J, = 0 and the mass transfer coefficient (k) corresponds to the slope of the
line. From Figure 8.5, ¢y and k are found to be 50% and 7.5x10* m/s respectively. The
values of both mass transfer coefficient and gel layer concentration were in good agreement

with the results found by other researchers (Woerner and Short, 1991).
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Figure 8.4. NaCl separation versus time for various membranes and feed solutions (a) 208
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Table 8.2 Steady-state NaCl separations and regression coefficients for different membranes
obtained from the curve fitting based on Eq. (8.1)

Feed Steady-state ~ Regression
Membrane solution ~ NaCl Sep. coefficient,
f (%) r
20UD 1° 55.6 0.96
15UD | 48.6 0.97
12UD 1 41.2 0.98
10UD 1 382 0.95
20UD 2" 47.0 0.92
15UD 2 44.1 0.89
12UD 2 424 0.91
10UD 2 414 0.91
208 2 59.6 0.97
158 2 55.2 0.97
128 2 46.7 0.94
10S 2 423 0.96

1" 1% of clay and SBR (clay/SBR = 100/15) + 200 ppm of NaCl
2" 0.87% of clay + 200 ppm of NaCl

8.3. Membrane performance stability

208, 20UD, 12S and 12UD membrares were used to test their performance over an extended
period with intermittent cleaning. In this experiment, the compaction of the membranes was
carried out at a higher pressure (690 kPa or 100 psi) and for a period of 20 hours to eliminate
the change in membrane performance due to additional compaction during the ultrafiltration
experiment. The ultrafiltration experiment was carried out at 345 kPa (50 psi). The

membrane performance was evaluated in terms of permeate flux and sodium chloride

separation over time.
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First, the pure water permeation of each virgin membrane was measured at 50 psig. The
sodium chloride separation experiment was also performed with a feed NaCl concentration
of 200 ppm. Then the membranes were used to treat a feed solution containing 0.87% of clay
and 200 ppm of NaCl. Permeate fluxes and NaCl! separations were measured at various
operating times. After 24 hours of operation, membranes were flushed with warm tap water
and also with distilled water and the PWP and NaCl separation were measured. This
operation was repeated for 4 days. After 4 days, the feed was changed to a solution
containing 1% of clay and SBR and 200 ppm of NaCl. The ultrafiltration experiment was
continued for 4 days with cleaning after each 24 hours of experiment. The sodium chloride
separation and permeate flux were measured from time to time during the 8 days of

experiment.

Sodium chloride separation and permeate flux data for 20S and 20UD membranes are
presented in Figure 8.6 as a function of time. Data for 12UD and 128 are plotted in Figure

F.1 in Appendix F.

It is clear from Figure 8.6 that the performance of the 20S membrane was very consistent
over the period of 8 days. For the 20S membrane, for example, the NaCl separation after
each cleaning operation was between 55 and 60% and the pure water permeation was
between 62 to 72 L/m’h. For the 20UD membrane, the NaCl separation slightly increased
and the permeate flux slightly decreased when SBR was present in the feed solution.
However, the performance of the 20UD membrane was consistent over time for a given feed

solution. No significant changes were observed in the performance of 12UD and 128
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8.6(b). 20UD membrane
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Figure 8.6. Performance of (a) 20S and (b) 20UD membranes in terms of permeate flux and

NaCl separation over a period of 8 days. (Membranes were washed after every 24 hours of
operation)
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membranes over time (Appendix F). The consistent performance of the membranes over a
long period of operation with intermittent cleaning demonstrated the reliability of these

membranes.

8.4. Conclusions

Membrane fouling, which was most likely caused by the cake layer formation and pore
plugging, was monitored with the change in the NaCl separation. There was a steep increase
in the NaCl separation at the beginning of the ultrafiltration experiment with a feed solution
containing clay and NaCl. The sodium chloride separation was higher when SBR was
present in the feed solution. The sodium chloride separation could be well described by an
empirical exponential function. The pure water permeation rate of the fouled membranes
could not be fully recovered by cleaning the membranes after the experiment. This indicates
that irreversible fouling took place. The cake layer resistance was higher when the feed
solution contained clay and SBR compared to when only clay was present in the feed
solution. In the presence of SBR, clay particles were agglomerated to form particles of larger
sizes, each particle containing several individual clay particles. Less cake layer formation
was observed when the membrane was coated with SPPO. More pore plugging was observed

with the membranes having larger pores. The pore resistance was higher for the membranes

having smaller pores.
The gel layer concentration and mass transfer coefficient for the feed solution containing

clay and SBR were found to be 50% and 7.5x10 m/s, respectively. Membrane performance

was very consistent over an extended period with intermittent cleaning.
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CHAPTER 9

Fouling Study: II. Cake Layer Morphology

In the study of the morphology of the clay layer deposited on the membrane surface, the
20UD membrane was used and ultrafiltration experiments were conducted with the feed
solution containing 0.87% of clay. SBR was not added in the feed as it would have enhanced
agglomeration of the clay particles both in the feed and in the clay deposited on the
membrane surface. Agglomeration of clay particles would lead to false results in the particle
size analysis (PSA) by the Sedigraph 5100. Clay deposited on the membrane surface will be
called the “cake layer’ hereafter. The 20UD membrane was used for different operational
times and then taken out (without cleaning) for freeze/air drying to study the cake layer

formed on the membrane surface in detail.

9.1. Surface observation of freeze/air dried membrane

Figure 9.1 shows the pictures of the membranes used for different operational times in an
ultrafiltration experiment and then freeze-dried. The freeze drying process is described in
Chapter 4. Scanning of the membrane surface was performed by Scanlet 4c (Hewlett
Packard). As seen from the figure, all the membranes cracked during freeze drying process.
And also most of the cake layer, which was deposited on the membrane during the
ultrafiltration, fell off the membrane surface. The cake layer, when separated from the

membrane surface, was too fragile to be used for its characterization by AFM/SEM.
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Figure 9.2 shows the scanned pictures of the membranes used for different operational times
in ultrafiltration experiments and then air-dried. Membranes were air-dried at room
temperature for several days after being taken out from the cells. Clay deposition was seen on
the membrane surface even after 5 min of operational time. However, the cake layer was thin
and was not continuous. By visual observation, a clear pattern of clay deposition is seen on
the surface of membranes which were used for three or more hours of operation. This pattern
can also be seen in the scanned picture (Figure 9.2). As the feed solution hits the membrane
at the centre (because of the cell configuration, Figure 4.2, Chapter 4), there was less

deposition of clay near the center compared to the area near the periphery of the membrane.

9.2. Cross-sectional image of the air-dried membranes

It was attempted to measure the thickness of the cake layer at different operational times.
SEM was used for imaging the cross-section of the membranes. However, in the sample
preparation for SEM, the cake layer often separated from the membrane surface and fell off
when a small piece of a membrane was dipped in liquid nitrogen. The same problem was
faced when samples were prepared by cutting a small piece of membrane with a sharp blade.
Figure 9.3 shows the cross-sectional images of the membranes used for different operational
times. It can be seen that the cake layer was separated from the membrane surface in most
cases. In some of the micrographs (b, g and h in Figure 9.3), only the cake layer is shown as
the distance between the cake layer and the membrane was too large to include both in one
picture at the given magnification level (x1500). The cake layer thickness was measured
from the micrographs and results are given in Table 9.1. It shows that the cake layer

thicknesses increased rapidly during the first hour of operation and then remained almost

unchanged.
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9.3. Particle size distribution of the clay in the cake layer and in the feed solution

The Sedigraph 5100 as described in Chapter 4 was used to perform particle size analysis of
the clay present in the feed solution as well as in the cake layer. The results of the particle
size analysis are shown in Figure 9.4a. It should be noted that clay (kaolin) particles have a
plate type shape. However, the particle size obtained from Sedigraph is in term of
"Equivalent Spherical Diameter (ESD)’. ESD is defined as the diameter of a sphere which
could be composed of the same material and that would have the same mass as the particle in

question.

It can be seen from Figure 9.4a that 90% of clay in the cake layer is less than 0.6 um in
diameter while in the feed solution only 55% of clay is less than 0.6 um. Therefore, it is clear
that smaller particles were preferentially deposited on the membrane surface. Particle size
distributions of the clay present in the cake layer and in the feed solution were also plotted on
a log-normal probability paper (Figure 9.4b). Straight line regression with a high correlation
coefficient (r* > 0.96) confirmed that the particle size distribution could be adequately
expressed in terms of a log-normal distribution. The mean particle size and the standard
deviation were calculated from Figure 9.4b and found to be 0.18 um and 2.81 respectively in
the cake layer and 0.56 pm and 3.52 in the feed solution. The mean particle size of the clay in
the cake layer (0.18 um) was one third of the mean particle size in the feed (0.56 pm).
Lahoussine-Turcaud et al. (1990) also reported that maximum fouling was observed for the
particle size of 0.2 pm, while particles greater than 3 pm in size had little effect on the
fouling. The particle size distribution obtained in this work for the cake layer confirmed their
results since more than 99% of clay in the cake layer had particle sizes less than 3 um (Figure

9.4a). According to Lahoussine-Turcaud et al. (1990), particles with diameters of about 0.2
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(a) 3 min (b) 15 min

[N

(h) 24 hrs

Figure 9.3. Cross-sectional images of the cake layer formed on the 20UD membranes after
treating a solution containing 0.87% of clay for different operational times
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Hm are too large to be transported back by Brownian diffusion and are too small to be pulled

from the surface by shear forces. The particles are also too large to penetrate into the pores of

an ultrafiltration membrane.

Probability density functions in Figure 9.4¢ clearly demonstrate that the clay in the cake layer
had a narrower particle size distribution than the clay in the feed solution and the distribution
was shifted towards smaller particle sizes. Therefore, there was a selective deposition of the

smaller clay particles on the membrane surface.

9.4. Mass of the cake layer

The amount of clay deposited on the membrane surface was measured (as per the procedure
outlined in Chapter 4) and the mean value is reported in Table 9.1. There was a large
variability among the clay mass obtained for a given operating time from different
permeation cells as shown in Figure 9.5. However, there was a clear trend as the mass of the

cake layer increased very quickly in the first hour of operation and then leveled off.

9.5. Specific resistance and void space of the cake layer
The specific resistance and the void space of the cake layer were calculated as described
below. The specific resistance (a) of the cake layer can be determined from the cake

resistance (R.) (Fane , 1984; Baker et al., 1985) as
R, =2q ©.)

where m is the mass of the cake layer and A is the surface area of the membrane. The value
of the cake layer resistance (R.) was calculated from Eq. (3.40). While calculating R, at

different operational times, it was assumed that R; did not depend on the operational time.
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This is based on the assumption that pore blocking mainly occurred in the early stage of the
ultrafiltration experiment and remained unchanged thereafter, and it is the cake layer

resistance only which changed with time. Hence, the resistance due to the pores in the fouled
membrane (R'p in Figure 3.1b) and the resistance of the membrane matrix (R, in Figure

3.1b) remained unchanged, and therefore, according to Eq. (3.21) R, is independent of the

operational time.

Using the Carman-Kozeny equation (Baker et al., 1985), the void space (&) of the cake layer

can be calculated from the value of the specific resistance as

o= 180(1-¢)

> 9.2

where p is the density of clay particles (2.66 g/cm®), Dy is the mean ‘Effective Particle

Diameter (EPD)’ of clay particles in the cake layer. D, is defined as

6
D, =— 9.3)
aV
where a, is the specific surface area and is defined as
S
a =— 9.4
kY. (9.4)

S and V are the surface area and the volume of the particle, respectively.

The values of R., a and € were calculated based on Eqgs. (3.40), (9.1) and (9.2) and are given
in Table 9.1. It is evident from the table that the specific resistance (a) increased
progressively with operational time with exceptions occurring at | and 3 hours. For instance,

the value of a increased from 5.20x10" m/kg to 8.71x10"* m/kg when the operational time
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Table 9.1. Specific resistance, void space and thickness of the cake layer deposited on 20UD
membrane surface during an ultrafiltration experiment with a feed solution of 0.87% of clay.

Operating Cake Cake layer Specific  Void Cake Cake

time resistance mass resistance  space thickness  thickness

(hr) Rx10? m ax1o™ £ from SEM calculated
(m™) (mg) (m/kg) 8" (um) & (um)

0.083 421 10.7 5.20 0.273 - 4.2

0.25 6.11 12.9 6.25 0.259 10 5.0

0.50 7.07 14.8 6.30 0.258 20 5.7

1 7.66 18.6 5.44 0.270 23 7.3

3 8.33 20.3 5.41 0.270 27 7.9

6 9.24 18.7 6.52 0.256 19 7.2

21 13.46 22,0 8.08 0.240 20 8.2

24 13.78 20.9 8.71 0.234 16 7.8

' measured from SEM micrographs (Figure 9.3)
? calculated from Eq. (9.5)

was increased from 5 min to 24 hours. The decrease in void space with the operational time
indicates that the cake layer was becoming denser with time. For example, void space was
0.273 and 0.234 after the operational time of 5 min and 24 hours, respectively. From these
observations it can be stated that the increase in the specific resistance of cake layer with time
was mainly due to the decrease in the void space. Smaller values of void space also indicate

that the clay particles which are plate type in structure are densely packed in the cake layer.

Both mass (Figure 9.5) and thickness (Figure 9.3) of the cake layer remained almost constant
after | hour of operation. The reason may be that once a maximum of mass/thickness is
attained for a given hydrodynamic condition, further deposition of clay is counter-balanced

by the back diffusion and/or by the scouring effect.
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Cake layer thickness (8) was also calculated from its mass and void space by the following
equation

§—_ M 9.5
5 Al—op (9.5)

and the values of 3 are given in Table 9.1. The cake thicknesses calculated (from the above

equation) were smaller than those measured from the SEM micrograph.

9.6. Surface imaging of the cake layer by AFM/SEM

The surface of the membrane was covered completely by clay particles as evident from AFM
(Figures 9.6) and SEM (Figure 9.7a) pictures. Figures 9.6 and 9.7a show the cake layer over
the membrane that was used to treat a feed solution containing 0.87% of clay. Individual clay
particles can be seen clearly in both the figures. Clay (kaolin) has a plate type structure.
These plate-shaped particles are deposited horizontally one over the other. The SEM picture
of the cross-section of the cake layer (Figure 9.7b) also confirms the horizontal pattern of

clay particle deposition.

9.7. Particle size analysis of the cake layer by AFM

The size of the individual clay particles deposited on the membrane surface, which was used
to treat a solution of 0.87% clay, was measured by the image analysis software in AFM.
Sizes of 150 particles were measured. The clay particles were considered as square plates of
length L and thickness t. When there was a significant difference between length and width
of the particle, their average was taken. Particle sizes measured by AFM were converted to

‘Equivalent Spherical Diameter (ESD)’. The following equations were used.

3
L’t= -’% (9.6)
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Figure 9.6. AFM micrograph of the surface of the cake layer deposited on 20UD membrane
after treating a solution containing 0.87% of clay for 24 hours
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Figure 9.7. SEM micrographs of the cake layer deposited on 20UD membrane after treating a

solution containing 0.87% of clay for 24 hours (a) surface of the cake layer and (b) cross-
section of the cake layer
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or t=— 9.7

Substituting the value of t from Eq. (9.7) to Eq. (9.6) and rearranging yields

I
6L° |3
= 9.8

where,
D = ESD of clay particle
L = Length of clay particle
t = thickness of clay particle

A= aspect ratio of clay particle (13 as given by clay supplier)

All the sizes measured by AFM were converted to ESD by using Eq. (9.8) and plotted against
median rank in Figure 9.8. It was aiso observed that these data could be adequately
represented by a log-normal distribution. The mean particle size and the standard deviation
were calculated to be 0.19 um and 2.08, respectively. The values of the mean particle size
measured by the AFM (0.19 pm) and by the Sedigraph (0.18 um) are in excellent agreement.
However, it should be noted that the particle size analysis by AFM is based on the number
averaged while by Sedigraph it is based on the mass averaged. It is also confirmed by AFM
that the cake layer was composed of mainly smaller particles, as 90% of the particles were

smaller than 0.55 um while more than 99% were smaller than 1.5 um.

[t is clearly demonstrated that the AFM can be used to study fouling. The AFM was used not

only for imaging the surface of the foulants but also for the particle size analysis of the

foulants.
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Figure 9.8. Particle size analysis of the clay in the cake layer performed by image analysis
software build in AFM. Membrane was used for 24 hours of ultrafiltration experiment with a
feed solution of 0.87% of clay.
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9.8. Conclusions

A quick build-up of a cake layer was observed on the membrane surface while treating a clay
solution by an ultrafiltration membrane. Both mass and thickness of the cake layer reached
their maximum in the first hour of operation and remained unchanged thereafter as the
deposition of clay to the membrane surface was counter-balanced by the back diffusion
and/or scouring effect. Clay particles in the cake layer were substantially smaller than those
in the feed solution, as 90% of the clay particles in the cake layer were smaller than 0.6 um
while only 55% of the clay particles were smaller than 0.6 um in the feed solution. The mean
particle size in the cake layer was 0.18 um and in the feed solution was 0.56 um. This
confirms that particles with a diameter of about 0.18 um were mainly responsible for the
fouling, as these particles are too large to be transported back by Brownian diffusion and are
too small to be pulled from the cake layer by shear force. The specific resistance of the cake
layer increased with the operational time while its void space decreased. There was excellent
agreement in the particle size analysis of the cake layer performed by AFM and Sedigraph.
The usefulness of AFM and SEM was demonstrated in characterizing the cake layer

morphology.
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CHAPTER 10

Fouled Membrane Characterization

After a 24 hours of ultrafiltration experiment with the feed solution of either clay or clay and

SBR, membranes were flushed with tap water of 45°C for half an hour and then with distilled

water for another half an hour at 70 kPa and at a feed flow rate of 4000 mL/min. These

membranes are referred to as “fouled membranes’ hereafter. Fouled membranes were

obtained after each set of the following ultrafiltration experiments and flushing the system

thereafter.

I. Fouled ‘S’ membranes: ‘S’ membranes after ultrafiltration experiment with a feed
solution of 0.87% clay

2. Fouled ‘UD’ membranes: *UD’ membranes after ultrafiltration experiment with a feed
solution of 0.87% clay

3. Fouled ‘UD’ membranes: ‘UD’ membranes after ultrafiltration experiment with a feed

solution of 1% clay and SBR (clay/SBR = 100/15)

In each experiment, fresh membranes were used. The membranes, which are freshly
mounted on the permeation cell, are referred to as ‘virgin membranes’. Fouled membranes

were further subjected to ultrafiltration with aqueous solutions of PEG/PEO of different
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molecular weights in order to determine the pore size distribution and other characteristic
parameters of the membranes. This procedure has been explained in detail in Chapters 3 and
4. Various characteristic parameters such as geometric mean pore size, geometric standard
deviation, pore density and surface porosity of the fouled membranes were determined from
solute (PEG/PEO) separation data and were compared with those of virgin membranes. It
should be noted that the membrane coupons used for the characterization of virgin and
fouled membranes were not the same. However, they came either from the same lot or were

prepared in exactly the same way.

10.1. Fouled sulfonated ‘S’ membrane after an ultrafiltration

with 0.87% of clay solution

Figure 10.1a shows the results of ultrafiltration experiments with aqueous solutions of
PEG/PEO for various fouled ‘S’ membranes. Before membranes were flushed and used
for the ultrafiltration with PEG/PEO solutes, the membranes were challenged with the
feed solution of 0.87% clay for 24 hours. The solute separations versus solute diameters
are plotted on log-normal probability paper for different PEG/PEO solutes in Figure 10.1.
A straight line relationship between solute separation and solute diameter, as in the case
of virgin membranes, was obtained for each fouled membrane with reasonably high
correlation coefficients (r* > 0.94). The correlation coefficient for each individual
membrane is given in the Figure 10.1. The values of geometric mean pore size (p,) and
geometric standard deviation (o) were calculated using Figure 10.1 and are presented in
Table 10.1. As can be seen from Table 10.1, the differences between virgin and fouled

membranes (except 10S) in term of their K, and G, are small. More specifically, the mean
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Figure 10.1 Solute separation curves (solute separation versus solute diameter) plotted on
a log-normal probability paper for (a) Fouled ‘S’ membrane, 0.87% clay, (b) Fouled ‘UD’
membrane, 0.87% clay and (c) Fouled ‘UD’ membrane, 1% clay and SBR
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Table 10.1. Geometric mean pore size (K,), and geometric standard deviation (o,) values of
various fouled and virgin membranes.

Virgin membrane  Fouled membrane Fouled membrane
Code (0.87% Clay) (1% Clay + SBR)
for virgin H, c, Hp g, TR S,
membrane (nm) (nm) (nm)
20UD 3.36 2.29 291 2.41 3.04 240
15UD 7.18 1.84 6.36 2.04 5.93 2.09
12UD 9.14 1.74 8.04 2.00 8.03 1.99
10UD 10.38 1.78 9.71 1.98 9.15 2.05
208 0.70 3.31 0.92 3.06
158 2.19 2.43 2.15 2.56
128 3.44 232 3.72 2.34
10S 7.10 2.02 6.43 1.91

All the parameters were calculated from the solutes (PEG/PEO) transport data. Data for
virgin membranes are taken from Table 5.1 and are shown here to compare with the fouled
membranes.

pore size ( k) was reduced from 7.10 nm for virgin 10S membrane to 6.43 nm for fouled
10S membrane. For the 15S membrane, M, was almost unchanged (2.15 nm for fouled
membrane versus 2.19 nm for virgin membrane). H, was even slightly higher for fouled
20S (0.92 nm) and 12S (3.72 nm) membranes versus their virgin membranes (0.70 nm for
20S and 3.44 nm for 12S) (Table 10.1). However, differences between fouled and virgin
membranes in terms of their H,s were very small and could be attributed to the experimental
errors and/or to the variability among various membrane coupons of the same type. It should

be noted that differences in the separation of sodium chloride were also small for fouled and

virgin sulfonated membranes (Figure 8.1, Chapter 8).
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Figure 10.2. Probability density function curve for virgin and fouled membranes (a) 20
Series, (b) 15 Series, (¢) 12 Series and (d) 10 Series
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Table 10.2. Pore density and surface porosity of various fouled and virgin membranes.

Virgin membrane Fouled membrane Fouled membrane

Code (0.87% Clay) (1% Clay + SBR)
for virgin Pore Surface  Pore Surface  Pore Surface
membrane  density porosity  density porosity  density porosity

(pores/um?) (%) (pores/um®) (%) (pores/um?) (%)
20UD 231 0.76 170 0.50 145 0.46
15UD 122 1.02 55 0.47 45 0.36
12UD 84 1.01 25 0.33 21 0.27
10UD 51 0.80 15 0.28 11 0.20
208 1291 0.60 778 0.53
15S 447 0.73 221 0.44
128 170 0.61 91 0.39
10S 49 0.50 52 0.39

All the parameters were calculated from the solutes (PEG/PEO) transport data. Data for

virgin membranes are taken from Table 5.2 and are shown here to compare with the
fouled membranes.

From the probability density function curves generated from Eq. (3.5) and shown in Figure
10.2, it is evident that there was not much difference in the pore size distribution of fouled

and virgin *S” membranes.

The pore densities (calculated from Eq. (3.8)) of the fouled membranes are given in Table
10.2 along with those of virgin membranes. The table shows that the pore densities of the
fouled membranes are smaller than the virgin membranes except for 10S membrane. For
example, the number of pores per square um for fouled 208, 15S, 12S and 10S membranes
are 778, 221, 91 and 52, respectively, while for the virgin membranes they are 1291, 447,

170 and 49, respectively. Despite having a higher pure water permeation (PWP) (Figure 8.1),
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a lower pore density was found for fouled 20S membrane than for virgin 20S membrane.
This was due to the slightly bigger pore sizes for fouled 20S membrane (u,: 0.92 nm)
compared to that of virgin 20S membrane ((u,: 0.70 nm). For fouled 12S membrane, the
lower PWP and the larger pore sizes contributed to lower pore density. There was practically
no change in the pore density of the 10 series membrane. Smaller pore densities of the fouled
membranes indicate that some of the pores were blocked either completely or partially
Surface porosities of fouled membranes were slightly reduced (0.39 to 0.53%) from that of

virgin membranes (0.50 to 0.73%).

10.2. Fouled ‘UD’ membranes after an ultrafiltration with 0.87% of clay solution

Solute separations versus solute Stokes diameters curves are presented in Figure 10.1b for
PEG/PEO solutes for the fouled *UD’ membranes, which were used to treat a feed solution
of 0.87% of clay for 24 hours. The values of M and o, for all the fouled ‘UD’ membranes are
given in Table 10.1. The p,s of all the fouled membranes were smaller than those of their
respective virgin membranes. For instance, the H,s for the fouled 20UD, 15UD, 12UD and
10UD membranes were 2.91, 6.36, 8.04 and 9.71 nm, respectively, while for their respective
virgin membranes, the p_s were 3.36, 7.18, 9.14 and 10.38 nm, respectively. Probability

density function curves shown in Figure 10.2 indicate a shift to the left.

Both pore densities and surface porosities for all the fouled membranes were lower than
virgin membranes. Pore densities ranged from 15 to 170 for fouled membranes and from 51
to 231 for virgin membranes (Table 10.2). The lower pore density and surface porosity

confirmed that some of the pores were blocked either completely or partially.
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The separation of sodium chloride for fouled 20UD membrane was much higher (27.5%)
compared to that for the virgin 20UD membrane (5.5%) (Figure 8.1). However, for the other
fouled membranes, the increase in the separation of sodium chloride (Figure 8.1) was only

marginal, as their pore sizes were still too large to cause any significant salt separation.

10.3. Fouled ‘UD’ membranes after an ultrafiltration with 1% of clay and SBR solution
Solute separations versus solute Stokes diameter curves are presented in Figure 10.1¢ for
PEG/PEO solutes for the fouled *UD’ membranes. Before these membranes were flushed
and used for the ultrafiltration experiment with aqueous solution of PEG/PEO, the
membranes were used to treat a feed solution of 1% clay and SBR for 24 hours. The values
of M, were lower for the membranes fouled with 1% of clay and SBR solution compared to
their respective virgin membranes. Pore densities and surface porosities were also lower for
the fouled membranes. For example, pore densities were decreased from 51 to 11 per um’
for 10UD, from 84 to 21 per um? for 12UD, from 122 to 45 per pm? for 15UD and from 231
to 145 per um* for 20UD membranes. Surface porosities were between 0.20 to 0.46% for the

fouled membranes and between 0.76 to 1.02% for virgin membranes.

10.4. Comparison of the membranes fouled during ultrafiltration experiment

with 0.87% clay solution and with 1% clay and SBR solution

Mean pore sizes of the fouled ‘UD’ membranes, which were used for the feed solution of 1%
of clay and SBR, were 3.04 nm, 5.93 nm, 8.03 nm and 9.15 nm, while the mean pore sizes of
the fouled ‘UD’ membranes, which were used for the feed solution of 0.87% of clay, were
2.91 nm, 6.36 nm, 8.04 nm and 9.71 nm for 20UD, 1SUD, 12UD and 10UD membranes,
respectively. Therefore, there was no significant difference in the mean pore sizes of the

membranes which were fouled either by clay solution or by clay and SBR solution.
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However, both pore densities and surface porosities of the membranes fouled with 1% of
clay and SBR solution were lower than those of the membranes fouled with 0.87% of clay

solution (Table 10.2).

10.5. Conclusions

No significant differences were found in the mean pore sizes of fouled and virgin S’
membranes. However, the former had comparatively smaller pore densities. The mean pore
sizes of fouled ‘UD’ membranes were smaller than those of virgin ‘UD’ membranes.
Reduction in the pore densities of the fouled membranes indicated that some of the pores
were plugged during the ultrafiltration experiment. There was no significant difference in the
mean pore sizes of the membranes (UD) which were fouled either by clay solution or by clay
and SBR solution. However, both pore densities and surface porosities of the membranes

fouled with 1% of clay and SBR solution were lower than those of the membranes fouled

with 0.87% of clay solution.
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CHAPTER 11

Low Pressure Reverse Osmosis

During ultrafiltration experiments, it was observed that some of the membranes had good
separation for electrolytes. Therefore, membranes (15S and 20S) were tested along with
some other membranes for their potential for low-pressure reverse osmosis (RO) application.
A total of six membranes, characteristic details of which are given in Table 11.1, were tested

for low-pressure reverse osmosis performance.

Membranes made from the casting solution having 25 wt.% polyethersulfone. 20 wt.%
polyvinylpyrrolidone and 55 wt.% N-methylpyrrolidone were labeled as 25-20UD. The 25-
20UD membrane was further coated with a thin layer of SPPO polymer and the membrane
after coating was named 25-20S. 20S3 and 1553 membranes were made by coating 20UD
and 15UD membranes, respectively, with 3 layers of the SPPO polymer. After each coating,
membranes were dried for 24 hours at room temperature. Preparation techniques of 20S and
15S membranes are outlined in Chapter 4. The procedure of casting a substrate membrane

(UD) and its subsequent coating is also explained in Chapter 4.
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Table 11.1. Characteristics of the membranes tested for the low-pressure reverse osmosis
experiment. Operating pressure — 1034 kPa (150 psi)

Layer of MWCO M o,
Membrane SPPO (kDa) (nm)

coatings
25-20UD Nil
25-208 1 2.75 0.84 2.90
208" l 3.5 0.70 3.31
20S3 3
158° I 11 2.19 243
1583 3

* Operating pressure — 345 kPa (50 psi)

All the membranes were compacted at 2758 kPa (400 psi) for 20 hours prior to the RO
experiment which was conducted at 1034 kPa (150 psi) and at a feed flow rate of 800
mL/min. The concentration in the feed solution was kept at 500 ppm for NaCl and 1500 ppm

for both MgSO, and Na,SO,.

Separation versus molecular weight is shown in Figure 11.1 for polyethylene glycol of
different molecular weights for the 25-20S membrane. From this figure, the MWCO of the
25-20S membrane was obtained to be 2750 Daltons. The geometric mean pore size (M) and
geometric standard deviation (o,) were also calculated according to the procedure explained

in Chapter 3. Values of H, and ¢, were found to be 0.84 nm and 2.90, respectively (Table
LL.1).
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Figure 11.1. Separation of polyethylene glycol (PEG) versus its molecular weight for 25-20S
membrane (Error bars indicate 95% confidence interval)
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25-20S membrane had the lowest pure water permeation flux of 62 L/mh (Figure 11.2)
among all the six membranes tested, while having the highest separations for electrolyte
solutes (73.4% for NaCl, 55.5% for MgSO, and 93.6% for Na,SO,) as depicted in Figure
[1.3. The performance of this membrane in terms of the permeate flux and the salt separation
is one of the best among available commercial membranes. The separation of electrolyte
solutes was the lowest (9.6% for NaCl, 23.7% for MgSO, and 56.6% for Na,SO,) for the 25-
20UD membrane. 20S, 20S3, 15S and 15S3 membranes had both a higher PWP and higher
separations for the electrolytes compared to the 25-20UD membrane. The higher sait
separation of 20S, 20S3, 15S and 15S3 membranes was due to the negatively charged surface
of these membranes. Salt separation of the 25-20UD membrane was significantly improved
by coating a layer of SPPO. In general, for the feed electrolyte concentrations used in this
study, the MgSO, separation was slightly higher than the NaCl separation for all the
membranes except for 25-20S membrane. For the 25-20S membrane the NaCl separation
(73.4%) was much higher than the MgSO, separation (55.5%). On the other hand, the
Na,SO, separation (56.6 to 93.6%) was higher than both the MgSO;, (23.7 to 55.5%) and the

NaCl (9.6 to 73.7%) separation without exception.

[t was expected that an increase in the number of coating layers of SPPO on an ultrafiltration
‘UD’ membrane would result in an increase in electrolyte separation. However, electrolyte
separation was lower for the 20S3 membrane compared to the 20S membrane. In the case of
the 1583 membrane, the electrolyte separation was slightly higher than that of the 15S
membrane. There was not much difference in the pure water permeation fluxes of the
membranes having one or three coating layer(s) of SPPO. For example the PWP of the 20S
and 2083 were 142 L/m’h and 132 L/m’h while for the 1SS and 1553, the PWP were 126

L/m*h and 120 L/m*h, respectively.
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PART III

Conclusions and
Recommendations
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CHAPTER 12

Conclusions and Recommendations

12.1. Conclusions

Based on the results presented in Chapter 5 to Chapter 11, the following conclusions can be

drawn.

All the membranes were thoroughly characterized in terms of the mean pore size, pore
size distribution, surface porosity, surface roughness and pore density.

Using techniques such as solute transport. the atomic force microscope (AFM) and the
scanning electron microscope (SEM), it was found that the pore size distribution of
various membranes was well represented by a log-normal distribution.

There was no significant difference between the ‘U’ (wet) membranes and ‘UD’
(glycerol-treated and air-dried) membranes in terms of their mean pore size, pore size
distribution, pore density and surface porosity. It was confirmed that the treatment of the
membranes by glycerol solution did not let the pores collapse on drying.

The mean pore sizes ranged from 0.70 to 11.12 um, pore densities ranged from 38 to

1291 per pm’ and surface porosities ranged from 0.50 to 1.02%, as calculated from solute

transport data for various membranes. Pore density was the highest for the 20 series

membranes and was the lowest for the 10 series membranes.
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The mean pore sizes measured by the AFM were substantially larger than those
calculated from the solute transport data.

When a thin layer of SPPO polymer was coated on the surface of the ‘UD’ membranes,
the mean pore sizes and surface roughness were reduced, while pore densities were
increased. It was concluded that there were several pores in the coated layer of SPPO
over a single pore in the skin layer of the uncoated membrane.

No significant differences were found in the mean pore sizes of the fouled and virgin S’
membranes. However, the fouled membranes had comparatively smaller pore densities.
The mean pore sizes of fouled ‘UD’ membranes were smaller than those of virgin “UD’
membranes indicating that some of the pores were plugged during the ultrafiltration
experiments.

Separations of both clay and SBR were very high for all the membranes studied.

A sharp flux decline was observed immediately after the start of the experiment. Flux
reduction was higher for the membranes having bigger pore sizes. Flux reduction was
lower when membranes were coated with SPPO layer.

A method to calculate individual resistances contributed by the membrane matrix,
membrane’s pores and cake layer was developed in analogy to an electric circuit model.
Fouling resistance to the permeate flow was substantially higher than the resistance of the
membrane and hence was the controlling factor.

Clay particles in the cake layer were substantially smaller in size compared to those in
feed solution. This indicated that smaller particles were mainly responsible for the
fouling.

The specific resistance of the cake layer increased with operating time while its void

space decreased with operating time.
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AFM micrograph revealed that in the presence of SBR, the clay particles were
agglomerated to form large particles containing several individual clay particles.
The usefulness of microscopic tools such as AFM and SEM was demonstrated in

characterizing membrane and cake layer morphology.

12.2. Recommendations

In any continuation of this research work, following recommendations are made.

The particle size analysis of the cake layer should be determined for different operating
times to find if there is any change in the particle size of the cake layer. This could help
to explain the change in the specific resistance of the cake layer with time.

The study of the cake layer was performed with *UD’ membranes. It could be worthwhile
to repeat the same study with ‘S’ membranes and compare the results with those of ‘UD’
membranes.

Measurement of cake layer thickness experiment could be repeated with the feed solution
containing both clay and SBR. The presence of SBR will probably prevent the cake layer
falling off in freeze-drying and during the sample preparation for SEM, thus enabling
more precise measurement of cake thickness. Freeze-drying will also help to keep the
structure of the cake layer from being altered during drying.

Most of the experiments described here were conducted at a feed flow rate of 2600
mL/min. Experiments may also be conducted at various feed flow rates to determine the
flow rate for a minimum fouling.

The experiments with the actual waste-water from a pulp and paper mill should be

conducted to evaluate the performance of the membranes.
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Appendix A

A.l. Determination of the stoichiometric amount of chlorosulfonic acid for sulfonation
of poly(2.6-dimethyl-1.4-phenvlene oxide) (PPO)
The following equation was used to determine the stoichiometric amount of chlorosulfonic

acid for sulfonation of PPO.

m, xw, ( [ ) A
v, = .
) pP. 1000 -80.1

where

V¢ = volume of chlorosulfonic acid required (mL),

m. = molecular weight of chlorosulfonic acid (116.52 g/mol).
pc = density of chlorosulfonic acid (1.753 g/em?).

wp = weight of polymer (PPO) used for sulfonation (g). and

I = Target value of ion exchange capacity (meq/g of polymer powder)

As per Eq. (A.1). 1.58 mL of chlorosulfonic acid will be required to sulfonate 10 g of PPO

polymer for achieving an [EC value of 2.0 meq/g of polymer.

A.2. Determination of IEC value of sulfonated PPO (SPPOH)

The [EC of SPPOH polymer was measured by using acid-base titration method. A known
amount (about 0.5 g) of vacuum dried SPPOH was soaked in 25 mL of 0.IN NaOH for two
days. The H™ of sulfonate groups in SPPOH are replaced with Na“ from the NaOH solution.

The liberated H', consequently, consumes a stoichiometric quantity of OH" ions. Treating the
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excess NaOH with 0.IN HCI then gives the meq of OH™ consumed per unit weight of dry
polymer. Phenolphthalein was used as an indicator in titration. The following equation was

used to calculate the IEC value

(o vi-va) o

w

S

(A2)

where
vi = volume of 0.IN NaOH used for soaking the polymer (mL),
v2 = volume of 0.1N HCI consumed in titration (mL), and

ws = weight of SPPOH polymer soaked in 0.IN NaOH (g)
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Appendix B

B.1. Relationship between operating pressure and permeation rate

The Figure B.1 (a&b) confirms the linear relationship between operating pressure and
permeation rate.
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Figure B.1. Operating pressure versus permeate rate for the feed solution (a) deionised water
and (b) 1% of clay and SBR (clay/SBR = 100/15)
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Appendix C

C.1. Conversion of permeate flux data to the value at 25°C

Permeate flux data were converted to the values at 25°C by the following equation using

density and viscosity data of water which were taken form

Handbook (1984)

where

Jp(’S) aJp(l’)
o= PNy
PtNas

Perry's Chemical Engineer’s

where « is a conversion factor and is defined in Eq. (C.2). Jyxas) and Jix) are the permeate

flux at 25°C and at operating temperature T°C respectively. Similarly pas. pr and nas, N are
p g temp p y y

density and viscosity of water at 25°C and at operating temperature T°C. Typical temperature

range for feed solution in the ultrafiltration experiment was 22 to 29°C. Values of a for

different temperatures are given in Table C.1.

Table C.1. Values of conversion factor a for various temperatures to convert permeate flux
data to the value at 25°C

Operating Conversion  Operating Conversion Operating Conversion
temperature  factor temperature  factor temperature  factor

(‘C) a (°C) a (°C) a

15 1.273 22 1.071 29 0916

16 1.241 23 1.047 30 0.897

17 1.210 24 1.023 31 0.879

18 1.180 25 1.000 32 0.861

19 1.151 26 0.978 33 0.844

20 1.123 27 0.957 34 0.827

21 1.097 28 0.936 35 0.811
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Appendix D

D.1. Particle Size Analysis by Sedigraph 5100

For particle size analysis (PSA), Sedigraph 5100 uses the principle of sedimentation in
order to determine the diameter of particles in a suspension. Sedimentation size analysis
is based upon the fact that the measured equilibrium velocity of a particle through a
viscous medium. resulting from the action of the gravitational force, can be related to the
size of the particle by Stoke's law. For a spherical particle of diameter D with a falling

velocity of v. Stoke’s law can be written as

i

18nv  |?

D= —— (D.1)
[(p—po)g}

where p and p, are the densities of the particle and fluid respectively, n is the viscosity of
fluid and g is the acceleration of gravity. In practice. however. particles are not usually
spherical and adopt a large variety of irregular shapes: this is especially true of clay (kaolin).
whose particles have a plate type shape. The diameter in the above Eq. (D.1). thus refers to
the "Stoke’s Diameter’ or 'Equivalent Spherical Diameter (ESD)’ for such particles.
representing the mean diameter of a sphere which would be composed of the same material
and that would have the same mass as the particle in question. The falling velocity v can be
further expressed as the distance h fallen by the particle during a period of time t. and the

Stokes equation can be reformulated as:

I
18nh
D=| —— X

[@-mhj (B-2)
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Therefore, after a given time t. all particles larger than the corresponding diameter D will
have fallen below a given distance h from the surface of suspension. If the initial (uniform)
concentration of material is C, g/c:m3 and the concentration after time t; at distance h is C;
g/cm’, then P, the weight percent of particles finer than D; can be expressed as:

= 100(3j (D.3)

0

In the PSA experiment. a suspension of a material is allowed to settle in a cell through which
a collimate X-ray beam is passed at a fixed point. The intensity of X-ray is reduced as it
passes through the suspension and the X-ray transmittance T, can be related to the particle

mass concentration C, in the beam’s path. Thus. the particle size distribution can be expressed

as;

InT,

=100 1o D.4
' (lnT(,] (B4

where T, is the initial X-ray transmittance (at t = 0) of the suspension.

The P, values measured by X-ray transmittance can. therefore. be plotted as a function of the
Di values obtained from the sedimentation time to give the particle size distribution graph for
the material studied. This is most often presented as cumulative mass plot. where the
percentage of particles with larger mass is plotted as a function of particle size. The percent

of particles found in different size intervals can likewise be determined.

188



Appendix E
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Figure E.1. NaCl separation versus time for various membranes and feed solutions (a) 15S.
feed: 0.87% of clay + 200 ppm of NaCl. (b) 15UD. feed: 0.87% of clay + 200 ppm of NaCl
and (c) 15UD. feed: 1% of clay and SBR + 200 ppm of NaCl
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Figure E.2. NaCl separation versus time for various membranes and feed solutions (a) 128,
feed: 0.87% of clay + 200 ppm of NaCl. (b) 12UD. feed: 0.87% of clay + 200 ppm of NaCl
and (c) 12UD, feed: 1% of clay and SBR + 200 ppm of NaCl
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Figure E.3. NaCl separation versus time for various membranes and feed solutions (a) 10S,
feed: 0.87% of clay + 200 ppm of NaCl, (b) 10UD. feed: 0.87% of clay + 200 ppm of NaCl
and (c) 10UD, feed: 1% of clay and SBR + 200 ppm of NaCl
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Appendix F

(a) 12S membrane
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(b) 12UD membrane
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Figure F.1. Performance of (a) 12S and (b) 12UD membranes in terms of permeate flux and

NaCl separation over a period of 8 days. (Membranes were washed after every 24 hours of
operation)
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