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Abstract

Commercial ebullated bed hydroprocessors, such as the LC-Finer™™, are used for the
production of synthetic crude oil by upgrading bitumen extracted from the Canadian oil sands.
The objectives of this thesis were to experimentally determine bubble characteristics at
industrially relevant operating conditions for the design and optimization of the reactor’s recycle
pan, as well as to investigate the impact of a catalyst density distribution on the reactor’s
fluidization behaviour. High gas holdups have been reported for this type of industrial unit. As a

result, high gas holdup conditions were required to assess the commercial unit fluid dynamics.

Industrial conditions for the bubble characteristics in the reactor freeboard were simulated
in a high pressure gas-liquid bubble column operating at 6.5 MPa using nitrogen and a 0.5 wt.%
aqueous ethanol solution. Local bubble characteristics, including gas holdups, bubble rise
velocities, and chord lengths, were investigated under various operating conditions using a novel
monofibre optical probe designed for high gas holdup and elevated pressure. High gas holdups
were achieved (up to 60%) and relatively narrow chord length distributions were observed,
where 90% of the bubbles diameters were 1.0 mm or less. The energy dissipated through the
distributor plate was shown to have a significant impact on the initial bubble size generated and
high gas holdups were also achieved at atmospheric pressure by varying the open-surface area of
the distributor.

As a result, the impact of a catalyst density distribution on local fluidization behaviour was
investigated at atmospheric pressure using the previously designed high energy dissipation gas-
liquid distributor plate and a 0.5 wt.% aqueous ethanol solution. Commercial spent
hydroprocessing catalysts having a relatively wide density distribution was used. The
introduction of gas greatly impacted the fluidized bed dynamic by rendering the bed-freeboard
interface diffuse at low superficial liquid velocity. Bed interface fluctuations were significantly
reduced at elevated liquid flow rate due to average bubble size reduction caused by high shearing
through the gas-liquid distributor plate. Solid holdup was most affected by the density
distribution where bed expansion/contraction was dependent of the liquid flow rate due to

varying particle-bubble dynamics.



Résumé

Les hydroprocesseurs & lit fluidisé triphasé commerciaux, tels que le LC-Finer™P, sont
utilisés pour la production de pétrole brut synthétique par la valorisation du bitume extrait des
sables bitumineux canadiens. Les objectifs de cette these étaient de déterminer
expérimentalement les caractéristiques de bulles a des conditions d'opération industriellement
pertinentes pour la conception et l'optimisation de la cuve de recyclage du réacteur, ainsi que
d'étudier I'impact d'une distribution de densité de catalyseur sur le comportement de fluidisation
du réacteur. Des rétentions de gaz élevées ont été rapportées pour ce type d'unité industrielle. Par
conséquent, des conditions d’opération menant a de haute rétention de gaz ont été nécessaires

pour évaluer la dynamique des fluides de 1’unité commerciale.

Les conditions industrielles pour les caractéristiques de bulle au-dessus du lit ont été
simulées dans une colonne a bulles haute pression opérant a 6.5 MPa en utilisant de I'azote et une
solution aqueuse de 0.5 %m d'éthanol. Les caractéristiques de bulles locales, y compris les
rétentions de gaz, vitesses de montée de bulle, et les longueurs de corde, ont été étudiées a
diverses conditions d’opération en utilisant une nouvelle sonde optique a monofibre congu pour
des rétentions de gaz et pressions élevées. Des rétentions de gaz élevées ont été obtenus (jusqu'a
60%) et des distributions de longueur de corde relativement étroites ont été observeés, ou 90% des
bulles ont un diamétre de 1,0 mm ou moins. Il a été démontré que 1’énergie dissipée au travers de
la plaque distributrice gaz-liquide avait un impact significatif sur la taille des bulles initialement
généreés et des rétentions de gaz élevées ont également été réalisées a pression atmosphérique en

variant la surface ouverte a 1’écoulement du distributeur.

En conséquence, I'impact d’une distribution de densité de catalyseur sur le comportement
de fluidisation locale a été étudié a pression atmosphérique en utilisant la plaque distributrice
précédemment congu ayant une énergie dissipée élevée et une solution aqueuse de 0.5 %m
d’éthanol. Du catalyseur d'hydrotraitement usé ayant une relativement grande distribution de
densité a été utilisé. L'introduction de gaz a impacté significativement la dynamique du lit
fluidisé en rendant l'interface du lit diffuse a basse vitesse superficielle de liquide. Les
fluctuations de I'interface du lit ont été réduites de maniére significative a débit de liquide élevée
due a la réduction de la taille moyenne des bulles causée par un taux de cisaillement élevé au
travers de la plaque distributrice gaz-liquide. La rétention du solide a été la plus affectée par la



distribution de densité ou I’expansion/contraction du lit était dépendante du débit de liquide en

raison des variations de la dynamique particules-bulles.
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1 Introduction

Three-phase fluidized bed reactors are employed in industrial applications, such as catalytic
hydroprocessing of heavy oil residues, Fischer-Tropsch synthesis, coal liquefaction, and waste
water treatment (Fan, 1989), where intimate contact between gas, liquid and solid phases is
crucial, resulting in excellent heat and mass transfer characteristics. Most research on gas-liquid-
solid fluidized beds have been performed under ambient operating conditions using single-
component liquids (Wild and Poncin, 1996). However, the unit of interest for this thesis is an
ebullated bed hydroprocessor which operates at elevated temperatures and pressures and contains

a multi-component liquid, resulting in complex fluid dynamic behaviour.
1.1 Synthetic crude oil production via bitumen upgrading in Canada

Canada has one of the largest oil reserves in the world, recently estimated at 168 billion
barrels in the oil sands which are recoverable using currently available technology (Ancheyta
and Speight, 2007; CAPP, 2014). Qil sand is composed of sand, bitumen, mineral rich clay and
water. Once extracted, bitumen is a highly viscous and tar-like liquid which requires upgrading

for transportation and conventional oil refining.

The Syncrude Project is a joint venture between a consortium of seven companies which
produces synthetic crude oil through mining, extraction and upgrading of bitumen from the
Athabasca oil sands. During the upgrading process, bitumen is distilled at near atmospheric
pressures into light gas oil and atmospheric tower bottoms (ATB). A portion of the ATB is sent
to a second distillation tower operating under vacuum pressures, further separating into light and
heavy gas oils as well as the remaining vacuum tower bottoms (VTB). The ATB and VTB are in
part upgraded via hydrogen addition (e.g., LC-Fining) technology. Syncrude Canada Ltd. uses
the LC-Finer™ hydroprocessor to reduce the carbon-to-hydrogen ratio of the atmospheric and
vacuum tower residues via a combination of thermal cracking and hydrogen addition. In
addition, the LC-Finer®™ can effectively remove sulphur and heavy metals from the oils resid
(Speight and Ozum, 2001). The heavy liquid product stream from the LC-Finer™™ is further
upgraded by carbon rejection technology (e.g., fluid coker), producing coke as a by-product,
before being sent to fixed bed hydrotreaters for final nitrogen and sulphur removal to produce

synthetic crude oil.



1.1.1 LC-Finer™ hydroprocessor

This thesis focuses on the LC-Finer™™ hydroprocessor, shown in Figure 1.1, which is a co-
current ebullated bed reactor operating at high temperatures and pressures of approximately
440°C and 11.7 MPa, respectively (McKnight et al., 2003). The unit is designed for heavy
vacuum residues based on the following advantages (Rana et al., 2007): (i) liquid recirculation
and fluidization result in approximately uniform temperature distribution, (ii) catalyst addition
and withdrawal allow for continuous operation, and (iii) flexible operation based on catalyst
selection and/or multi-stage configurations.

Top Pressure Effluent

Tap

— Catalyst Addition Line

Thermowell —> Y Density Detector

Radiation Source

Recycle Pan ~
Normal Bed Density
Level — 7 Detectors
Recycle Line = [ ] Gas-Liquid
§ el [ Ebullated Bed
Skin > (_Zatalyst
Thermocouples 4 Withdrawal
<«—Grid Plate
Hydrogen and
Recycle _—r Bitumen Feed
Pump

Figure 1.1: LC-Finer®™ schematic (modified from McKnight et al., 2003).

The inlet gaseous hydrogen and liquid ATB/VTB mixture are heated separately and then
fed into the plenum chamber below the grid (i.e., gas-liquid distributor plate) using a horse-
shoe/shroud distributor assembly. The feed is mixed with the recycled fluid, mainly consisting of
unconverted liquid and some entrained gas from the freeboard region, before flowing through the
risers and bubble caps located in the grid plate. Doped alumina cylindrical catalysts are fluidized
by the co-current gas and liquid flow, where liquid can be considered the continuous phase while
the hydrogen and catalyst constitute the dispersed phases. Above the fluidized bed, the liquid is
recirculated to the plenum chamber using a recycle pan and pump. The liquid recirculation

2



provides the necessary flow to fluidize the catalyst particles while also maintaining temperature
uniformity throughout the reactor. Catalyst addition/withdrawal rates are varied to sustain the
catalytic activity and an optimal recycle pump speed (e.g., an increase bed inventory will reduce
the required pump speed to maintain the desired ebullated bed height).

1.2 Fluid dynamic studies under hydroprocessing conditions

Most research on gas-liquid-solid fluidized beds has been completed under ambient
operating conditions using air, mono-component liquids (e.g., water) and spherical particle
having uniform physical properties (e.g., glass beads) (Wild and Poncin, 1996). However, such
conditions can significantly differ from hydroprocessors as they operate under elevated

temperature and pressure, utilise non-spherical particles, and have multi-component liquids.

Global gas holdups and bubble characteristics within the range of hydroprocessing
conditions have been previously investigated in slurry bubble columns (Ishibashi et al., 2001;
Luo et al., 1999; Tarmy et al., 1984). Slurry bubble columns are similar to ebullated beds,
however, the particles used are significantly smaller (i.e., sub-millimetre range) and are fluidized
by the induced bubble wake. As a result, the liquid-solid suspension is often treated as a pseudo-
homogeneous mixture. Sustained dispersed bubble flow, characterised by relatively small
uniform size bubbles, at high gas holdups (e.g., greater than 25%) has been reported by Tarmy et
al. (1984) and Ishibashi et al. (2001) in pilot-scale coal liquefaction slurry bubble column
reactors operating at pressures up to 20 MPa and temperatures up to 450°C. It has been discussed
that the high gas holdups reported were attributed to the large kinetic energy of the high pressure
inlet gas and the presence of surface-active compounds in the liquid phase. Luo et al., (1999)
investigated the impact of operating pressure on the bubble dynamic using Paratherm NF heat
transfer fluid and pressures up to 5.62 MPa, and concluded that elevated pressure increased the
bubble break-up rate, thereby reducing the maximum stable bubble size. These experiments
provided relevant observations on bubble characteristics at industrially relevant operating
conditions, however larger solid particles and increased liquid flow rates must be considered for

an ebullated bed.

There is a limited quantity of available literature studies on ebullated beds at elevated
pressure due to the liquid recirculation which increase pilot-scale equipment cost. To simulate

hydrotreating/coal liquefaction fluid dynamics conditions, Fan et al. (1987) and Song et al.
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(1989) performed ebullated bed experiments using air and an 0.5 wt.% aqueous t-pentanol
solution in a cold flow system. The use of surface-active compounds led to bubble coalescence
inhibition, yielding high gas holdups conditions. However, even though global gas holdups in the
range of hydroprocessing units were observed, the use of surfactants did not reproduce
commercial units’ overall fluidized bed fluid dynamic due to the elevated pressure impacting
local bubble behaviour. High pressure (i.e., up to 15 MPa) ebullated bed experiments were
carried out by Ruiz et al. (2005, 2004) using nitrogen, glass beads, and diesel fuel. Reduced
minimum liquid fluidization velocity and relative increase in gas holdup was observed but did
not result in sufficiently high gas holdups in comparison to the industrial units. Pjontek et al.
(2015) reported high gas holdups (i.e., greater than 40%) in ebullated bed experiments using
dimensional analysis and similitude when bubble coalescence was consistently and sufficiently
inhibited while operating at elevated pressure and using a 0.5 wt.% aqueous ethanol solution.
The impact of increased liquid viscosity, varying superficial gas velocity and varying superficial
liquid velocity were reported on global phase holdups. However, local bubble characteristics

measurements at industrially relevant operating conditions were not reported in this study.
1.3 LC-Finer’s optimization through fluid dynamic studies

Based on the industrial unit performance, it is believed that the LC-Finer™ is limited by the
reaction Kinetics. As a result, its performance can be improved by investigating fluid dynamic
features such as the bed and freeboard holdups, and fluidization behaviour. These parameters
affect performance criteria such as pitch conversion, hydrogen utilization, distillate product
yields, and energy efficiency, which are related to the environmental impact of synthetic crude

oil production.
1.3.1 Bed and freeboard holdups

High gas holdups (e.g.,~ 55%) have been reported in the freeboard region of the LC-
Finer™ caused in part by gas recirculation via the liquid recycle line (McKnight et al., 2003).
Computational fluid dynamic simulations previously suggested that the upper region of the
reactor and recycle pan was not operating in a liquid-flooded regime and hence presented non-
optimal conditions for gas-liquid separation. The liquid recycle pan in the freeboard region was
previously redesigned where the goal was to reduce the quantity of recycled gas (McKnight et

al., 2003) However, lesser than expected improvement was observed on the industrial unit. The
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gas phase separation efficiency of the recycle pan is critical, as residue conversion is highly
dependent on liquid residence time, where minimization of the reactor gas holdup is desired. The
investigation of local bubble characteristics (e.g., bubble size distributions, bubble rise velocities,
and local gas holdups) in multi-component liquids and elevated pressures can support the design,

operation, and optimization of future industrial gas-liquid separation simulations and techniques.
1.3.2 Fluidization behaviour

Sufficient catalyst mixing is required to maintain catalytic activity and local temperatures
throughout the ebullated bed. To maintain the reactor’s catalytic activity, fresh catalyst is
continuously fed to the reactor while spent (or equilibrium) catalyst is withdrawn. During
demetalization and catalytic cracking of heavy oil residue, heavy metal and coke will deposit
into the catalyst pores which will foul and deactivate the catalyst due to pore volume reduction.
As a result, a relatively wide particle density distribution is present due to varying particle
residence time within the reactor. Having a particle density distribution inside the reactor can
significantly affect bed behaviour, especially the bed-freeboard interface. The catalyst bed level
IS monitored using gamma-ray density detectors before and after the bed-freeboard interface as
previously shown in Figure 1.1. A sharp interface between the ebullated bed and freeboard
regions is desired to control the bed level, where liquid and solid properties as well as local
bubble flow behaviour can influence the solid disengagement zone. In addition, catalyst
entrainment into the recycle pan is undesirable as it can damage the recycle pump and cause
unplanned downtime. Further understanding the general fluidization behaviour (i.e., bed-
freeboard interface dynamic and local solid holdups profile) would help the control of the unit,

prevent catalyst carry-over into the gas-liquid separator, and maintain catalytic activity.
1.4 Research objectives

The main objective of this masters’ thesis is to investigate the fluid dynamics of the

ebullated bed hydroprocessor. The following provides the scope of the present work:

e Experimentally determine bubble characteristics at industrial operating conditions
for the optimization and design of the recycle pan;

¢ Investigate the impact of a solid particle density distribution on the bed dynamic of
an ebullated bed.



The effects of gas and liquid superficial velocities will be continuously evaluated
throughout the experiments due to their relevance for hydroprocessors. Entrained gas from the
freeboard region in the commercial unit is recycled and mixed with the feed gas and liquid below
the distributor plate. Consequently, the gas recycle fraction can be essentially studied by varying
the inlet gas flow rate in the experimental system as no gas is recycled with the liquid. The
rotational speed of the industrial liquid recycle pump is used to control the ebullated bed height

and is comparable to varying the experimental liquid superficial velocity.
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Abstract

Local bubble characteristics were measured using a novel monofibre optical probe
manufactured for elevated pressures and high gas holdups. The objective of this study is to test
the performance of the optical probe, as well as to investigate the impact of operating conditions
on bubble characteristics in a bubble column when operating under high gas holdup conditions.
Experiments were conducted in a 101.6 mm diameter column operating at pressures up to 6.5
MPa. A 0.5 wt% aqueous ethanol solution was used in this study to simulate high gas holdups
observed in many industrial reactors containing liquid mixtures with surface-active compounds.
The probe struggled to detect all the bubbles due to significant bubble size reduction and non-
rectilinear bubble rise. However, successfully detected bubbles were deemed representative of
the mean bubble rise velocity as indicated by the dynamic gas disengagement technique. Global
gas holdup profiles in conjunction with the drift flux analysis showed that pressure does not have
a significant impact at elevated liquid flow rates as bubbles tend to follow the convective current
of the liquid. Relatively narrow chord length distributions were observed, where 90% of the
bubbles were 1.0 mm or less. The energy dissipated through the gas-liquid distributor plate was
shown to have a significant impact on the initial bubble size generated and high gas holdups

were also achieved at atmospheric pressure by varying the open-surface area of the distributor.

*This manuscript has been submitted to: Chemical Engineering Science (CES-D-15-01734)



2.1 Introduction

Most commercial bubble columns and three-phase fluidized beds reactors operate at
elevated pressures with complex multi-component liquids. However, fluid dynamic studies on
multiphase systems are often conducted with water at atmospheric condition. Fan (1999)
previously discussed that increasing pressure leads to enhanced bubble breakup due to the
Kevin—Helmbholtz instability and internal circulation of the gas, reducing the mean bubble size
and generating narrower size distributions. As a result, single bubble rise velocities also decrease
with pressure. It is generally accepted that an elevation in pressure delays flow regime transition
and further increases gas holdup (Fan et al., 1999; Kemoun et al., 2001; Krishna et al., 1991;
Wilkinson and Dierendonck, 1990). However, no up-to-date accurate prediction tool for gas
holdups at elevated pressure has been developed due to the sparsity of experimental results
(Leonard et al., 2015). In comparison to single bubble behaviour, bubble swarm dynamics is

rather difficult to predict as swarm drag corrections are directly related to the gas holdup.

The foaming tendency of multi-component liquids significantly increase gas holdups due
to surface-active compounds inhibiting bubble coalescence and to bubble size reduction
(Camarasa et al., 1999; Jamialahmadi and Muiller-Steinhagen, 1992; Keitel and Onken, 1982;
Kelkar et al.,, 1983; Macchi, 2002; Rollbusch et al., 2015). Single bubble behaviour in
contaminated systems has been studied by various investigators. Surface-active compounds tend
to accumulate at the gas-liquid interface inducing a surface tension gradient, due to the adsorbed
contaminants being swept to the bubble rear as it rises through a liquid, which opposes tangential
shear stresses (Levich and Spalding, 1962). Moreover, small bubbles generated in the system
behave as rigid spheres (Shah et al., 1985) which increases drag on the bubbles and reduces the
rise velocity (Clift et al., 2005; Levich and Spalding, 1962). In addition to swarm effects due to
gas holdups; the impact of multi-component liquids on bubble rise velocity is still unclear.

The investigation of local bubble characteristics (e.g., bubble size distributions, bubble
rise velocities, and local gas holdups) in multi-component liquids and elevated pressures can
support the design, operation, and optimization of industrial bubble columns and ebullated bed
reactors. The unit of interest for this study is the LC-Finer®™™ resid hydroprocessor which
operates at pressures and temperatures of approximately 11.7 MPa and 440°C, respectively

(McKnight et al., 2003). High gas holdups have been reported for such hydroprocessors and are



thought to be caused in part by gas recirculation via the liquid recycle line. The liquid recycle
pan in the freeboard region was previously redesigned with the aid of computational fluid
dynamic (CFD) simulations, where the goal was to reduce the quantity of recycled gas
(McKbnight et al., 2003).As computational times for CFD modeling are continually reduced and
measurement techniques are improved, local bubble properties measured under high gas holdup

conditions can be used to improve gas-liquid separation simulations and techniques.

Bubble properties in gas-liquid and gas-liquid-solid systems have been previously
investigated using various measurement devices (Boyer et al., 2002). As discussed by Pjontek et
al., (2014b) and Boyer et al., (2002), most measurement techniques fail to accurately measure the
local bubble characteristics of interest at high gas holdup fractions due to insufficient response
time and/or physical limitation of the measurement device (e.g., bubble sizes below detection
limits). Following the work of Pjontek et al., (2014b), a prototype monofiber optical probe
combining both 1C (conical) and 3C (conical-cylinder-conical) geometrical characteristics
(Mena et al.,, 2008) has been manufactured for elevated pressures and high gas holdup

conditions, details of which are in section 2.2.2.1

The objective of this study is to test the performance of the novel monofibre optical probe
configuration for bubble characterization, as well as investigate the impact of operating
conditions on bubble characteristics in a bubble column when operating under high gas holdup
conditions relevant to the freeboard of the LC-Finer®™™. The optical probe performance was
assessed by comparing global measurements to integrated local gas holdups in water and an
aqueous ethanol solution while the measured average bubble swarm rise velocities were
compared to estimates based on the dynamic gas disengagement technique. The effect of
operating conditions on local bubble rise velocities and bubble chord length distributions is
presented and the impact of energy dissipation at the gas-liquid distributor to achieve high gas

holdups is discussed.



2.2 Materials and methods
2.2.1 Experimental setup

Experiments were carried out in a stainless steel column with an inner diameter of 101.6
mm and height of 1.8 m capable of reaching pressures up to 10 MPa. The system was
pressurized using industrial grade nitrogen cylinders. A centrifugal pump drives the liquid from
the storage tank to the base of the column and a magnetic flow meter (Rosemount model:
8732CT12N0) measures the liquid flow rate. Gas was circulated via a single stage reciprocating
compressor, where fluctuations in the gas flow are reduced by upstream and downstream gas
dampeners. A differential pressure transducer and orifice plates of varying size, depending on the
operating pressure, were used to measure the gas flow rate. Gas was sparged in the plenum
chamber of the column (i.e., below the distributor plate) via a sintered pipe with 10 um diameter
pores. The gas—liquid mixture then flowed through a perforated distributor plate with 23 holes of
3.175 mm diameter. Three glass viewing windows are located above the distributor plate. Global
phase holdups were determined using a differential pressure transmitter (Rosemount, model:
1151DP3S22C6Q4). The optical probe was inserted into the column at a height of 1045 mm
above the distributor to minimize the impact of entrance effects. At high gas holdup conditions,
bubble characteristics in the freeboard of the ebullated bed were found to be similar to those of a
bubble column operated at the same fluid superficial velocities (McKnight et al., 2003; Pjontek
et al., 2014). Bubble column experiments thus prevent the possibility of damaging the probe
from particles entrainment into the freeboard. A schematic of the experimental system and
additional details can be found in Pjontek et al., (2014b). Operating conditions and phase
physical properties for this study, presented in Table 2.1 were chosen to provide high gas

holdups relevant to ebullated bed hydroprocessors.

10



Table 2.1: Experimental operating conditions and fluid properties.

Parameter Symbol Range Units
Superficial liquid velocity U, 0-107 mm/s
Superficial gas velocity U, 0-105 mm/s
Pressure P 0.1-65 MPa
Temperature T 22 - 24 °C
Liquid density D, 997 kg/m®
Liquid viscosity oy 0.001 Pa-s
Gas density pe 1.5-74 kg/m®

A 0.5 wt% aqueous ethanol solution was used to inhibit bubble coalescence and increase
gas holdups. Ethanol was selected as a surfactant as it produces an effervescent foam at the free
surface (Dargar and Macchi, 2006), which is required to prevent gas recirculation throughout the
experimental system (Pjontek et al., 2014). The combined effects of elevated pressures and
surface-active compounds are relevant to industrial bubble columns and gas-liquid-solid
fluidized beds, where gas holdups are considerably greater than in atmospheric air-water systems
(McKbnight et al., 2003). Tap water was first used to validate global measurements obtained by

the optical probe and dynamic gas disengagement (refer to Section 2.2.2.3).
2.2.2 Measurement techniques

During the experiments, local bubble properties were measured using a monofibre optical
probe, global phase holdups were determined using the differential pressure transducer, and gas
holdup structures and average bubble rise velocities were obtained using the dynamic gas
disengagement technique. To compare with the optical probe, the dynamic gas disengagement
technique was extended to continuous liquid flow operation by measuring the dynamic pressure
drop during the disengagement process. Once the system reached steady state, all measurements

were taken to ensure proper comparison between global and local values.

2.2.2.1 Monofibre optical probe

A prototype monofiber optical probe was manufactured by A2 Photonic Sensors for high
pressure and high gas holdup conditions. Optical probes can distinguish between phases (e.g.,
gas-liquid, liquid-liquid, and gas-liquid-solid) due to differences in refractive index. A
monochromatic light (i.e., laser) is transmitted from the optical fiber to the probe tip which is

then reflected and/or refracted at varying intensities depending on the probe tip geometry and
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phases involved. When the tip is immersed in liquid, the light is scattered and does not reflect
back into the emitter/receiver device. Since the gas has a lower refractive index compared to the
liquid, light is reflected at a greater intensity when the tip is submerged in gas. The resulting
electrical signal clearly distinguishes between the gas and liquid phases, allowing local bubble
properties to be measured from the total time immersed in the different phases, and individual

signals’ duration and rise time. Further details can be found in Mena et al., (2008).

The probe geometry resembles a 3C probe but the sensing tip length is reduced below the
typical range of a 1C probe. This design combines the accuracy and precision of a 3C probe and
the higher detection limit of the 1C probe configuration for smaller bubbles (Cartellier and
Barrau, 1998). The shorter sensing length (L =~ 30 um for the studied probe) is better adapted for
bubbles in the range of 1 mm and lower in diameter. Monofibre optical probes can
simultaneously measure local gas holdups, bubble rise velocities, and chord lengths by knowing
the length of the sensing tip (L ). This probe characteristic must be determined through
calibration prior to experiments, where an example of a calibration curve is provided by Mena et
al. (2008). The probe signal is measured via an optoelectronic module which emits a laser beam

to the probe tip and converts the reflected optical signal into a digital signal.
Local gas holdups (&, (r)) are calculated as the ratio of the cumulated bubble residence

times (t,,) on the probe tip over the total measurement time (t, ).

2t 2.1)
t

T

&g (1) =

Individual bubble rise velocities (u, ) are estimated based on the probe sensing length and
the signal rise time (t,,), which is the time observed between selected lower and upper

thresholds based on the gas and liquid voltage difference. Lower and upper thresholds of 10%

and 90% were used for these experiments based on recommendations from the manufacturer.

Uy, = — (2.2)

Knowing the rise velocity and residence time, the individual bubble chord length (¢, ) can

be determined using the following relation:
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Cpi = Uyt (2.3)

It should be noted that rise velocities and chord lengths in this study are only provided for
fully detected bubbles (i.e., when the signal exceeds the upper threshold). However, bubble
residence times used for local holdups take into account all signals which exceed the liquid

voltage, while also accounting for signal noise.

The digital signal obtained by the optoelectronic module was analyzed by the SO6 software
provided by A2 Photonic Sensors. Rise times and residence times were recorded for each bubble.
Signals that do not reach the upper threshold are distinguished from fully detected bubbles. This
may occur if the bubble is small relative to the probe sensing length or if the bubble is pierced
off-centre. Data acquisition was dependent on the number of bubbles measured or a set time
limit. For all results, data was gathered for at least 120 seconds and with a minimum of 5000
bubbles at a frequency of 200 Hz.

2.2.2.2 Global gas holdups

Global gas holdups were determined by measuring the dynamic pressure drop.
Neglecting frictional drag on the wall and accelerations of the phases in the vertical direction, the
global gas holdups (=, ) were calculated using the measured axial dynamic pressure profile.

AP/Az

9o, - o) @4)

2.2.2.3 Dynamic Gas Disengagement

The gas holdup structure was investigated using the dynamic gas disengagement technique
(DGD). The DGD technique, originally proposed by Sriram and Mann (1977), consists of
shutting the gas feed to the column and tracking the bubbling height during the disengagement
process in a batch liquid system. The technique was restricted by constant visual observation of
the liquid level inside the column, limiting the use of an opaque system. To overcome this
limitation, Daly et al., (1992) extended the technique by measuring pressure transducer signals to
estimate the rate of the liquid level drop as well as reducing uncertainties related to large bubbles

disengaging. The rate of liquid height or pressure drop at any given time is related to the average
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bubble population leaving the system at that instant, enabling the estimation of the holdup

structure and bubble rise velocities prior to gas flow interruption.

In this study, the DGD technique was extended from batch to continuous liquid flow
operation to estimate the impact of liquid flow on gas holdup and swarm rise velocity by
measuring the dynamic pressure drop across the reference and highest available pressure port of
the column during the disengagement process. Pressure drop caused by friction at the wall was
measured and was deemed a negligible contribution to the dynamic pressure (less than 0.3 %)
due to the gas disengagement. The analysis of DGD profiles relies on the following assumptions
to estimate the average rise velocity of each bubble class: (1) no bubble-bubble interaction (i.e.,
coalescence or breakup) during disengagement, (2) bubble dispersion is axially homogeneous
prior to gas interruption, (3) all bubbles disengage independently (i.e., constant rate
disengagement process), (4) axial liquid deceleration caused by bubble disengagement is
negligible. This last assumption was verified at the highest liquid velocity tested and was deemed
negligible with a maximum gas holdup contribution of 0.14 vol.%. A material balance on the gas

phase leads to the following expression:

de

e 25
dt z iszub‘laG,l ( )

The gas holdup of each bubble class is determined by extending the disengagement rate of
each bubble class to t = 0 (i.e., time of gas shut-off). The average bubble swarm rise velocity of
the population is determined using the gas holdup and slope of each class. The disengagement
process was recorded for a period of 30 seconds at a sampling frequency of 40 Hz.

2.3 Techniques validation at high gas holdups
2.3.1 Gas holdup
The optical probe measurements were first validated by comparing the integrated radial gas

holdup profiles to the global gas holdups measured using the dynamic pressure drop.

R

! (r)2nrd (2.6)
€= e _(r)2mrdr .
e nRZ‘[ ¢

Measurements were taken in both water and the 0.5 wt% aqueous ethanol solution. All

experimental conditions investigated in this study using the ethanol solution are presented in
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Figure 2.1, whereas a subset of conditions was studied using tap water. The results show that the
integrated local measurements in the water system were within = 10% of the global
measurements with an average relative deviation of 4.7%. Local measurements in the aqueous
ethanol solution under predicted the global values with an average relative deviation of 59.6%.
Similar performance has been reported by Pjontek et al., (2014b) using a 1C monofiber optical
probe, where a combination of the optical probe’s physical limitations and a change in bubble

flow direction are believed to have inhibited the probe measurements.
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Figure 2.1: Comparison of global and integrated local gas holdups.

The percentage of fully detected bubbles (i.e., when the bubble signal reached the upper
voltage threshold) at high pressure was in the range of 50% to 65% for the prototype 1C-3C
probe, in comparison to 20% to 40% with the 1C optical probe (Pjontek et al., 2014). This
demonstrates that the prototype optical probe geometry is better suited to detect smaller bubbles
in comparison to the previous configuration. The underestimation of the gas holdup in the
aqueous ethanol solution at low and high pressure can be caused by two synergistic phenomena.
The added ethanol and increased pressure significantly reduced the bubble size population below
1 mm (further discussed in Section 2.5.2) thus possibly increasing a portion of the bubble size
population below the lower detection limit of the probe. This bubble size reduction likely
increases the drifting effect (i.e., altered bubble trajectory prior to the probe tip piercing) and thus
resulting in lower local gas holdups due to preferential detection/piercing of larger bubbles.
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Bubbles were visually observed through the windows to follow the convective currents of the
liquid stream, where a significant portion of bubbles was not rising rectilinearly inside the
column. Since the optical probe can only measure bubbles rising upward, the underestimated gas

holdups are in agreement with the visual observations.
2.3.2 Average bubble rise velocity

The optical probe performance was also examined by comparing the bubble swarm rise
velocity measurements to the DGD estimates. The local rise velocity was approximated by the
arithmetic average of the entire bubble population at that location. Rise velocity measurements
from the optical probe were then integrated over the column cross-sectional area, equation (2.7),
whereas the weighted average velocities over all bubble class measured was taken for the DGD,
equation (2.8).

R

U L 2nrd (27)
= u.n 2mrdr .
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U,= _z UpiCs,i (28)
Eg

Figure 2.2 demonstrates that the integrated local measurements in water and the 0.5 wt%
aqueous ethanol were generally within £ 30% of the global measurements, with an average
relative deviation of 7.7% and 16.6%, respectively. It should be noted that results for superficial
gas velocity smaller or equal to 52.5 mm/s are presented in Figure 2.2, as there is a higher
confidence in the DGD technique at these conditions. For greater velocities, the independent
bubble disengagement assumption is no longer applicable due to bubble-bubble interactions (Lee
etal., 1999).
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Figure 2.2: Comparison of cross-sectional average bubble rise velocities.

Results indicate that even if the probe does not fully detect each bubble hitting the probe
tip, those that are fully detected are representative of the mean rise velocity measured by the
DGD. This suggests that the size distribution is relatively narrow and/or that the slip velocity is
small, as demonstrated with the linear DGD profiles in Figure 2.3a. Overestimation of the
average bubble rise velocity at elevated pressure was observed and can be associated again with
the lower detection limit of the probe and bubble size reduction thus preferentially piercing
larger bubbles having greater rise velocities. However, due to the close agreement between both
measurement methods (average relative deviation of 7.7% and 16.6% as mentioned in discussion
relative to Figure 2.2), there is confidence in the individual optical probe measurements. If a
relatively wide bubble size distribution was present in the system and the slip velocity was
significant, multiple disengagement slopes would be observed, as shown in Figure 2.3b for a 152
mm inner diameter column system having a distributor with a greater open-surface area and

having gas injected at distributor level (presented in Section 2.6).
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Figure 2.3: Dynamic gas disengagement profiles for different gas-liquid distributor designs.
2.3.3 Average bubble size

The average bubble size of the population was also estimated based on the swarm velocity
determined with the DGD. This was only performed with the aqueous ethanol solution since the
observed bubbles were spherical (Eo < 1) and the size distribution is likely to be narrower. To
isolate the bubble swarm rise velocity from the increased velocity due to liquid flow, the mean
interstitial liquid velocity was subtracted from rise velocity measured. The Tomiyama (1998)
single bubble drag model for fully contaminated systems was chosen due to its large range of
applicability. The Lockett and Kirkpatrick (1975) swarm drag correction was selected as it was

developed using global gas holdups measurements up to 66%.

C,. :max{( (1+0.15Re,**") 8_Eo | (2.9)
‘ | Re, 3Eo0+ 4]
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As discussed by Simonnet et al., (2007) and Roghair et al., (2011), multiple swarm drag
corrections are proposed in the literature where most models are limited to low gas fractions (e
< 0.10) and diverge significantly at high gas holdup (0.10 < ¢, < 0.50). Therefore, careful
attention must be made to choose the most appropriate drag model and interpret the validity of

the results. Estimated bubble sizes using the previous correlations range from 0.16 mm to 0.56
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mm in diameter for both high and low pressure conditions. To convert the chord lengths
measured with the optical probe to actual bubble sizes, a 1.5 scaling factor has been used by
various investigators (Esmaeili et al., 2015; Shah et al., 1985; Simonnet et al., 2007) which is in
relatively good agreement with the DGD results (further discussed in Section 2.5.2). Based on
the bubble sizes and rise velocities measured from the optical probe, bubbles were generally

between the Stokes and intermediate flow regimes (1 < rRe, < 35), where viscous forces are still

important.
2.4 Global measurements
2.4.1 Gas holdup

Global gas holdups obtained with the aqueous ethanol solution, presented in Figure 2.4,
were first investigated to observe the impact of operating conditions and to identify the bubble
flow regimes. Batch liquid operation was not investigated in this study as the entire system
would evolve to a froth/foam at relatively low gas velocities, particularly when the pressure is
increased above 0.1 MPa. Error bars were omitted in Figure 2.4 as the coefficient of variation of

replicates was less than 1%.
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Figure 2.4: Global gas holdups as a function of superficial gas and liquid velocities.
The impact of pressure on global gas holdups was more apparent at lower liquid
velocities (U, <90 mm/s) where the lower shear stress at the distributor formed larger bubbles

that were then subject to greater bubble breakup (Krishna et al., 1991; Pjontek et al., 2014;

Rudkevitch and Macchi, 2008). Higher operating pressures enhance bubble breakup and lower
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the maximum stable bubble size due to a combination of the Kevin-Helmholtz instability
between two fluids (Wilkinson and Dierendonck, 1990) and the internal circulation of the gas
model (Levich and Spalding, 1962). The Kevin-Helmholtz instability model is based on a critical
wavelength, which is a function of the gas density, where disturbances exceeding that critical
value render the bubble interface unstable, resulting in bubble breakup. The internal circulation
model, however, predicts that a centrifugal force pointing outward is induced which counter-
balances the surface force. As pressure increases, the centrifugal force becomes larger than the
surface force, which stretches the bubble interface and breaks the bubble. Increased pressure had
a minor impact on global gas holdups at liquid velocities greater than 90 mm/s. It is thought that
at high gas holdups and fine dispersions, the drag forces on bubbles are more important than
buoyant forces, thus resulting in bubbles being entrained with the liquid streamlines (Kelkar et
al., 1983). Therefore, even though the bubble size is reduced due to pressure, the resulting impact

on gas holdups is minor at such conditions.
2.4.2 Flow regime transition

From the global gas holdup trends, it is difficult to discern the bubble flow regime. The
transition from dispersed/homogenous to coalesced/heterogeneous bubble flow is not sharp as

presented by other investigators (Krishna et al., 1991; Letzel et al., 1997). The drift flux (j,, ).

defined as the gas phase velocity relative to a surface moving at the same average velocity of the
gas-liquid flow system (Wallis, 1969), was used to investigate flow regime transition. The drift
flux can be estimated using the slip velocity of the gas obtained via the global gas holdups and
the superficial gas and liquid velocities.

{2 @1

The transition from dispersed to coalesced bubble flow regimes can be estimated by

JGL = 8G8

plotting the drift flux as a function of global gas holdup (Wallis, 1969). In dispersed bubble flow,
the drift flux increases linearly as a function of the gas holdup. As larger bubbles are generated
in coalesced flow, the drift flux rises markedly faster. Provided that enough data is gathered, the
intercept between the previous slopes is the flow regime transition point. Drift flux results for the
operating conditions from Figure 2.4 are presented in Figure 2.5.
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Figure 2.5: Impact of pressure on bubble flow regime transition.

At 6.5 MPa, the drift flux has a decreasing trend at higher gas holdups. This has been
observed previously by Lockett and Kirkpatrick (1975) when operating counter-currently with
liquid velocities equal to the rise velocity of the bubble swarm. The authors proposed that as the
gas flow rate initially increases, the gas holdups and drift velocity increase due to the buoyancy
of the bubbles. At the transition point (i.e., maximum drift velocity) the buoyancy force is equal
to the drag force. Further increasing the gas holdups results in swarm drag becoming greater than
buoyancy due to hindering effects from the increased swarm population resulting in a downward
drift velocity. The elevated pressure results presented in this study indicates that bubbles do not

readily coalesce for the studied co-current operation after being sheared at the distributor.
2.5 Local measurements
2.5.1 Swarm bubble rise velocity

Local average rise velocity profiles, presented in Figure 2.6, demonstrate varying behaviour
depending on the operating conditions. Measurements were not performed at r/R = - 0.9 because
the optical probe’s length inside the column was not sufficient to reach that position. Error bars
were omitted in Figure 2.6 and Figure 2.7 as the coefficient of variation of replicates was less
then 5%. Flat profiles were obtained at the lowest superficial gas velocity of 17.5 mm/s (Figure
2.6a), as anticipated for well dispersed bubble flow. Higher gas flow rates resulted in greater
profile curvature with a maximum at the center of the column (r/R = 0). The bubble rise
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velocities measured by the probe represent the actual velocity of bubbles inside the column
which takes into account the increased velocity caused by the liquid flow. Curvature in the local
liquid velocity profile due to the no-slip condition at the column wall would thus increase the
bubble swarm velocity at the center of the column. The liquid axial dispersion coefficient is
representative of the local liquid velocity profile inside the column. Kelkar et al. (1983) showed
that the dispersion coefficient in aqueous alcohol solutions vary significantly in comparison to
pure systems. They demonstrated that backmixing is negligible at low gas velocities, then
increases linearly with superficial gas velocity until heterogeneous bubble flow is obtained. This
observation can partially explain the flat profile observed for a superficial gas velocity of 17.5
mm/s and the curved profile at 52.5 mm/s. In addition, visual observation at the column wall
showed a net upward bubble flow at lower gas flow rates, whereas superficial gas velocities
above 50 mm/s showed significant backmixing.
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Figure 2.6: Radial average bubble rise velocity profiles at varying superficial liquid velocity and pressure.
2.5.2 Bubble chord length

Volume-average bubble chord length radial profiles, presented in Figure 2.7, are
relatively flat for the investigated operating conditions. This suggests that the entire bubble
population is well distributed across the column diameter. Similar results have been reported by
Chen et al., (2003) in large diameter columns (i.e., inner diameter of 200, 400, and 800 mm)
using a monofiber optical probe employing laser Doppler technique. Bubbles size decreased with

increasing pressure, in agreement with previous studies (Fan et al., 1999; ldogawa et al., 1985;
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Jin et al., 2004; Lin et al., 1998; Pjontek et al., 2014; Schéafer et al., 2002; Wilkinson and
Dierendonck, 1990).
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Figure 2.7: Radial volume-average bubble chord length profiles at varying superficial liquid velocity and
pressure.
Bubble chord length distributions, presented in Figure. 2.8, demonstrate the impact of gas
flow rate and pressure on the bubble population. The bubble population follows a log-normal
distribution. It is observed that for all operating conditions investigated, approximately 50% and

90% of the bubble population is respectively below a chord length of 0.5 mm and 1.0 mm.
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Figure. 2.8: Effect of superficial gas and liquid velocity and pressure on bubble chord length number
distributions (r/R = 0).

The impact of superficial gas velocity and pressure on the integrated local volume-average
bubble chord length (see equation (2.14)) is presented in Figure 2.9. The gas flow rate has a
limited impact on the average chord length for the studied conditions. This trend was also
reported by Idogawa et al., (1985) and Soong et al., (1997) in the dispersed bubble flow regime.
It is thought that bubbles are not significantly affected by gas flow rate due to the combination of
two effects. First, the shearing through the perforated plate promotes fine bubbles generation,
and second the surfactant molecules and high pressure prevent bubbles to coalesce. This
illustrates the importance of the initial bubble size generated in contaminated systems (Schafer et
al., 2002).
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Figure 2.9: Impact of superficial gas velocity on cross-sectional volume-average bubble chord length at
varying superficial liquid velocity and pressure.
After being sheared though the distributor plate to a dispersion of fine bubble, the enhanced
bubble breakup due to pressure further reduces the average chord length for the investigated
operating conditions. The impact of liquid flow rate on the measured average chord length seems

minor in comparison to pressure.
2.6 Importance of gas-liquid distribution on high gas holdups

A complementary study on the impact of the gas-liquid distribution method on high gas
holdup generation was carried out due to the importance of the initial bubble size on the resulting
equilibrium bubble size, and ultimately gas-liquid separation efficiency at the top of the LC-
Finer™™. Experiments were initially performed in a separate co-current 152.4 mm inner diameter
column operating at atmospheric pressure (referred as system “B”, whereas the high pressure
system is referred as system “A”). The gas and liquid were introduced separately, but at the same
level. The liquid distributor is a perforated plate with 80 holes of 4.0 mm diameter, while the gas
is introduced via 26 holes of 0.8 mm diameter. Tap water and a 0.5 wt.% aqueous ethanol
solution were used as a bubble coalescing and coalescence inhibiting liquid, respectively.
Additional details on the system can be found in Pjontek et al., (2011). Global gas holdups for
both systems are compared in Figure 2.10. Significant disagreement between both experimental

systems was observed for identical operating conditions. Relatively large bubbles (d,> 3 mm)
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were visually observed inside system B for both water and ethanol solution. The larger bubbles
induced a vortical-spiral motion in the center region of the column, which differed from the

observations made in system A.
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Figure 2.10: Impact of gas-liquid distribution method on global gas holdups.

A sintered pipe was installed below the liquid distributor plate of system B so that the gas-
liquid mixture flows through the plate together, similar to system A. The use of porous
distributor has been investigated by numerous investigators (Akita and Yoshida, 1974;
Anastasiou et al., 2010; Camarasa et al., 1999; Kazakis et al., 2008) and significant increases in
gas holdup were achieved. However, results demonstrate that the sintered pipe had no significant
impact in water due to its coalescing nature. This discrepancy between both experimental
systems is attributed to the difference in distributor plate design, specifically in terms of the
energy dissipation. As discussed by Gadallah and Siddiqui, (2015), the hole diameter and plate
open surface-area can significantly increase global gas holdups due to bubble breakup from flow
contraction. Hinze (1955) identified the forces describing deformation and breakup of bubbles
under turbulent flow conditions and showed that the maximum stable bubble size decreases as

the energy dissipation increases due to more energetic eddy formation in the continuous phase.

The open surface-area (i.e., number of holes) of system B was reduced to increase the
energy dissipated (i.e., pressure drop) through the distributor plate. The number of holes was

estimated to obtain an equal orifice velocity and hence, energy dissipation to system A. The
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global gas holdups comparison presented in Figure 2.11 shows the impact of energy dissipation
through an orifice to reduce bubble size and achieve high gas holdups. This demonstrates the
importance of minimizing the energy dissipation through the distributor plate to generate larger
bubbles, especially at elevated pressure and in the presence of surface-active compounds as

bubbles will not readily coalesce after being sheared to a fine dispersion.
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Figure 2.11: Gas holdup comparison for varying distributor energy dissipation rates

2.7 Conclusions

Bubble characteristics at high gas holdup conditions were measured using a custom-made
monofibre optical probe. The probe measurements were validated using the dynamic pressure
drop for global gas holdup measurements and the dynamic gas disengagement technique for the
average swarm rise velocities. Based on integrated local gas holdup, the optical probe struggled
to fully detect all the bubble population due to the reduced bubble size induced by elevated
pressure and surfactant addition, and also because of the non-rectilinear rise of bubbles.
However, the swarm rise velocity and bubble size measurements using the optical probe
demonstrated good agreement with the DGD results, providing confidence in the optical probe

measurements based on fully detected bubbles.

Elevated pressure and surfactant addition promoted high gas holdup conditions by reducing

mean bubble size and inhibiting bubble coalescence. Global gas holdups and flow regimes
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behaviors were investigated for varying gas and liquid flow rates, and pressure. Reduced bubble
sizes and increased breakup rates due to high pressure caused gas holdups to increase
significantly at low liquid flow rates. At elevated liquid flow rate, pressure did not have a
significant impact as bubbles tend to follow the convective current of the liquid. For the
industrial unit of interest, this implies that employing buoyancy-based gas-liquid separation

processes may not be effective.

Local average chord length profiles were found to be flat for the studied experimental
conditions investigated, implying a well distributed bubble population across the column cross-
section. A significant decrease in size was observed at higher pressure due to increased breakup
rate. Chord length distributions demonstrated that as much as 90% of the bubble chord lengths
were 1.0 mm or less. Minor impact of superficial gas velocity on the integrated local chord
length profiles was observed due to the small initial bubble size generated at the distributor plate

and coalescence inhibition from the surfactant.

A complementary study on the impact of energy dissipation through the distributor plate
demonstrated that comparable energy dissipation rates between various gas-liquid distributors
was required to achieve similar global gas holdups. This shows the significance of distributor
plate design on initial bubble size generation and that minimizing a distributor plate’s energy
dissipation could enhance the currently employed gas-liquid separation for the industrial unit of

interest.
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Nomenclature

Cb‘i

C

b,vol ! b,vol

c

C y C

D, D,swarm

d

b

d

Cc

Eo

slip

individual bubble chord length (mm)

local and cross-sectional volume-average bubble chord length (mm)
single and swarm bubble drag coefficient (-)

average bubble size (m)

column inner diameter (m)

EGtvos number, Eo =g (p, - p.)d,” /o

gravitational acceleration (m/s?)

drift flux (mm/s)

optical probe sensing length (um)

individual and total number of fully detected bubble in cross-section r (-)

number of gas disengagement segment (-)
total number of fully detected bubble (-)

pressure (MPa)

dynamic pressure drop (Pa)
probe radial position (m)
column radius (m)

bubble Reynolds number, Re, =p u,d, /u,
bubble residence time (s)

signal rise time (s)

total measurement time (s)

temperature (°C)

individual bubble rise velocity (m/s)

average bubble rise velocity of disengaging bubble class i (m/s)
local and cross-sectional average bubble rise velocity (m/s)

gas and liquid superficial velocities (m/s)

average bubble slip velocity (relative to liquid interstitial velocity) (m/s)
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Az

Greek symbols
g5 (1) 184

SG,i

Ry

@,

PsiPy

vertical distance between differential pressure taps (m)

local and global gas holdups (-)

global gas holdup of disengaging bubble class i (-)
liquid dynamic viscosity (Pa-s)

open surface-area (-)

gas and liquid densities (kg/m°)

interfacial tension (N/m)
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Abstract

Experiments were conducted to investigate the impact of a particle density distribution on
ebullated beds’ phase holdup and local fluidization behaviour when operating under high gas
holdup conditions. Commercial spent hydroprocessing catalyst having a relatively wide density
distribution was used in this study. A 0.5 wt% aqueous ethanol solution was used to obtain
relatively high gas holdups as observed in many industrial reactors containing liquid mixtures
with surface-active compounds. Axial pressure profiles were used to assess the degree of
segregation on liquid-solid and gas-liquid solid fluidized beds. The introduction of gas
significantly impacted the fluidized bed dynamic by rendering the bed-freeboard interface
diffuse at low superficial liquid velocity. This was observed visually and experimentally with
high degree of curvature in the pressure profiles. At elevated liquid flow rates, the bed interface
became more stable due to bubble size reduction. Solid holdup was the most affected by the
density distribution where bed expansion/contraction was dependent of the liquid flow rate due

to varying particle-bubble dynamic.
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3.1 Introduction

Physical properties (size, shape and/or density) distributions for solid particles can be
encountered in industrial application of three-phase fluidized bed reactors such as catalytic
hydroprocessing of heavy oil residues (e.g., LC-Fining and H-Oil processes), Fisher-Tropsh
synthesis, and waste water treatment (Fan, 1989). Even though solids particles may have uniform
physical properties at the beginning a process, variations may be progressively observed due to
attrition, sintering or chemical reaction. For example, due to uneven growth of biological film on
supported media surface, particle size and/or density distribution can occur during the operation
of a fluidized bed bioreactor (Fan et al., 1985). Variation in solid physical properties may
adversely affect the normal operation of a process as particles may segregate or intermix,
depending on the operating conditions, potentially influencing heat and mass transfer
characteristics as well as reaction conversion. The impact of density driven solids mixing and/or

segregation is investigated in this study.

The unit of interest in this study is the LC-Finer®™ resid hydroprocessor which operates at
pressures and temperatures of approximately 11.7 MPa and 440°C, respectively (McKnight et
al., 2003). To maintain the catalytic activity, fresh catalyst is fed to the reactor while spent (or
equilibrium) catalyst is withdrawn at continuous intervals. During demetalization and catalytic
cracking of heavy oil residue, heavy metals and coke will deposit into the catalyst pores, thus
fouling and deactivating the catalyst due to pore volume reduction. As a result, it is thought that
a relatively wide particle density distribution will arise due to particle residence time distribution
within the reactor. The catalyst bed level is controlled using gamma-ray density detectors above
and below the bed-freeboard interface. Having a particle density distribution inside the reactor
may influence the ebullated bed behaviour and render the bed level diffuse. Prior knowledge of
bed-freeboard interface dynamics and solids mixing pattern would assist the unit monitoring and

potentially prevent catalyst carry-over into the gas-liquid separator.

Previous studies mainly focused on binary-solids mixtures in gas-solid and liquid-solid
fluidized beds (Asif, 2004, 2002; Di Maio and Di Renzo, 2016; Epstein et al., 1981; Formisani et
al., 2008; Gibilaro and Rowe, 1974; Rowe et al., 1972; Wakeman and Stopp, 1976), and to a
lesser extent ternary-solids mixtures (Escudié et al., 2006; Olaofe et al., 2013; Wang and Chou,

1995). Limited research on gas-liquid-solid fluidized beds having solid mixtures has been found
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in the open-literature (Chun et al., 2011; Fan et al., 1985; Kim et al., 2015; Rim et al., 2013,
2014) which mainly focused on the impact of the gas phase on layer inversion. Fan et al. (1985)
are the only research group known to the authors reporting gas holdups, an important parameter
for ebullated beds, over a range of operating conditions.

In this study, experiments were conducted to investigate the impact of a wide particle
density distribution on gas-liquid-solid fluidized beds phase holdups and bed behavior when
operating under high gas holdup conditions relevant to the LC-Finer®™ hydroprocessor. Bed
behaviour and interface sharpness is discussed and related to gas-liquid distributor design and

bubble-particle interaction.
3.2 Materials and methods
3.2.1 Experimental setup

Experiments were performed at ambient temperature and pressure in a clear polyvinyl
chloride column with a maximum expanded bed height of 2.7 m and an inner diameter of 0.152
m, adequately large to minimize wall effects on overall phase holdups (Wilkinson et al., 1992).
Gas was sparged in the plenum chamber of the column (i.e., below the distributor plate) via a
sintered pipe with 10 um diameter pores. The gas—liquid mixture then flowed through a
perforated distributor plate with 16 holes of 4 mm diameter. A mesh placed on top of the
distributor was used to prevent particles from entering the plenum chamber. At the top of the
column, an expanded overflow section acted as the primary gas-liquid separation. Liquid was
conveyed from the overflow tank to a storage tank for further degassing before being recycled to
the bottom of the column. A centrifugal pump was used to circulate the liquid while gas was
introduced via compressed laboratory air supply. Global phase holdups were determined using a
differential pressure transmitter (model PX750-30DI from Omega), where the reference pressure
port was located 50 mm above the distributor and subsequent pressure ports were equally spaced
by 101.6 mm. The experimental operating condition ranges for this study are summarized in
Table 3.1. Uncertainties in the operating conditions were estimated based on rotameter precision
and fluctuations during experiments. The ebullated bed aspect ratio (hg/dc) was always greater
than 5 for all studied operating conditions to reduce the impact of entrance effects in the bed

region.
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Table 3.1: Experimental operating conditions and fluid properties.

Parameter Symbol Range Units
Superficial liquid velocity U, 0-47 (x~2%) mm/s
Superficial gas velocity U, 0-45(~2%) mm/s
Pressure P 104 (£ 2) kPa
Temperature T 24 (£ 2) °C
Column diameter d 0.152 m

C

3.2.2 Particle properties

Figure 3.1 presents the hydroprocessing catalyst extrudates used in this study which
consists of processed equilibrium catalyst withdrawn from a LC-Finer™ hydroprocessor. Table
3.2 provides the average catalyst physical properties estimates, obtained by individually
weighting and measuring 300 pellets using a caliper and an analytical scale to reconstruct the

density distributions presented in Figure 3.2

Figure 3.1: Visual of the spent catalyst.
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Table 3.2: Catalyst’s physical properties.

Parameter Average Standard deviation
Diameter, d, (mm) 0.88 0.03
Length, (mm) 3.98 1.61
d, (mm) 1.63 0.22
d., (mm) 1.17 0.06
Sphericity, ¢ 0.72 0.06

Dry density coefficient
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Figure 3.2: Normalized catalyst dry density distributions.

3.2.3 Fluid selection

The dimensionless approach proposed by Pjontek et al. (2015) was used to compare the
fluid dynamics of the experimental system with an LC-Finer™ resid hydroprocessor. The

selected liquid physical properties should approximately match the Archimedes number (Ar, )

of the industrial unit, as the solid particles should exhibit equivalent liquid—solid fluidized bed
voidage. Industrial ebullated bed reactors usually consist of complex multi-component liquids
where resulting gas holdups are considerably greater compared to air—water systems (McKnight
et al., 2003). As a result, a 0.5 wt.% aqueous ethanol solution was used in this study due to its
bubble coalescence inhibition characteristic which promotes high gas holdup conditions (Parisien

et al., 2015; Pjontek et al., 2015). In addition, aqueous ethanol was previously shown to produce
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an effervescent foam at the free surface (Dargar and Macchi, 2006), a requirement for the

operation of the studied experimental system.

The associated Archimedes number for aqueous ethanol and hydroprocessing spent catalyst

is 5.64 x 10" which is smaller than the studied industrial unit (Ar__ = 3.13 x 10°) based on the

provided liquid density and viscosity estimates. In-situ measurement of liquid viscosity at
industrial operating conditions are difficult to obtain accurately (Asprino et al., 2005). As a
result, it was deemed acceptable to use aqueous ethanol since a 0.7 mPa-s variation on the
provided viscosity estimate would match the dimensionless number. For comparison purposes,
the Archimedes number of Athabasca bitumen at relevant operating conditions using viscosity
estimates of Asprino et al. (2005) was calculated to be around 6.64 x 10, thus demonstrating the

large possible variation in Ar .. A larger Archimedes number for the hydroprocessor would

signify a lower bed voidage as the particles are less prone to be entrained by the liquid flow. To
obtain similar void fractions in a liquid-solid fluidized bed, the superficial liquid velocity
required to match both system’s was estimated using the well know Richardson and Zaki (1954)
correlation and terminal free settling velocity estimates using the Haider and Levenspiel (1989)

empirical correlation for isometric non-spherical particles.
3.2.4 Measurement techniques
3.2.4.1 Global phase holdups

Global phase holdups were calculated by measuring the dynamic pressure drop throughout
the bed and freeboard regions, where the hydrostatic head of the continuous liquid phase is
subtracted. Bed heights (hg) were estimated from the intersection of the bed and freeboard
dynamic pressure profiles via linear regression (Epstein, 1981). Visual estimates of the bed
height were recorded to corroborate the values obtained via the pressure drop method. Global

solid holdups (<) were calculated knowing the fluidized mass of particles (m) in the bed and the

associated catalyst density mass fractions (x;).

X 3.1
ndzhz ()

c B i ps,i

Ss:

Neglecting frictional drag on the wall and accelerations of the phases in the vertical

direction, global gas holdups in the bed region (e, ) were measured via bed region dynamic
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pressure profiles. Similarly to Fan et al. (1985) approach, the average catalyst bed density was
employed for the determination of the global gas holdup. By rearranging equation (3.3) for
liquid-solid systems and plotting the bed dynamic pressure drop slopes as a function of solid
holdup the average wet (i.e., hydrodynamic) particle density can be determined from linear
regression. The associated confidence intervals at 95% statistical significance were within £ 10

kg/m*.The gas holdup in the bed region was determined as follows:

-AP/AzZ) g -
APz T 4 (o p ) (3.2)

G
pL-pG

Bed region liquid holdups (s, ) were calculated knowing that the sum of phase holdups

must give unity. Gas holdups in the freeboard region (e..,) were measured based on the

G-FB

dynamic pressure profile above the bed.

corem /A2 (3.3)
g(p.-pe)
Standard deviations of the phase holdups were estimated to provide additional insight on
the fluid dynamic behavior of the bed and freeboard regions. Bars presented in the Figures of this
study provide the estimated standard deviations from pressure drop fluctuation based on the

method discussed by Pjontek and Macchi (2014).
3.3 Experimental results
3.3.1 Liquid-solid fluidized bed

The fluid dynamics behaviour of the catalyst was first investigated in liquid-solid fluidized
beds to obtain base case conditions of solid mixing and to compare with the relevant literature.
Dynamic pressure drop profiles, presented in Figure 3.3, were used to indicate if the particles
were well-mixed or segregated by observing the linearity of the profile (Epstein, 2005). A
straight pressure profile is representative of a well-mixed bed whereas a segmented profile

indicates segregation.

37



6000

S U, = 15 mm/s 0.5 wt.% EtOH/H,0
—~ L
[ L =
& s000 © o U_= 36 mm/s
% i ©» 9 g 0 0° 0o ¢
N 4000 = Completgly intermixed bed 6/ AN
o L Uniform denisty // //<>
o i ° g
S r s 70

7 4

@ 3000 - 2 %
5 L %
§ [ ‘a///> \
E 2000 + /8 Segregated bed
o + /'z’ Departure from linearity
- : /7
E 1000 I &
N &
o 54;/ ‘ | |

0 0.5 1 1.5

Distance, Az (m)
Figure 3.3: Liquid-solid fluidized bed pressure profile.

The catalyst initially exhibited a linear pressure profile indicating a well-mixed bed at low
liquid flow rates. However, as the superficial liquid velocity increased, the pressure profile
deviates from linearity due to a solid density gradient indicating some segregation. In
comparison to binary solid system models, which predicts density driven segregation to be more
effective at low liquid flow rates (Epstein, 2005), segregation was better achieved at higher void
fractions for a more continuous density distribution. A continuous overall solid holdups profile

over the range of studied superficial liquid velocity is shown in Figure 3.4.
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Figure 3.4: Solid holdup as a function of liquid superficial velocity.
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If the catalyst bed could be characterized by a single average density, it would be expected
that the experimental data exhibit a linear relationship when compared to the linearized
Richardson and Zaki correlation (1954).

In(U_)=nin(1-¢g;) +In(U ) (3.4)

The hydroprocessing catalyst followed a linear relationship on a Richardson-Zaki plot,
having R? of 0.993, where the intercept and slope provides the mean particle terminal settling
velocity (u ) accounting for wall effects and mean n index respectively. The single average
density approximation is justified. It has been supported by Asif (2002) that liquid-solid fluidized
beds can be well represented using the averaging method of analysis in the range of 0.6 to 0.3
solid holdup. The resulting Richardson-Zaki parameters are listed in Table 3.3. The estimated n
index (2.4 < n < 4.7) and Reynolds number at the terminal free settling velocity (0.2 < RrRe <
500) indicate the transition between the Stokes (viscous forces dominating) and Newton (inertia
forces dominating) settling flow regimes (Khan and Richardson, 1989). The standard deviations
associated with u , and the n index were estimated from the standard deviations of the intercept

and slope of the linearized Richardson-Zaki correlation using the residual mean square of the
fitted model.

Table 3.3: Liquid-solid bed void fraction correlation parameters.

Parameters Average  Standard deviation
Richardson-Zaki exponent, n 2.76 0.17
Terminal velocity, u , (m/s) 0.156 0.04
Terminal Reynolds number, Rre 285 47

3.3.2 Gas-liquid distributor characterisation

Bubble column experiments, presented in Figure 3.5, were first performed to characterize
the bubble dynamics obtained with the studied distributor. As discussed by Parisien et al. (2015),
high shearing at the gas-liquid distributor must be employed to promote high gas holdup

conditions. High gas holdups (¢, > 10 vol.%) were obtained at relatively low superficial gas

velocity (Ug < 50 mm/s); however, unlike other holdup data found in the open literature (Fan et
al., 1987; Kelkar et al., 1983; Pjontek et al., 2014), the global gas holdup increases with
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increasing superficial liquid velocity. This increase can be attributed to the greater energy
dissipated at the distributor plate, reducing the average size of the bubble population (Hinze,

1955).

0.4
i 0.5 wt.% EtOH/H,0
r © U= 15mm/s
o U, = 24mm/s Bubble column
03 + 4 U =36mm/s

Gas holdup, &g
©
N

o
[y
|
I

0 i T } T R E } T R E } T } T R E
0 0.01 0.02 0.03 0.04 0.05
Gas superficial velocity, U (m/s)

Figure 3.5: Gas-liquid distributor impact on global gas holdup.
Preliminary tests using uniform density glass spheres (d,= 1.0 mm, p = 2500 kg/m°,

Ar . =1.78 x 10*) and aluminum cylinders (d,= 1.2 mm, L, =3.1 mm, p, = 2649 kg/m°, Ar_
= 1.34 x 10°) were conducted to assess the impact of the distributor on fluidization behaviour.
Dargar and Macchi (2006) previously investigated the impact of surfactant addition on ebullated
bed’s phase holdups and fluidization behavior. By introducing the gas and liquid separately but
at the same level, they consistently observed bed contraction at the introduction of gas using
similar size particles. However, similarly to Pjontek and Macchi (2014), a bed expansion ranging
from 1.0 % to 15.7% height increase was observed for both glass beads and aluminum cylinders
due to the high shearing at the gas-liquid distributor promoting the formation of relatively small
non-coalescing bubbles. It was visually observed through the column wall for both particle types
the bed-freeboard interface was always clearly and sharply identified for every operating

conditions studied.
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3.3.3 Gas-liquid-solid fluidized bed

3.3.3.1 Bed behaviour

In gas-solid fluidization, Gibilaro and Rowe (1974) proposed that mixing and segregation

occurs due to wake phase and bulk phase interactions promoted by bubbles. In liquid-solid

fluidization, Pruden and Epstein (1964) proposed that the driving force to solid mixing is

variations in bulk density and random particle motion. In gas-liquid-solid fluidized beds, solid

mixing mechanisms possess the characteristics of both gas-solid and liquid-solid systems. The

impact of a wide particle density distribution on mixing patterns and bed dynamic in gas-liquid-

solid fluidized bed was investigated using pressure drop profiles. As shown in Figure 3.6, a

continuous diffuse interface was observed.
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Figure 3.6: Gas-liquid-solid fluidized bed pressure profiles.

It was interesting to note that at low liquid flow rates, the interface was scattered and

fluctuated but as the liquid superficial velocity increase the interface became sharper and stable,
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as shown on Figure 3.6¢ and Figure 3.7. As Fan et al. (1985) discussed, bubble dynamic can
highly impact solids mixing, where complete particle segregation state occurs solely in the
dispersed bubble flow regime; whereas, the complete intermixing state (i.e. well-mixed) occurs
primarily in the coalesced bubble flow and slightly in the transition regime. The interface
sharpness is thought to be caused by the increased shearing at the distributor plate. Elevated
liquid flow rates through the distributor’s orifices promote bubble breakup thus generating
smaller average bubble sizes. As a result, particles in the bed are less prone to bubble wake
entrainment thus stabilizing the bed-freeboard interface.

U, =21 mm/s U =36 mm/s
Diffuse interface Sharp interface

Figure 3.7: Impact particle-bubble interaction on interface sharpness at Ug = 15 mm/s.

3.3.3.2 Phase holdups

Figure 3.8 presents the bed and freeboard phase holdups for varying liquid and gas flow
rates. The impact of a wide particle density distribution was mainly observed on the solid holdup
profile, presented in Figure 3.8c. The global solid holdup behaviour at the introduction of gas
varied with respect to liquid flow rate. At U of 15 and 36 mm/s, a bed expansion was observed,
whereas at 24 mm/s the bed contracted consistently. The interaction between solids mixing
pattern and bubble dynamic can help explain this bed behavior. The initial bed expansion at 15
mm/s is thought to be caused by the denser catalyst bed formed at the bottom of the column,
characteristic of partial segregation type 1 (Gibilaro et al., 1985), which promotes bubble
breakup due to higher localized bed inertia. At 24 mm/s, partial segregation type 2 was observed
which has a higher degree of particle intermixing throughout the bed. As a result a lower
effective density was observed from the bubbles’ perspective which reduced the likelihood to
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breakup. At 36 mm/s it is thought that the bed expansion was caused by the greater gain of fine
bubbles, and thus higher gas holdups, generated at the distributor which increases the liquid

interstitial velocity, promoting bed expansion.
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Figure 3.8: Gas, solid and liquid holdup as a function of superficial gas and liquid velocity.

In order to investigate further the bubble-particle interaction phenomena on solid holdup,
multiple liquid flow rates at constant superficial gas velocity was explored. As shown in Figure
3.9a, past a critical liquid flow rate between 24 mm/s and 31 mm/s the bed expanded and the
solids holdup variation is reduced significantly due to smaller bubble generation as shown in
Figure 3.9b on the bed region gas holdup profile. Song et al., (1989) observed similar gas holdup
profiles using hydrotreating catalysts in a 0.5 wt.% aqueous t-pentanol solution. They also
attributed their results to enhanced bubble breakup by the liquid phase velocity. At low liquid
flow rates, the impact of reduced bubble size on gas holdup is less dominant in comparison to the

reduced residence time caused by the greater liquid velocity. Past a critical superficial liquid
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velocity, the impact of bubble size reduction prevails over residence time. Estimated gas, liquid,
solid holdup standard deviations represent the combined effect of bubble size and catalyst
density distribution on pressure fluctuations. As observed visually and through pressure profile
measurements, at higher liquid flow rate the fluidized bed interface fluctuates less and small
evenly sized bubbles are formed at the distributor which significantly reduces pressure

fluctuations.
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Figure 3.9: Impact of varying liquid flow rate on bed contraction.

Freeboard’s gas holdups were found to increase proportionally with superficial gas velocity
indicating dispersed bubble flow regime. In addition, as the liquid flow rate increases, the
freeboard holdup converges to bubble column results. This result strengthen the statement by
Pjontek et al. (2014) that bubble column experiments can be representative of ebullated bed
freeboard region for coalescence inhibiting systems that present small bubbles and respectively

high and low gas and solids holdups in the bed.
3.4 Conclusion

Liquid-solid and gas-liquid-solid fluidized bed fluid dynamic of cylindrical
hydroprocessing catalyst extrudates having a wide density distribution was studied. Particle
segregation, which generated two distinct bulk density regions, was observed at higher liquid
flow rate which differs from established binary-mixtures models. The overall solid holdup for
was well approximated using an average density, terminal settling velocity and Richardson and

Zaki n index in the solid holdup range of 0.3 to 0.6.
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The impact of a density distribution was greater in ebullated bed experiments, where a
strong interaction between bubble dynamic and solid mixing pattern was observed. It was found
that the bed-freeboard interface is highly dependent on the bubble size generated at the
distributor. At low liquid flow rate, relatively larger bubbles were formed which entrained
particles in their wake rendering the interface diffuse. However, increasing superficial liquid
velocity promoted bubble breakup which helped stabilize the interface and promote bed
expansion at the introduction of gas. Solid holdup was the most affected by the density
distribution where bed expansion/contraction at the introduction of gas was dependent of the
liquid flow rate. Bed expansion was observed when sufficient bubble breakup was achieved
either by particle segregation at the bottom of the bed acting as secondary gas distributor or by
high shearing through the gas-liquid distributor plate reducing the average bubble size generated.
Contrary to solid holdups, bed region gas holdup passed through a minimum with increasing

superficial liquid velocity due to the impact of bubble size reduction over residence time.
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Nomenclature

Ar liquid-solid Archimedes number, Ar_; =p d,*(p.-p, )g/u,’

cV coefficient of variation

d. column inner diameter (m)

d, particle diameter (m)

dg, Sauter-mean diameter (m)

d, volume equivalent diameter (m)

g gravitational acceleration (m/s®)

h, bed height (m)

L, particle length (m)

m mass of particle (kg)

~AP dynamic pressure drop (Pa)

Re, liquid-particle Reynolds number based on terminal velocity, Re =U p d V/uL
T temperature (°C)

U,,U, gas and liquid superficial velocities (m/s)

U, terminal settling velocity of particle, accounting for wall effects (m/s)
X, mass fraction (-)

Az vertical distance between differential pressure taps (m)

Greek symbols

€., & global gas, liquid and solid holdups in the bed region ( -)

6 &8s
€. ra global freeboard gas holdup

1 liquid dynamic viscosity (Pa-s)

P PP gas, liquid and solid densities (kg/m®)
o) sphericity (-)



4  Conclusions and future work

Ebullated bed hydroprocessor fluid dynamics are difficult to investigate in-site due to their
operating conditions (i.e., require materials that can withstand elevated temperatures and
pressures) and restricted measurement techniques. The main objective of this thesis was to
investigate the fluid dynamics of an ebullated bed hydroprocessor by experimentally determining
local bubble characteristics at industrially relevant operating conditions for future gas-liquid
separator design and optimization, and investigating the impact of a particle density distribution

on local fluidization behaviour for enhance fluidized bed control.

In Chapter 2, bubble characteristics at high gas holdup conditions were measured using a
custom-made monofibre optical probe suitable for gas-liquid flow at elevated pressures. Surface-
active compounds and elevated pressure promoted high gas holdup conditions by reducing mean
bubble size and inhibiting bubble coalescence. The impact of pressure on gas holdup was
dependant of the liquid flow rate. At low liquid flow rates the reduced bubble sizes from
increased breakup rates due to high pressure caused gas holdups to increase significantly.
However, at elevated liquid flow rate, pressure did not have a significant impact as small non-
coalescing bubbles tend to follow the convective current of the liquid. Chord length distributions
demonstrated that as much as 90% of the bubble chord lengths were below 1.0 mm. Bubbles
belonging to that size range are at the border of Stokes and intermediate flow regime. As a result,
relatively small increase in liquid viscosity would render gas-liquid separation difficult, and
promote gas bubbles entrainment with the recycled liquid. For the industrial unit of interest, this
implies that the recycle pan’s separation efficiency could significantly decrease with increased
liquid feed viscosity, and that employing buoyancy-based gas-liquid separation processes may
not be optimally effective. The gas-liquid distributor’s energy dissipation was found to have a
significant impact on initial bubble size generation with coalescence inhibiting liquids. Gas
holdup was greatly reduced at lower energy dissipation rates showing the importance of
distributor plate design, and that minimizing energy dissipation at the distributor might enhance
the currently employed gas-liquid separation for the industrial unit of interest.

The interaction between particle physical property distribution (i.e. density distribution) and

bubble characteristics similar to industrial hydroprocessing conditions was then examined in
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Chapter 3. The impact of a wide particle density distribution on ebullated bed’s local fluidization
behaviour was investigated using commercial spent hydroprocessing. From the results obtained
in Chapter 2, high gas holdup conditions were achieved at atmospheric pressure using surface-
active compounds and the previously designed high energy dissipation gas-liquid distributor
plate. At the introduction of gas in the fluidized bed, the density distribution rendered the bed-
freeboard interface diffuse at low superficial liquid velocity. However, bed interface fluctuation
was significantly reduced at elevated liquid flow rate due to average bubble size reduction
caused by high shearing through the distributor plate. This result infers that at hydroprocessing
operating conditions the bed-freeboard interface should be relatively stable due to the enhance
bubble breakup by elevated pressure ensuring small bubble generation, as well as a greater
fluidized bed Archimedes number reducing chances of catalyst entrainment. Catalyst bed
expansion and contraction phenomenon with the introduction of gas was dependent on the
bubble breakup rate caused by the gas-liquid distributor or the bed itself. Partial segregation of
the bed having localized high inertia regions initially compensated at low liquid flow rates for
the reduced shearing rate of the distributor and promoted bubble breakup thus expanding the bed.
Increasing bed void fraction negated this additional bubble breakup effect leading to relatively
large bubble formation and a fluidized bed contraction. Past a critical distributor plate shearing
rate, further increase in liquid velocity ensured sufficiently small-sized non-coalescing bubble

generation hence promoting bed expansion again.
4.1 Recommendations and future work

The gas-liquid separation above the ebullated bed has a significant impact on the overall
gas and liquid holdups in the commercial ebullated bed. Recycle pan improvements can now be
studied using a combination of the local bubble measurements in the experimental system and
computational fluid dynamic (CFD) studies. It has been discussed by Lane et al. (2015) that
current bubble swarm drag models are sparse at high gas holdup conditions and appropriate
selection is crucial for accurate gas-liquid separation process simulations. The experimentally
determined bubble characteristics at high gas holdup should be used to validate current drag
models at desired operating conditions. If none is deemed acceptable, the determined bubble
characteristics should be used to propose a new bubble swarm drag model applicable at ebullated

beds operating conditions.
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During normal operation of the LC-Finer*™, fresh hydroprocessing catalyst is fed at the top
of the reactor and is assumed to be well-mixed within the equilibrium (i.e. spent) catalyst bed.
Mixing experiments at high gas holdup conditions using fresh and spent catalyst should be
conducted to assess the degree of mixing between both catalysts. General guidelines on optimal
catalysts mixing at varying operating conditions could be proposed based on the obtained results.
In addition, existing binary solid density mixing correlations could be tested and validated for the
bi-modal distribution of the mixed catalyst population. Those correlations could then be
implemented in a hydroprocessor fluid dynamic models which could possibly be used as a

performance prediction tool, as well as for process control purposes.

A common conclusion for both studies is that the energy dissipation of the gas-liquid
distributor can significantly impact bubble swarm characteristics, and local fluidization behavior.
The synergy between the distributor/grid and recycle pan designs on gas holdup should be
investigated further as there might be an optimal design configuration. Multiple gas-liquid
distributor designs with varying energy dissipation rates should be investigated, and associated
bubble characteristics be measured with the novel optical probe used during this work. It has
been shown that separation efficiency of the recycle pan is highly dependent on bubble size
entering the separator (Lane et al., 2015). This experimental study would enable the correlation

of bubble size and new gas-liquid distributor designs.
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