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Abstract

Pressurized chemical looping combustion (PCLC) is a promising next generation carbon capture
technology which operates on the fundamentals of oxyfuel combustion to concentrate carbon dioxide in the
flue gas stream. Oxygen is supplied through cyclic oxidation and reduction of a solid metal oxide between
an air reactor and fuel reactor to prevent the direct contact of fuel and air. CanmetENERGY-Ottawa, in
collaboration with Hatch Ltd., is designing a pilot scale PCLC system which uses ilmenite as the oxygen
carrier and a novel fluidized bed design called the Plug Flow Internally-recirculating Reactor (PFIR). The
PFIR consists of an annular bubbling fluidized region in which particles are circulated by angle jets through
two reactive zones separated by baffles. The overall objective of this thesis was to provide key design

parameters and insight for the construction of the pilot facility.

Experimental work was first conducted investigating the minimum fluidization velocity (Ums), gas bubble
size, and tube-to-bed heat transfer coefficients of different ilmenite particle size distributions (PSDs) at

varying pressures up to 2000 kPa. The data was compared to a variety of literature correlations. The Saxena

& Vogel (1977) constants for the Wen-Yu type correlations (Rep,r = m — () resulted in the
best fit for predicting the Unr of the PSDs with Sauter mean diameters (SMD) less than 109 pm, while the
Chitester et al. (1984) constants resulted in better predictions for the larger particle size distributions (SMD
greater than 236 um). Gas bubble size was found to be marginally impacted by pressure, with the Mori &
Wen (1975) correlation best fitting the data. The heat transfer coefficient was found to also be marginally

increased by pressure with the the Molerus et al. (1995) correlation matching the atmospheric data.

A computational particle fluid dynamic (CPFD) model of the experimental unit was then created and
validated using the obtained data for minimum fluidization velocity and bubble size. The accuracy of the
model was found to be dependent on the particle close packing factor input variable, with a value of 0.58

resulting in the best results for each of the ilmenite PSDs modeled.

Finally, a CPFD model was created for a cold flow design of the PFIR to investigate the impacts of different
operating parameters on the solids circulation rate and gas infiltration rate between the two reactor zones.
This model used the validated parameters of the previous CPFD model to add confidence to the results. The
impacts of increasing superficial gas velocity, fluidizing gas jet velocity, bed height, and pressure were all
found to increase the solids circulation rate through their respective impacts on the momentum rate of the
fluidizing gas. A polynomial function was fit between these two variables resulting in a method to predict
the solids circulation rate. Similarly, the rate of gas infiltration between sections was found to be dependent
on the solids circulation rate, allowing for a function to be made to predict the gas infiltration at different

operating conditions.

il



Sommaire

La combustion en boucle chimique sous pression (PCLC) est une technologie prometteuse de capture de
carbone de nouvelle génération qui fonctionne sur les principes fondamentaux de 1'oxycombustion pour
concentrer le dioxyde de carbone dans les gaz de combustion. L'oxygeéne est fourni par oxydation et
réduction cyclique d'un oxyde métallique solide entre un réacteur a air et un réacteur a combustible pour
empécher le contact direct du combustible et de I'air. CanmetENERGIE-Ottawa, en collaboration avec
Hatch Ltd., congoit un systéme PCLC a 1I'échelle pilote qui utilise I'ilménite comme transporteur d'oxygeéne
et une nouvelle conception de lit fluidisé appelée réacteur a recirculation interne a écoulement piston
(PFIR). Le PFIR consiste en une région annulaire, fluidisée dans le régime a bulles, dans laquelle les
particules sont mises en circulation par des jets angulaires a travers deux zones réactives séparées par des
chicanes. L'objectif général de cette thése était de fournir des parameétres de conception clés et des

informations pour la construction de I'installation pilote.

Des travaux expérimentaux ont d'abord été menés pour étudier la vitesse de fluidisation minimale (Ung), la
taille des bulles de gaz et les coefficients de transfert de chaleur tube-lit de différentes distributions de tailles
d'ilménite (PSD) a des pressions variables (2000 kPa). Les données ont été comparées a diverses

corré¢lations de la littérature. Les constantes de Saxena & Vogel (1977) pour les corrélations de type Wen-

Yu (Rey = \/Clz-l-—CzA — C,) ont donné le meilleur ajustement pour prédire I’Unr des PSD avec des
diamétres moyens de Sauter (SMD) moins plus de 109 pm, tandis que Chitester et al. (1984) ont donné de
meilleures prédictions pour les distributions de tailles plus grandes (SMD supérieur a 236 um). On a
constaté que la taille des bulles de gaz était 1égérement influencée par la pression, la corrélation de Mori et
Wen (1975) correspondant le mieux aux données. On a constaté que le coefficient de transfert de chaleur
¢tait également légérement augmenté par la pression avec la corrélation de Molerus et al. (1995)

correspondant aux données a pression atmosphérique.

Un mode¢le de dynamique des fluides et particules (CPFD) de I'unité expérimentale a ensuite été créé et
validé en utilisant les données obtenues pour la vitesse de fluidisation minimale et la taille des bulles. La
précision du mode¢le s'est avérée dépendante de la sélection du facteur de compactage des particules, avec

une valeur de 0,58 donnant les meilleurs résultats pour chacun des PSD d'ilménite modélisés.

Enfin, un modele CPFD a été créé pour une conception a écoulement froid du PFIR afin d'étudier les
impacts de différents parameétres d’opération sur le taux de circulation des solides et le taux d'infiltration de
gaz entre les deux zones du réacteur. Ce mod¢le utilise les parametres validés du modele CPFD précédent
pour renforcer la confiance des résultats. Les impacts de 1'augmentation de la vitesse du gaz superficiel, de

la vitesse du jet de gaz de fluidisation, de la hauteur du lit et de la pression se sont tous avérés augmenter
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la vitesse de circulation des solides grace a leurs impacts respectifs sur le taux de quantité de mouvement
du gaz de fluidisation. Une fonction polynomiale a ét¢ ajustée entre ces deux variables, ce qui a abouti a
une méthode de prédiction du taux de circulation des solides. De méme, le taux d'infiltration de gaz entre
les deux sections de réacteur s'est avéré dépendant du taux de circulation des solides, ce qui permet de créer

une fonction pour prédire l'infiltration de gaz dans différentes conditions d’opération.
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Chapter 1  Introduction

In 2015 at the 21 session of the Conference of the Parties (COP 21), over 190 nations adopted the Paris
Agreement. The goal of the agreement was to limit the rise of global temperatures to 2°C or lower relative
to pre-industrial levels by limiting the emissions of green house gas (GHG) emissions and achieve a climate
neutral world by 2050 [1]. Implementation of carbon capture, utilization, and sequestration (CCUS)
technologies has been shown to be a key aspect of reaching the goals set by the Paris Agreement [2]. CCUS
is the process of separating carbon dioxide (CO-) from industrial emission sources and either utilizing the
CO; to produce another carbon-based product (ex. methanol), or permanently storing it in carbon sinks
(geological formations, exhausted oil and gas wells, etc) thereby preventing it from entering the atmosphere
and contributing to the negative effects of climate change. There are three main categories of CCUS
technologies for separating CO, from industrial combustion processes: Pre-combustion (Figure 1-1A),
Post-combustion (Figure 1-1B), and Oxyfuel combustion (Figure 1-1C). Pre-combustion technologies use
gasification and water gas shift reactors to generate a mixture of CO, and H,. The CO, is separated, allowing
the hydrogen to be combusted for power or heat generation. Post-combustion processes use a CO, scrubbing
unit after the flue gas processing units to separate the CO, from the remaining nitrogen. Typically, these
scrubbing units employ amines to capture the CO,. Oxyfuel combustion processes combust the fuel with
high purity oxygen supplied by an air separation unit (ASU). This way, the flue gases are not diluted with

nitrogen and the CO; can be easily separated from the resulting stream.
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Figure 1-1. Simplified block flow diagrams of the three main types of CCUS technologies. A) Pre-
combustion; B) Post-Combustion; and C) Oxyfuel Combustion

1.1 Chemical Looping Combustion

Chemical looping combustion (CLC) is a next generation CCUS technology that operates in a similar
fashion to oxyfuel combustion processes. Instead of using an energy intensive ASU which lowers overall
energy efficiency, CLC employs a solid metal oxide, called an oxygen carrier (OC), to provide high purity

oxygen for combustion [3,4]. This OC is cycled between two reactors, undergoing cyclic oxidation and



reduction steps (Figure 1-2) [5]. In the air reactor, the OC enters in a reduced state and undergoes an
oxidation reaction with the incoming air (Reaction 1.1). The now oxidized OC enters the fuel reactor where
it takes part in a reduction reaction with the entering fuel (Reaction 1.2). The now reduced OC is looped
back into the air reactor to be re-oxidized. The flue gas from the air reactor contains primarily inert nitrogen,
while the flue gas from the fuel reactor contains primarily CO, and H,O, which are easily separable through

condensation of the water vapour.

N,,(Trace O,) CO,, H,0
—Me,0,—

Air Reactor Fuel Reactor
Exothermic Endothermic
4+-Me,0,.;—

Air Fuel

Figure 1-2. Schematic of chemical looping combustion reactors

(2n +m)Me, 0, + C,Hypy, —» (2n + m)Me, 0,,_; + mH,0 +nCO, (1.1)
Me,0,_; + 0.5 0, —» Me,0, (1.2)

Oxygen carriers will strongly influence the operating conditions and cost of CLC systems, so selection is
an important factor during design. In general, it is important OCs exhibit high redox activity, have high
chemical stability over multiple reduction and oxidation reactions, high mechanical strength, and resist
agglomeration. Additionally, OCs should be inexpensive and environmentally benign. Natural ores present
promising and inexpensive choices for OCs because they can often be used directly without need of
additional supports [6,7]. [lmenite is a naturally occurring ore primarily composed of iron and titanium
which exhibits favourable thermodynamic properties, high attrition resistance, high combustion efficiency,
and is abundant in Canada making it a promising OC candidate [8—11]. Reaction rates of ilmenite with
methane have been shown to be relatively slow at atmospheric pressure but can be greatly improved by
increasing the operating pressures between 600 kPa to 1600 kPa [12,13]. Furthermore, pressurized chemical

looping combustion (PCLC) has many other techno-economic advantages over CLC [14,15].



Proper gas-solid contacting, solids circulation, and heat transfer are critical to achieve the desired fuel
conversions making interconnected circulating fluidized beds (ICFBs) a promising reactor concept for
CLC. Significant research has been conducted on these systems for implementation in CLC systems [16—
22]. ICFBs consist of two separate reactor vessels connected by external solid transfer legs called loop
seals. Cyclones are implemented at the gas outlets to separate entrained solids from the leaving gases. While
ICFBs can achieve high solids circulation rates, they have the disadvantage of relatively high capital costs

due to their size and complexity.

A new patented reactor concept was proposed by Adham et al. [23,24] following a report from the United
States Department of Energy (US DOE) on CCUS recommended that new chemical looping reactor
concepts should employ multiple internal stages and non-mechanical gas-solid flow control to improve the
operation and cost (capital and operating) reductions of CLC processes [25]. This reactor design (Figure 1-
3), called the Plug Flow Internally-circulating Reactor (PFIR) [23,24], consists of two annular reactive
zones separated by baffles with underflow slots. Solids are fluidized and circulated through these reactive
zones by angled tuyeres located at the bottom of the reactor. A cold flow PFIR unit, and pilot scale PCLC-
PFIR system are currently under development by Hatch Ltd. (Mississauga, Ontario, Canada) and Natural
Resources Canada CanmetENERGY-Ottawa (Ottawa, Ontario, Canada).
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Figure 1-3. Schematic of PFIR geometry. A) 3-dimensional view B) Top-down view C) Side view of
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The design of this pilot scale facility requires knowledge of key design information such as the minimum
fluidization velocity, gas bubble characteristics, and tube-to-bed heat transfer coefficients of ilmenite.
Furthermore, since the PFIR is a new reactor design concept, the behaviour of the solids circulation rate
and potential for gas infiltration between sections remains unknown. Understanding the gas-solids flow of
the PFIR is a critical first step in its implementation to prevent avoidable design flaws. The Multi-Phase
Particle-in-Cell (MP-PIC) approach, also known as Computation Particle Fluid Dynamics (CPFD)
modeling, is an efficient method of modeling larger scale fluidized bed systems making it well suited to
investigating the PFIR. CPFD differs from more traditional fluidized bed modeling techniques like the
Two-Fluid-Model (TFM) and Discrete Elemental Modeling (DEM) by grouping solids of similar properties
(mass, velocity, position, etc.) into computational parcels and treating the solid phase as both discrete

entities and a continuum [26-28]. Particle properties are either solved in a Eulerian framework as a



continuum, or in a Lagrangian framework as discrete entities. This way, CPFD modeling reduces the

computational load for larger systems, while still maintaining high resolutions of the solid phase.

1.2 Thesis Objectives and Structure

The objective of this thesis is to provide these key design parameters and insight for the construction of the
pilot scale PCLC system at CanmetENERGY-Ottawa using ilmenite as the oxygen carrier. The work
presented in this thesis is in three parts separated into Chapters 2, 3, and 4. Chapter 1 of this thesis provides
background information for the work presented in the later chapters, while Chapter 5 gives a summary of

conclusions obtained and suggestions of future work.

Chapter 2 presents published experimental work which explores the high pressure fluidized bed
hydrodynamics and tube-to-bed heat transfer coefficient of ilmenite particles. [lmenite is a relatively dense
particle which causes it to fall outside of the validated ranges of many popular fluidized bed design
correlations. The work compared experimental values of minimum fluidization velocity, gas bubble size,
and tube-to-bed heat transfer coefficients at different operating conditions to a variety of literature
correlations in order to determine which correlations would be best applied to designing the PCLC pilot

scale system.

Chapter 3 comprises an in-preparation journal manuscript that validates a Computational Particle Fluid
Dynamic (CPFD) model of the high pressure fluidized bed described in Chapter 2 to the experimental data
also obtained in Chapter 2. The CPFD model was created using the commercially available software
Barracuda Virtual Reactor ®. Chapter 3 served as a pre-validation to the work presented in Chapter 4 by
determining key model input parameters for the fluidization of ilmenite particles. The model presented in
Chapter 3 also expanded upon the results of the experimental work by exploring results (e.g., cross-sectional

bubble size distribution along bed height) that the experimental apparatus could not obtain.

Chapter 4 is an in-preparation journal manuscript that describes the novel fluid bed reactor concept that will
be implemented in the PCLC pilot scale system. A CPFD model of the cold flow PFIR geometry was
created to give insight into key design parameters. The validated model parameters determined in Chapter
3 were used in this CPFD model to increase the confidence in the model results. The effects of various
operating conditions (superficial gas velocity, tuyere jet velocity, bed height, and operating pressure) on

the particle circulation rate and gas infiltration were investigated.
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Abstract

The minimum fluidization velocity (U,s), bubble size characteristics, and tube-to-bed heat transfer
coefficient (4.) of ilmenite particles are investigated at pressures up to 2000 kPa. The U, was found to
decrease with pressure for dgy > 236 pm and remain constant for dyy < 109 pm. U,y was compared to various
Wen and Yu type correlations (Rey,r = \/Clz-l-—CzA — () with the Saxena & Vogel (1977) constants
resulting in the best fit (AARD = 10.5%) for dsv < 109 um and the Chitester ef al. (1984) constants resulting
in the best fit (AARD = 6.4%) for dsy > 236 um. Pressure marginally effected bubble size relative to gas
velocity, with the data fitting the Mori & Wen (1975) correlation best (AARD = 26.4%). The tube-to-bed
heat transfer coefficient experienced a maximum with increasing gas velocity and marginally increased

with pressure. The Molerus et al. (1995) correlation matched the atmospheric heat transfer data.

Keywords: Pressurized fluidized-bed, ilmenite ore, minimum fluidization, bubble size, heat-transfer
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Nomenclature

Variables
A A, Shape-bed void functions in eq. 7
Ar Archimedes number (= d%p(z—’;_p)g)
A, Heating tube surface area (m?)
Cy, G, Constants in eq. 8
Cps Solids heat capacity (J/kg K)
D Column diameter (m)
dy Initial gas bubble diameter (m)
dp Gas bubble diameter (m)
dpe Equilibrium gas bubble diameter (m)
dpm Maximum gas bubble diameter (m)
d; Heating tube diameter (m)
dgy Volume to surface mean particle diameter (m)
d, Volume mean particle diameter (m)
g Gravity constant (9.81 m/s?)
H Height (m)
h Convective tube-to-bed heat transfer coefficient (W /m?2K)
I Electric current (A)
kg, Thermal conductivity of gas (W /m K)
l Parameter in eq. 11 & 12
n Number of holes in perforated plate distributor
Pr Prandtl Number (= C’;—"“)
g
Rep, s Reynolds number at minimum fluidization (= Umedvp)
Sy Horizontal distance between tube in the bundle (m)
Sy Vertical distance between tube in the bundle (m)
U Fluid superficial velocity (m/s)
U, Excess gas velocity (m/s)
Uy Minimum fluidization velocity (m/s)
%4 Electric Potential (V)
y,0,1 Parameters in Horio & Nonaka correlation (Table 1-3)
€ Bed void fraction
Emf Bed void fraction at minimum fluidization
p Fluid density (kg/m?)
Py Particle density (kg/m3)
OAp Differential pressure standard deviation (Pa)
0] Particle shape factor
U Fluid viscosity (Pa - s)
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Abbreviations

AARD

CCUS
CLC
FBC
GHG

HB
LB
oC

OCAC

PCLC

. . . 1 X i —X i
Absolute Average Relative Deviation, = ~ ¥ [Xexperimentai=*predicted] x 100%

Xexperimental
Carbon Capture Utilization and Sequestration

Chemical Looping Combustion

Fluidized Bed Combustor

Green House Gas

High Bed

Low Bed

Oxygen Carrier

Oxygen Carrier Assisted Combustion
Pressurized Chemical Looping Combustion
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2.1 Introduction

There has been a substantial research and development effort in developing carbon capture, utilization, and
storage (CCUS) technologies in recent years to reduce greenhouse gas (GHG) emissions from fossil fuel-
based processes. Chemical looping combustion (CLC), initially proposed by Lewis and Gilliland in the
1950s for the production of pure carbon dioxide [1,2], is recognized as an emerging advanced CCUS
technology [3]. Due to its inherent advantages over competing CO, separation technologies, including high
energy conversion efficiencies, this technology is now widely considered a promising strategy for clean
heat, power, and steam generation [4]. CLC processes are typically carried out in dual fluidized bed
systems; oxidation in an air reactor and reduction in a fuel reactor. A metal oxide acting as an oxygen carrier
(OC) is employed to transfer oxygen from the air to fuel reactor, thereby avoiding direct contact between
fuel and air. In general, important performance criteria for OCs include high redox reactivity, high stability
under repeated redox cycles at high temperatures, and high resistance to attrition and agglomeration.
Additionally, the OCs properties strongly influence cost of the proposed applications, operating conditions,
optimal reactor configuration, and many other aspects. Therefore, it is important that the OC be inexpensive
and environmentally benign [5]. This is especially important for operations that require high replacement
rates for OCs such as solid fuel operations where the carrier can be deactivated by the produced ash or
operations that employ high sulphur content fuels which can also cause OC deactivation. Furthermore,
ilmenite could possibly become brittle in an oxidizing environment increasing the necessary make-up rate

due to fines production [6].

In order to meet these economic and environmental requirements, we believe that natural ores or minerals
are the preferred choice for CLC since they are often inexpensive and can be used directly without being
combined with supports [3,7]. For this reason, ilmenite ore, largely comprised of Fe and Ti containing
species, is considered a promising OC for CLC applications due to its desired thermodynamic properties,
high attrition resistance, and high combustion efficiency [8—10]. It has been shown that ilmenite ore exhibits
high reactivity with CO and H»; however, reaction rates with CHy are relatively slow [11-13] and these
weak redox characteristics might hinder application development [3,10,14,15]. Our approach for improving
ilmenite ore reactivity is to shift towards elevated operating pressures [6,16,17]. Symonds et al. [18] and
Cabello ef al. [5] found many techno-economic benefits when considering the combustion of natural gas in
a pressurized CLC (PCLC) system for industrial heat generation with CO; capture when ilmenite ore was

used as the OC.
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Furthermore, oxygen carrier aided combustion (OCAC) in fluidized bed combustors (FBCs) is a novel
process that consists of replacing, totally or partially, the inert bed material by an active oxygen carrying
material such as ilmenite ore. The use of these materials may enhance the combustion efficiency and reduce
hot spots in the combustor via its oxygen buffering ability. During fuel combustion, the OC is reduced
providing oxygen in oxygen lean zones and oxidized/regenerated in oxygen rich zones. The previously
mentioned high reactivity rates of ilmenite with CO and H» makes it a suitable OC for use in FBCs;
especially when burning solid fuels with high volatiles content such as lignite and biomass [19-23]. In
addition, as a result of the combustion of gaseous fuel components in the dense bed via reaction with the
oxygen carrier, less excess oxygen is needed to meet emission restrictions, suggesting that OCAC is a

promising technology to broadly improve the performance of FBCs, including oxy-fuel combustors [24].

Despite its many potential uses in fluidized beds, studies specifically focused on the fluid bed
hydrodynamics and tube-to-bed heat transfer of ilmenite ore remain scarce, with one found article that
studied the heat transfer coefficient at elevated temperatures [25]. Proper understanding of the
hydrodynamics and tube-to-bed heat transfer is especially important to technologies that implement
pressurized reactor designs using in bed heat exchangers. The constrained volume and presence of heat
exchanger tubes can decrease heat transfer rates by impeding particle movement. Correlations can be used
to estimate the tube-to-bed heat transfer coefficient, but are largely limited in their applicability outside
their validated ranges [26-28]. Furthermore, many correlations are validated using large libraries of
literature data, which can omit specific operating conditions such as small and high-density particles at
increased pressure. Given the importance of ilmenite ore to research and development of promising CCUS

technologies (e.g., PCLC, OCAC, oxy-fuel, etc.), further study of the material is needed.

The goal of this work was thus to explore the minimum fluidization, bubble characteristics, and the tube-
to-bed heat transfer coefficient of ilmenite ore particles under different operating pressures and gas
velocities. These system parameters were compared to multiple literature correlations to evaluate their

predictive accuracy and suitability for ilmenite ore.

2.2 Experimental Set up

The experimental apparatus, along with schematics, are explained in detail elsewhere [29]. Experiments
were performed in a 0.154 m diameter stainless steel cylindrical pressurized fluidization column with a
height of 3 m. The distributor is a perforated plate consisting of two stainless steel plates pressed together
with a 45 um mesh in between. The column was operated up to pressures of 2000 kPa,), measured by a

gauge pressure transducer located at the top of the column. Three ports are located axially starting 0.17 m
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above the distributor plate and 0.15 m apart for differential pressure measurements taken across the particle
bed. Additional ports are located below the distributor plate and at the top of the column for added
differential pressure measurements of the bed and in the freeboard. Air was used as the fluidizing medium

and its flow rate was measured by an orifice plate meter. Images of the unit are presented in Appendix A.

The column was operated in two configurations: atmospheric and pressurized. For atmospheric pressure
operations, building air was supplied continuously and passed through the system before being released to
the atmosphere. For pressurized operations, the column was first pressurized to the desired static pressure
and then a centrifugal compressor with a variable speed drive was used to overcome the system pressure
drop and recirculate the air through the system in a closed loop. A heat exchanger was included at the outlet

of the compressor to maintain a consistent fluidizing gas temperature of 20°C.

For heat transfer tests, a tube bundle was lowered into the column and rested on top of the distributor plate
to replicate the geometry of an in-bed heat exchanger (Figure 2-1). The tube bundle consists of five
alternating rows of either two or three aluminum tubes housed in a cylindrical stainless-steel casing with a
diameter slightly smaller than the column inner diameter. The tubes begin 0.22m from the bottom of the
tube bank. The center tube in the second row from the top was replaced by a heating tube. Single tube heat
transfer tests were also performed where all the tubes were removed except for the heating tube and the top
row to allow for the installation of the tube apparatus. A k-type thermocouple was inserted above the tube

bank to measure the bed temperature.
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Figure 2-1. Schematic of insertable tube bundle assembly containing a heating tube (shaded circle)
inside the fluidized bed column (truncated). The relative horizontal and vertical tube pitches (SHAt and
SV/t ) were respectively above 2 and 1.5; dimensions are omitted for confidentiality.

The heating tube consists of an internal heating cartridge surrounded by a copper sheathe and capped with
Teflon insulators to minimize axial heat transfer. The heating cartridge is attached to a 900 W power source
to supply heat to the tube. There are five k-type thermocouples spaced 45° apart to measure the local
temperature along the circumference of the heating tube numbered one through five starting at the bottom.

More detailed information on the tube bundle and heating cartridge are described elsewhere [29].

Cold flow operating conditions tested in this work were chosen to reflect those found in PCLC systems. All
experiments were performed at 20°C. Data collection and process control were enabled through using

LabView software.

The particles tested were UKTO ilmenite ore (upgraded roasted ore) (p, = 4700 kg/m3) of varying
average particle sizes (surface-to-volume mean diameters of 95 um, 107 um, 109 pm, 236 pm, and 321
um) supplied by Rio Tinto Iron & Titanium Canada. Each particle size is classified as Geldart B. A
sphericity value of 0.84 is used following estimations of roundness of the particle determined by image
analysis of the particles. A bed composed of 25 kg (approximately 0.60 m expanded bed height) of material
was used for all particle sizes except for the 236 pm and 321 pum particle sizes which required 9.8 kg
(approximately 0.22 m expanded bed height) of material due to gas compressor limitations. A 25 kg particle
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bed allowed for in-bed measurements of bubble size and bed void fraction at various axial locations, as well
as proper coverage of the tube bundle and in-bed thermocouple when heat transfer measurements were

taken.

2.3 Methodology

2.3.1 Minimum Fluidization Velocity and Bed Void fraction

The minimum fluidization velocity was determined experimentally by employing the standard method of
plotting the measured bed pressure drop as a function of decreasing superficial gas velocity from fluidized
conditions to zero [30]. This approach avoids issues related to the compaction of the bed which can result
in large overshoots in the pressure drop before achieving fluidization while increasing gas velocity. The
bed void fraction at minimum fluidization was determined by using the experimentally determined values
for the pressure drop at minimum fluidization and Up,s in the resulting force balance at minimum
fluidization with the Ergun equation (Eq 2-1) [31].

APy

2
150(1 — Upnr 1.75(1— U2
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[2-1]
er?;z f dgv 61?;1 f dsv

2.3.2 Gas Bubble Size Estimates

Two differential pressure measurements were taken over 0.15 m in vertical height between pressure ports
one and two (referred to as the low bed region — LB) and between pressure ports two and three (referred to
as the high bed region — HB) allowing for an indication of the evolution of bubble dynamics from the lower
to upper regions of the bed. A qualitative comparison of bubble size for each region of the bed (LB and
HB) was determined from the standard deviation of the differential pressure measurements using Eq 2-2

[32]. For these experiments, the proportionality constant is taken as one [32], but it should be noted that
larger proportionality constants of 1.3 and v/3 have been used by others for Geldart B particles [28].

Oap
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[2-2]

A single bubble bursting at the bed surface can be interpreted as a singular sine wave of the differential
pressure measurement over time [33]. The average period of the sine wave corresponds to the frequency of
bubbling; a large deviation from the average value is indicative of presence of a large bubble; and a less
distorted sine wave indicates a smaller bubble size distribution [34]. When using the standard deviation of
the differential pressure measurements in Eq 2-2, it is critical that the signal remains as un-dampened as

possible. The tube diameters used in the experiments lie within the recommended range of 2-5 mm [35,36],
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and the distance to the pressure transducer is kept below the recommended 2.5 m maximum [36]. All

pressure signals are recorded above the distributor plate to avoid any resulting dampening effects.
2.3.3 Heat Transfer Measurements

The tube-to-bed heat transfer coefficient was determined by dividing the power input by the heat transfer
area and the temperature difference between the heating rod and the particle bed (Eq 2-3). The heat transfer
coefficient is known to vary along the circumference of the heating tube [37,38] and therefore the
temperature difference was taken locally at each of the five radial thermocouples. This method also allows
for investigation of the heat transfer profile along the tube surface that can be used to infer hydrodynamic
activity around the heating tube [37]. The average heat transfer coefficient was determined by assuming

vertical symmetry around the tube (Eq 2-4).

v
hyi= [2-3]
Y AT = Ty)
5, 4
he g = 21 hc,sz -‘:: é:z hei [2-4]

It is important to note that the direction of heat transfer in these experiments is from the heating tube to the
fluidized bed, while typical operations transfer heat from the fluid bed into the tube. For a given
hydrodynamic condition, the heat transfer coefficient is experimentally determined from the temperature
difference between the bed and tube surface at a constant power input to the heater. The rate and direction
of heat transfer will not affect the resulting heat transfer coefficient so long as the phases’ physical and
thermal properties between the bed and surface do not change substantially. For these experiments, the
power is maintained at 18.1 watts resulting in a tube surface between 10-30°C of the bed temperature, which
remains near ambient for all hydrodynamic conditions. Therefore, the change in air properties between the

tube surface and bed is minor and has a negligible effect on the heat transfer coefficient.

2.4 Results and Discussion

2.4.1 Minimum Fluidization Velocity

The minimum fluidization velocities for the 95 um, 107 um and 236 pm mean particle size samples are
plotted in Figure 2-2. The larger mean particle size Up, s decreased with increasing pressure from 0.18 m/s
at atmospheric pressure to 0.10 m/s at 2000 kPa,) and appears to approach a constant value. The smaller 95
pum and 107 pm particle Up, s remained constant at 0.03 m/s and 0.04 m/s, respectively, at all pressures. The
influence of pressure on U, can be explored through analysis of Eq 2-1. The first term on the right-hand
side describes the laminar flow around the particle and therefore depends primarily on the viscous forces

experienced by the particle. Due to the negligible effect of pressure on viscosity and the dominance of
17



laminar flow around the smaller particles, changing the pressure does not significantly impact the Uy, s. The
contribution of the laminar term for the smaller particles to the overall pressure drop is above 90% at all
pressures. However, for the larger particles, inertial forces increase as described by the second term on the
right-hand side. The dependence of inertial effects on the gas density, and in turn the system pressure,

results in decreasing Uy, s with increasing gas pressure. The contribution of the inertial forces to the overall

pressure drop increases from 6% to 40% with increasing pressure.
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Figure 2-2. Minimum fluidization velocity of 95 um, 107um and 236 um ilmenite particles at varying
pressure.

The ability to accurately predict U, is essential to modelling and design efforts for fluidized beds. Eq 2-1
can be solved directly for Uy, ¢, however, this method is sensitive to small errors in bed void fraction and
particle shape factor. As such, there are several correlations available in literature [26,30,39,40] to predict
Unmy. Wen & Yu [39] presented what is arguably one of the most well-known methods of predicting the

minimum fluidization velocity in which they solved Eq 2-1 in terms of Rep,¢ (Eq 2-5).

1504, (Remy) + 1.75,42(Remf)2 = Ar [2-5]
Where
1-€ 1 [2-6]
A = —_mf and 4, =
1 ¢2 ‘:rgn 2 ¢613nf
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The functions A; and A, are shape-void functions, which Wen & Yu found to be constant over a large range
of Reynolds numbers (0.001-4000) [39]. This allowed for the rearrangement of Eq 2-5 into Eq 2-7, and the
definition of two constansts C; and C,. Several authors have used the Wen & Yu [39] relationship to

determine their own experimental constants (Table 2-1), each corresponding to their own estimations of the

Reyy = /Cf + C,AT — Cy

Table 2-1. Various C; and C, coefficients for the Wen & Yu (1966) correlation.

shape-void functions.

[2-7]

Author C1 Cz

Wen & Yu [39] 33.7 0.0408
Babu et al. [30] 25.25 0.0651
Grace [30] 27.2 0.0408
Chitester et al. [41] 28.7 0.0494
Saxena and Vogel [30] 25.3 0.0571

The experimental data obtained in this study were compared to the Wen & Yu [39] correlation for Re s

using different values of C; and C, (Figure 2-3). There is a deviation in the best fitting correlation based on
particle size. The smaller particle sizes (dsy < 109 um) best fit the Saxena & Vogel [30] correlation with an
AARD of 10.5%, while the larger particles (dsy > 236 pm) best fit the Chitester et al. [41] correlation with
an AARD of 6.4%.
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Figure 2-3. Comparison of experimental Renr to various Remr correlations.
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Anatharaman et al. [26] found that Wen & Yu type correlations developed specifically for Geldart B

particles varied in their results for Uy, ¢ by over an order of magnitude for the same particle conditions. The
reason for such a wide distribution of predicted values can be likely attributed to the dependence of the C;

and C, constants on the shape-void functions, and by extension the values for €,,r and ¢, as shown in Eq

2-8 and 2-9.

150 A;  300(1 - €pp)

C, = = 2-8

171,75 (24,) 7¢ [2-8]
1 6,3nf¢>

C, = = 2-9

271754, 175 [2-9]

For these experiments, the average €, of the smaller particle sizes is 0.50, while the average €, for the
larger particle sizes is 0.47. Using the sphericity and experimentally derived €., values, the shape-void
functions for the small and large particle ranges are A; = 6,4, = 10, and A; = 7,4, = 12, respectively.
Comparing these values to those presented in Table 2-2, it can be seen that the AARD for each particle
range is the smallest for those correlations with similar values for the shape-void functions. Since these
functions can be directly calculated by the sphericity and voidage at minimum fluidization, these values
will ultimately determine the predictive accuracy of each correlation meaning that Wen & Yu [39] type

correlations remain susceptible to errors in these two values, though to a lesser extent than Eq 2-1.

Table 2-2. Shape-void functions for literature Un¢ correlations and AARD for the two particle ranges.

Author Ay A, AARD (dsy < 109 pm) AARD (dg >236 pm)
Babu er al [30] 5 9 29.3% 35.6%
Saxena and Vogel [30] 6 10 10.5% 22.8%
Chitester et al [41] 8 12 14.6% 6.4%
Grace [30] 9 14 25.4% 9.9%
Wen & Yu [39] 11 14 39.2% 20.1%

2.4.2 Gas bubble size estimates

Figure 2-4 and Figure 2-5 present the estimated mean gas bubble sizes for the 107 um particle size at
varying pressures and excess gas velocities in the high and low bed regions, respectively. It is clear from
these results that pressure has a marginal effect on gas bubble size compared to excess gas velocity. Bubble
growth throughout the column increases with increasing pressure with the estimated gas bubble size
increasing relative to the lower region on average by 20.5%, 32.7% and 47.0% for the 101 kPa,), 600 kPa),
and 1200 kPa,) respectively.

20



»
o

@101 kPa HB
4.0 + @
©600 kPa HB
35 1t A1200 kPa HB
C A
o
9 25+
o (€]
% 2.0 + &
5
m15 +
(€]
1.0 +
- .
[ @
0.5 ta
0.0
0.0 2.0 4.0 6.0 8.0 10.0 12.0

Excess gas velocity (cm/s)

Figure 2-4. Estimated bubble size for 107 um particle size at varying pressure and excess gas velocity

in the high bed region.
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Figure 2-5. Estimated bubble size for 107 pm particle size at varying pressure and excess gas velocity
in the low bed region.

A comparison of the differential pressure time series at varying pressures and excess gas velocities is shown

in Figure 2-6 for the 107 um particle size in the high bed region. At a U. of 2.0 cm/s there is a noticeable
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change in the behaviour of the signal amplitude around the average value indicating that the bubbles are
decreasing in size with increasing pressure which is consistent with conclusions from the literature [42].
However, this change in amplitude is less than 1 kPaindicating that increasing the system pressure only has
a minor effect on bubbling behaviour. At a higher U. of 8.0 cm/s the change in amplitude behaviour is no
longer present, and pressure has less of an effect on the bubbling behaviour. It can also be seen that the

there is a wider size distribution of bubbles at all conditions, and no obvious change of bubbling frequency.
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Figure 2-6. Differential pressure time series of 107 um particles in the high bed region. Left: U, = 2.0
cm/s. Right U, = 8.0cm/s.

Gas bubble size correlations are well documented in the literature for a variety of operating conditions [27].
Table 2-3 outlines the various correlations explored in this study and their operating restrictions. Each
correlation depends on the size of the initial bubble diameter at the distributor (dy) which cannot be
measured using the current experimental setup and therefore the commonly used Miwa et al. correlation

(Eq 2-10) is used to estimate this value [27]. The correlation applies for perforated plate distributors.

0.4
A(U-U,
dy = 0.347 (%) [2-10]
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Table 2-3. Bubble size correlations for perforated plate distributors used in this work.

Supporting equations

Operating conditions

Author(s) Correlation
d d 03 0.5 < Uy <20cm/s
- 3H
Mori & Wen [43] b~ % _ exp (_ _> dy, = 1.87d, 60 um < d,, < 450um
dpm — do D U—Ups<48cm/s
D <130cm

Geldart B particles

Cai et al. [44]

dy = 0.138H% (U — Upy)" exp (—2.5 X 1075 (U = Upy)”

-1073(U - Umf))

Bubbling & Turbulent Beds
100 < P <7000 kPa
25 < T <1000°C

091 S Uy <214 cm/s

Choi et al. [45]

(U = Upg)(dp — dp) + 0.474g°5(d}> — d§®)
= 1.132(U — Upy)H

41 <d, <1760 um
10D <122cm
100 < P <7100 kPa
20 < T £1000°C

Horio & Nonaka [46]

D
dpe = Z(_y + 77)2
dpm = 1.87n0'4d0

_2.56(D/g)°?
=
v Ity 4d,. 05
<\/d_b—\/d_be>’7 <Jd_b+ﬁ>" _exp< ﬁ) n=(y2+ [;’"‘) 50<U <50cm/s
D 5=D(Y+77)2 79<D<100cm

Note: all units are dimensioned to centimeters and seconds
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Table 2-4 presents the AARD of the four correlations tested under several operating parameters including

three different particle sizes (95, 107, and 109 pum), a range of pressures from 101 to 2000 kPa.), and gas

velocities ranging from [.1U,yto 4U,y. Three of the four correlations deviate from the experimental value

by more than 150%, but the Mori & Wen [43] correlation provides a more reasonable deviation of 26.4%.

Figure 2-7 presents a comparison of the Mori & Wen [43] correlation results to the experimental values at

varying U/U,yratios. The correlation gives the best predictions for lower ratios between 1.1U,rand 1.6U,y,

but begins to under predict the bubble size as the ratio increases.

Table 2-4. AARD of tested bubble size correlations compared to experimental data.
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“Correlation AARD
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Cai et al. [45] 155.5%
Horio & Nonaka [46] 160.0%
@ 1.1Umf to 1.6Umf
T ©2.0Umf to 2.4Umf
A 2.9Umf to 3.8Umf
I A
A A A
I 0o
o 0%, ©
T 6]
1 YC) Q
0.0 0.5 1.0 15 2.0 25 3.0

Experimental Mean Bubble Size (cm)

3.5

Figure 2-7. Comparison of Mori & Wen bubble size correlation to experimental data using a

proportionality of one.

The comparison of the correlations to the experimental values depends largely on the proportionality

constant used in Eq 2-2. The results discussed above assume a proportionality of one, however, other values
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reported in literature are 1.3, and v/3. Figure 2-8 compares the AARD of each tested correlation at the three
different proportionality constants. It can be seen that the Mori & Wen [43] correlation consistently gives

the best results, however, at the largest proportionality three of the correlations have deviations around

50%.
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Figure 2-8. Comparison of bubble size correlation AARD with varying proportionality constants in Eq
2-2.
Results from the bubble size correlation discussion should be used with caution. Comparison of the absolute
value of bubble size to different bubble size correlations is difficult due to the limitations of different bubble
size measurement techniques and the resulting sensitivity that semi-empirical or empirical correlations have
to their respective methodologies [27]. Further study of the effect of the experimental technique on bubble
size results is recommended to properly understand the implications they have when deriving correlations

from their results.

The method of measurement used in this study also has its own limitations. Should the distance between
the two pressure ports be less than one half the largest bubble size, then the largest bubbles in the region
will be filtered out, thereby skewing the results towards the smaller sizes [32]. However, if the spacing is
too large then the pressure waves resulting from bed oscillations will not be naturally filtered out [47].
Lastly, the proportionality in Eq 2-2 is assumed constant over all operating conditions, but could be different

at lower gas velocities [28]. A varying proportionality constant is more likely in Geldart A particles but
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could still be a factor in these experiments. Efforts have been made in the experimental set-up to limit the

uncertainty of this measurement technique as stated above.
2.4.3 Tube-to-bed Heat Transfer Coefficient

The results for the average tube-to-bed heat transfer coefficient for the 107 um particle size at various
pressures and gas velocity are shown in Figure 2-9. The heat transfer coefficient increases with gas velocity
and pressure and exhibits an optimum with increasing gas velocity at atmospheric pressure and begins to
plateau at higher pressures suggesting possible maxima at higher fluidization numbers (U / Umf). For
Geldart B particles, particle convection is the dominant mode of heat transfer [48] meaning the heat transfer
of these particles is determined primarily by the concentration of particles around the heat transfer tube
(i.e., the local solids hold up) and the rate at which the particles are replaced, (i.e., particle mixing) [37,38].
Increased particle mixing increases heat transfer, but increased voids decreases heat transfer. These two

phenomena work in opposing manners to form a maximum heat transfer coefficient as the gas flow rate is

increased.
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Figure 2-9. Average surface-to-bed heat transfer coefficient for tube bundle.

Pressure is known to increase the heat transfer coefficient [38,49]. For small particles the impact of pressure
is mainly found through better particle convection as opposed to increased gas density. Increasing pressure
increases the quality of fluidization through smaller, more evenly spatially distributed, and more frequent

bubbling [38], all of which contribute to a higher solid hold up around the heat transfer surface and increased
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particle mixing. This phenomenon is also evident in Figure 2-9. As pressure increases, the heat transfer
coefficient also increases, and the maximum value at higher pressures occurs after that of the atmospheric
experiments. Pressure, however, only has a minor effect on the heat transfer increasing the value by 10.6%
from atmospheric to 600 kPaq and by 13.0% from atmospheric to 1200 kPaq at similar fluidization

numbers.

The small influence of pressure likely results from the fact that the hydrodynamics for the particle bed are
not heavily changed by increasing the pressure for this system. The tube bank sleeve prevents the use of
differential pressure measurements to capture the hydrodynamic behaviour inside the particle bed.
Furthermore, drawing conclusions from the previously discussed bubbling behaviour would be
inappropriate since these results do not capture the additional effect of the internal geometry [33,50].
However, investigating the heat transfer coefficient radial profile can give some information on the

hydrodynamic behaviour around the tube [37].

Figure 2-10 presents the radial heat transfer profile at /.5U,,and 2.3U, at varying pressures. The almost
flat profile at the two higher pressures at /.5U,, indicates more homogenous fluidization relative to the
atmospheric results. The 2.3U,, profiles are more dynamic at all three pressures which alludes to greater
heterogeneity of the dense and bubble phases when the gas velocity is increased [37]. The hydrodynamics
of the bed change at a lower gas velocity with increasing pressure but do not change significantly when the
gas velocity is increased. This is also evident in the average heat transfer coefficient where there is a greater
impact of pressure at the lower gas velocities than compared to the higher gas velocities, so long as the
maximum heat transfer coefficient has not yet been reached. The low impact of pressure can therefore be

explained by the lack of influence that pressure has on the hydrodynamics around the heating tube.
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Figure 2-10. Radial profiles of heat transfer coefficient around heat transfer tube at 1.5Unr (left) and
2.3Unms (right).

The heat transfer coefficient at varying gas velocities and pressures for the single tube configuration is
shown in Figure 2-11 to demonstrate the applicability of this tube bundle design. The heat transfer
coefficient at similar fluidization numbers is higher in the single tube relative to the tube bundle by an
average of 9.2% alluding to marginally better particle circulation due to the lack of surrounding tubes.
Without the surrounding tubes to break-up passing gas bubbles, particle circulation will increase and

therefore will increase the heat transfer coefficient. Pressure also has little impact similarly to the results
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presented with the tube bundle. Again, the lack of influence pressure has the on bubbling behaviour likely

causes the low influence of pressure on the heat transfer.
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Figure 2-11. Average surface-to-bed heat transfer coefficient for single tube.

It is useful to study the predictive behaviour of available literature correlations for the tube-to-bed heat
transfer coefficient. The Molerus et al. [51] correlation (Eq 2-11 to 2-13) for heat transfer is a semi-
empirical correlation which considers both particle and gas convection (first and second terms respectively
on the right hand side of Eq 2-11) on the overall heat transfer coefficient, making it a promising correlation
for predicting pressurized heat transfer. The correlation was validated for particle sizes between 74 and

4000 um, particle densities up to 11,800 kg/m?, pressures up to 2000 kPa(,), and temperatures up to 1050K.
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Furthermore, the Grewal & Saxena [48] correlation (Eq 2-14) is tested due to its recently determined
applicability to ilmenite ore between 400°C and 900°C [25]. The correlation requires the knowledge of the
solids hold up, and therefore correlation developed by Grewal [52] is used (Eq 2-15). The authors developed
the correlation for particles diameters less than 504 um at ambient temperature and atmospheric pressure
making the dominant heat transfer mechanism particle convection. Grewal & Saxena validated the
correlation for particle sizes between 136 and 1450 pm, particle densities up to approximately 5000 kg/m’,

heat transfer tube diameters of 0.0508 to 0.127 m, and temperatures up to 1373 K [48].
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Figure 2-12 compares the experimental heat transfer coefficient found with the tube bundle to the predicted
value from the two correlations at three pressures. The Grewal & Saxena [48] correlation over predicts the
heat transfer coefficient and does not have a large influence of pressure due to the small influence of gas
density in correlation. The AARD for the 101 kPa,), 600 kPa(), and 1200 kPag) are 35.9%, 19.9%, and
17.8% respectively.
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Figure 2-12. Comparison of Molerus et al (M) and Grewal & Saxena (GS) correlations to experimental

heat transfer coefficient values for the tube

bundle.
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The Molerus et al. [51] correlation predicts well at 101 kPag) with an AARD of 18.9%, but over predicts
with increasing pressure. The AARD increases to 37.2% at 600 kPa,), and finally 49.3% at 1200 kPag,).
The relative contributions of gas and particle convection predicted by the correlation are not indicative of
the experimental data, with the correlation attributing more impact to gas convection. Pressure will
influence the gas convective contribution significantly more than the particle convection term [29] and
therefore will result in increasing over predictions for this system in which the tube-to-bed heat transfer

coefficient is primarily reliant on the particle convection mechanism.

2.5 Conclusions

Pressure effects were investigated on the hydrodynamics of ilmenite ore particles of varying sizes.
Specifically, the minimum fluidization velocity, bed void fraction at minimum fluidization, and gas bubble
size were investigated. Minimum fluidization velocity was found to remain constant for the smaller particles
(95 um and 107 um) and decrease for the larger particles (236 um) over fluidizing pressures of 101 kPa,
to 2000 kPa,. For smaller particles (ds< 109 um) the Saxena & Vogel [30] correlation fit best, while for
larger particles (dsv> 236 pum) the Chistester ef al. [41] correlation fit best. The bed void fraction at the
minimum fluidization velocity was found to be 0.50 and 0.47 for the smaller and larger particles,
respectively. The shape-void functions, and by extension the sphericity and bed void fraction at minimum
fluidization, are also found to be the largest determinant of whether a literature correlation will accurate

predict the minimum fluidization velocity.

Mean bubble size was found to be marginally impacted by pressure, but significantly affected by excess
gas velocity. Differential pressure time series provided a qualitative indication that the bubble size estimates
could be used with some confidence to determine experimental trends. Four correlations for bubble
diameter assuming perforated plate distributors were compared to the experimental results. Most
correlations deviate from the experimental results by more than 150% however, the Mori & Wen [43]
correlation was found to more closely predict experimental results. The Mori & Wen [43] correlation better
predicted the bubble size at lower U/U,s values between 1.1 and 1.6, with higher ratios being under

predicted. Further analysis of the impact of measurement techniques on correlation derivation is required.

The convective tube-to-bed heat transfer coefficient was determined at three pressures for the 107 pm
particle size for both a tube bundle and single tube. A maximum value is observed as fluidization velocity
is increased resulting from counteracting phenomena of decreasing local solids hold-up and increased solid
mixing. Pressure was found to increase the heat transfer coefficient only marginally relative to gas flow
rate. The fluidization behaviours around the tube were inferred from the local heat transfer coefficient

profile along the circumference of the tube.
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The Molerus et al. [51] and Grewal & Saxena [48] correlations were compared to the experimental heat
transfer values. The Saxena & Grewal correlation over predicted the heat transfer coefficient, while the
Molerus et al. [51] correlation matched the atmospheric values, but over predicted the pressurized results

due to an overestimated contribution of heat transfer via gas convection.

Fluidized reactor design implementing ilmenite ore as an oxygen carrier can now be conducted with
increased confidence at both atmospheric and pressurized conditions. Given the wide variation of literature
correlation predictions presented here for fundamental design parameters, it is recommended that
experimental work be conducted for those systems implementing small and dense particles at elevated

pressures.
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Abstract

The multiphase particle-in-cell (MP-PIC) approach was used to model the hydrodynamics of five different
ilmenite particle size distributions in a high pressure cylindrical fluidized bed. The model was created using
the commercial software Barracuda Virtual Reactor® and validated against previously obtained
experimental data. The model was able to replicate the experimental results for minimum fluidization
velocity and was found to be dependent on the model input close pack factor. A close pack factor of 0.58
resulted in the best alignment between model and experiments with an average absolute deviation (AARD)
of 3.9%. Trends in bed expansion with fluidization ratio and pressure were well represented by the model,
but the simulation consistently underpredicted experimental values by an average of 4.8%. The model was
able to demonstrate the expected trends for the bubble size distribution with change in relation to
fluidization ratio, pressure, and elevation. The mean bubble diameter calculated by the model deviated on
average by 18.7% from the experimental results. The Mori & Wen correlation for bubble growth was

adapted to the mean bubble diameter growth determined from the model resulting in an AARD of 22%.

Keywords: Multiphase Particle-in-Cell, bubbling fluidization, pressurized fluidized-bed, Computational
Particle Fluid Dynamics (CPFD)
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Nomenclature

Variables
A Discrete particle acceleration (m/s?)
Cq Drag Coefticient (-)
D Drag Function (s™!)
D, Wen-Yu Drag Function (s™!)
D, Ergun Drag Function (s™!)
D, Bubble diameter (cm)
D, Mean bubble diameter (cm)
Dy max Maximum bubble diameter in distribution (cm)
AP Pressure differential (kPa)
Az Height differential (m)
F Interphase rate of momentum transfer (N)
f Particle distribution function (-)
f(Dy) Probability density function at given bubble size (-)
g Acceleration due to gravity (m/s?)
H Bed height (m)
K Proportionality constant (Eq 3-16)
m Mass (kg)
N Number of orifices in distributor plate (-)
p Pressure (Pa)
P, Solids Pressure term (Eq 3-7) (Pa)
Re Reynolds Number = %tf_us' (-)
Ty Particle radius (m)
t Time (s)
U Superficial gas velocity (m/s)
u Velocity (m/s)
X Position (m)
Greek Letters
p Solids stress function term (Eq 3-7) (-)
€ Solids stress function term (Eq 3-7) (-)
U 1% statistical moment (mean) (cm), viscosity (Pa s)
p Density (kg/m?)
o 27 statistical moment (standard deviation) (cm)
T Stress tensor (Pa)
0 Volume fraction (-)
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Subscripts

AP Pressure differential
f Fluid phase
fixed Fixed bed conditions
fluidized Fluidized bed conditions
mf Minimum fluidization
s Solid phase
Acronyms
AARD Average Absolute Relative Deviation = %Z lxexpezzztr‘i;i’zzdimdl x 100%
AR Air Reactor
CCUS Carbon Capture, Utilization, and Sequestration
CFD Computational Fluid Dynamics
CLC/R Chemical Looping Combustion / Reforming
CPFD Computation Particle Fluid Dynamics
FR Fuel Reactor
KTGF Kinetic Theory of Granular Flow
MP-PIC Multiphase Particle-in-Cell
oC Oxygen Carrier
TFM Two Fluid Model
XRF X-Ray Fluorescence

Note: vector quantities are bolded
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3.1 Introduction

Chemical looping combustion and reforming (CLC/R) have emerged in recent years to be promising next
generation carbon capture, utilization, and sequestration (CCUS) technologies to produce clean heat, steam,
and hydrogen [1-3]. CLC/R operates on the fundamentals of oxyfuel combustion but incorporate oxygen
carriers (OC) to provide inherent oxygen production in place of using an air separation unit [3]. The OC is
looped between two separate reaction chambers, denoted as the air and fuel reactors (AR and FR
respectively), in which the OC undergoes cyclic oxidation and reduction reactions. Oxidation occurs within
the AR and reduction occurs within the FR, thereby providing the necessary oxygen for fuel combustion
without direct contact of fuel with air. [lmenite ore is a promising candidate for an OC given its favourable
thermodynamic properties and high reactivity with syngas [4—6]. [lmenite exhibits relatively low reactivity
with methane at atmospheric pressure [7-9], but the reactivity can be improved by increasing the partial
pressure of methane through increased operating pressure [10-12]. In addition, increased operating
pressures have been shown to have many technical and economic benefits to the full CLC/R processes

[13,14].

Computational fluid dynamic (CFD) modeling has become an increasingly useful tool for investigating the
hydrodynamics of gas-solid fluidized beds [15]. The technique allows for extensive exploration of
conditions that could otherwise be too difficult or expensive to conduct experimentally such as in the cases
of high pressure or high temperature operation. Furthermore, CFD can give insights into fluidized bed
properties that would be difficult to determine in an experimental setting. There are two traditional
frameworks for CFD modeling of fluidized beds [16,17]: 1) Eulerian-Eulerian Framework and 2) Eulerian-

Lagrangian Framework.

The Eulerian-Eulerian framework, also referred to as the Two Fluid Model (TFM), represents both the fluid
and particle phases as interpenetrating continua [18]. The behaviour of the two phases are modeled using
their respective volume averaged mass and momentum balances. Closure terms are determined based on
the Kinetic Theory of Granular Flow (KTGF) [18,19] and sub-models for particle drag, phase interactions,
and geometry interactions [16,18]. The TFM approach allows for efficient modeling of large volumes but
sacrifices the resolution of the particle phase since it treats the entire phase as a single entity. Separate
equations would be required for each particle diameter to model polydisperse systems which would in turn
increase the computational demand. There are concerns with how well the TFM can represent meso-scale

structures such as gas bubbles and clusters within a fluid bed, particularly for Geldart type A particles [17].

The Eulerian-Lagrangian framework differs from the Eulerian-Eulerian approach by modeling the particle

phase using discrete entities. The movement of particles is calculated by solving the Newtonian equations
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of motion for each entity allowing for simpler modeling of polydisperse systems, but at a cost to

computational efficiency since each individual entity must tracked throughout the simulation [16,20].

The multiphase particle-in-cell (MP-PIC) approach [21-23], also referred to as the computational particle
fluid dynamic (CPFD) method, aims to mitigate the high computational demand of Eulerian-Lagrangian
methods by grouping particles with similar properties (mass, velocity, position, etc.) into computational
parcels and treating the solid phase as both discrete entities and a continuum. Particle phase properties are
either solved in a Eulerian or Lagrangian framework, depending on the property. For example, particle
stresses are difficult to calculate for individual particles in dense particle loadings (>5wt%) [22], so the MP-
PIC method uses an Eulerian framework to calculate particle stress gradients, and then maps the stress to
the discrete particles using linear interpolation operators [21,22]. As such, the MP-PIC method can
efficiently model systems with large numbers of particles without sacrificing particle phase resolution

excessively.

Barracuda Virtual Reactor ® is a commercial software that employs the MP-PIC method to model fluid-
particle systems. It has been used to explore a wide variety of systems including bubbling fluidized beds
[17,24-32], fluidized bed risers [33—37] and downcomers [38], full circulating fluidized beds [39—43], and
dual interconnected circulating fluidized beds [44—47]. Most of these works compared MP-PIC results with
experimental findings through qualitative comparison of flow structures or quantitative results with

reasonable amounts of success.

In particular, the MP-PIC method has been validated considering a wide range of atmospheric pressure
bubbling fluidized bed data for minimum fluidization, bed expansion, and bubble size distributions.
Amarasinghe et al. [26] and Jayarathna [27] successfully modeled the minimum fluidization of Geldart type
A, B, and D particles using the MP-PIC method under ambient temperature and pressure. Shao et al [24]
extended their work by validating the method using minimum fluidization data obtained at high operating
temperatures and pressures, and demonstrated the expected trends in minimum fluidization with particle
size, particle density, operating pressure, and operating temperature. Solnordal et al [28] applied the
modeling approach to simulate a two chamber internally circulating bubbling fluidized bed. They compared
both quantitative results for particle circulation rate and qualitative bubbling behaviour around the heat
exchanger bundles with reasonable success. Karimipour & Pugsley [25], and Vashisth et al [17] found the
MP-PIC method could accurately predict the bed expansion of Geldart type A particles without
modification to the drag law they had implemented. Park et al [32] were able to model the segregation of
char particles in a bubbling fluidized bed using various distributor nozzle arrangements. Lastly, Fotovat et
al [29] found that the MP-PIC approach could reasonably predict the bubble size distributions, as well as

the first, second and third statistical moments (mean, standard deviation, and skewness respectively) of the
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distribution for a biomass-sand bubbling fluidized bed operating under ambient conditions and various

biomass loadings.

This work evaluates the applicability of the MP-PIC method in modeling the hydrodynamics of a
pressurized bubbling fluidized bed operating with ilmenite particles that are relatively small, high density
Geldart type B particles. Specifically, this work aims to explore the ability of the MP-PIC method to predict
appropriate trends and values for minimum fluidization velocity, bed expansion, and mean bubble size in a
pressurized bubbling fluidized bed without significant alteration to the default input values. The results are
validated using previously obtained experimental values [48]. Analyses of the simulated bubble size
distributions and bubble size growth rates were also performed to demonstrate how the MP-PIC method
can explore other fluidized bed properties not recorded by the experimental set-up. Barracuda Virtual

Reactor ® v17.4.1 is used to perform the simulations.

3.2 Experimental program

Details of experimental set-up and experimental results are explained elsewhere [48,49]. Briefly, the system
contains a 2.8 m tall cylindrical, high-pressure fluidized bed column with an internal diameter of 0.15 m.
The distributor is a perforated plate containing 61 holes of 6 mm diameter. Differential pressure taps are
located at various heights along the column. The bed is split into two vertical regions for bubble size
measurements denoted as the mid and high bed regions. The mid bed region begins at a height of 0.17 m
and ends at 0.32 m, while the high bed region begins at a height of 0.32 m and ends at 0.47 m. Experimental
results of tests in which ilmenite was fluidized at high pressure [48] are compared with the modeling results

obtained in this work. The specific conditions considered, and the data collected are presented in Table 3-1.

Table 3-1. Experimental operating ranges and measurements compared with modeling results.

Sauter Mean Operating  Fluidization Measurements
Particle Pressure(s) Ratio(s)* s
Diameter (kPa) (U/Upng) M%n%mu-m Bed Mean Bubble
(wm) Fluidization . .
. Expansion Diameter
Velocity

95 101 - 2000 20-24 X X X
107 101 - 1200 1.1-3.8 X X X
109 700 2.0 X X X
236 101 - 2000 N/A X

321 700 N/A X

*Fluidization ratios for bed expansion and mean bubble size measurements
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3.3 Model description

3.3.1 Multiphase particle-in-cell method governing equations

The MP-PIC approach models the fluid phase as a continuum using the volume averaged Navier-Stokes
equations on a Eulerian grid [21-23]. The fluid phase continuity equation and momentum balance are

shown in Eq 3-1 & 3-2, respectively. The rate of interphase momentum transfer, F, is described by Eq 3-3.

a(gfpf)

o TV (6rppus) =0 [3-1]
(05 pey)
1
F = ff fmg [Ds(uf —ug) — p—Vp] dmgdug [3-3]
S

The solid phase is described using a particle distribution function (Eq 3-4). The particle distribution function
is the local number density of particles multiplied by the local probability distribution function of particle
properties that are important to the application, for example the mass and velocity of particles, mg and ug.
Therefore, Eq 3-4 describes the average number density of particles at a given location and time with mass

in the interval (mg + dmy) and velocity in the interval (ug + dug).

f(x,mg, ug, t)dmgdug [3-4]

Taking the time rate of change of Eq 3-4 gives a Liouville equation, a mathematical expression for the
conservation of particle numbers (Eq 3-5), which conserves the number of particles within each parcel
volume as they move along the trajectories in particle phase space.

af

a‘*'vx'(fus)-l'vus'(f‘q):o [3-5]
The particle acceleration, A4, is calculated using Eq 3-6. The terms in Eq 3-6 explain the particle acceleration
due to aerodynamic drag, pressure gradient, gravity, and interparticle stresses. The MP-PIC method
inherently models particle size distributions since it solves the full particle distribution function, and the

drag term in Eq 3-6, D, implicitly couples the fluid and solid phases [22].

1
A =Dy(us —uy) — p—Vp +g-— V1, [3-6]
S

0505

In conserving particle numbers (Eq 3-5) the assumption is made that there is no particle break-up or particle-

particle collisions. Instead, the collective influence of neighbouring particles on the particle acceleration is
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approximated by the normal particle stress function (Eq 3-7). The function is calculated on the Eulerian
grid using the particle close pack factor, 8.p, before being mapped to the discrete particle entities by
employing linear interpolation operators between the gird and particle positions. The close pack value is
defined as the maximum volume fraction of the particles within a given cell. The particle stress function is
based on the stress function of Harris & Crighton [50], but the denominator has been modified to avoid a
singularity when the particle volume fraction equals the close pack value. As the solids volume fraction
approaches a close packed state, the influence of neighbouring particles on particle acceleration approaches
its maximum, making the close pack factor a highly influential parameter for dense phase flows. The close
pack value is influenced by the particle size distribution and particle shape making the value somewhat

arbitrary according to Snider [21].

B
- Ps6s [3-7]
max|[0cp — 65, (1 — 6,)]

3.3.2 Drag model

The drag model used in this work is the blended Wen-Yu/Ergun drag model (Eq 3-8) based on previous
works modeling bubbling fluidized beds using the MP-PIC method [17,24-28]. The model uses the local
solids volume fraction to calculate a weighted average of the Wen-Yu (Eq 3-9 & 3-10) and Ergun (Eq 3-
11) drag models between solids volume fractions of 0.758.p and 0.858,.p. When solids concentrations are
below this range, the Wen-Yu model is used to calculate the drag, while the Ergun model is used when the
solids concentration is above the interval. This model can therefore predict the change in drag forces due
to local solids volume fraction making it well suited to model the lean and dense phases of a bubbling

fluidized bed. It should be noted the drag law is also influenced by the close pack value.

Dl 95 < 0'759CP

(85 — 0.756p) ) 0.750p < 0, < 0.850.p [3-8]
0-850CP - 0756CP

D= (Dz —D1)

D, 65 > 0.856;p
_ Ecdpfluf — Uy 3-9]
T8 e
2_49—2.65 Re < 0.5
Re /
Cq = %9;2.65(1.0 + 0.15Re687) 0.5 < Re < 1000 [3-10]
0446 %2 Re > 1000
1806, )
(Tores + 2) (oslay — )
O:Re FIRf s }
D, = 05-% [3-11]
pSrS
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3.3.3 Model geometry and boundary conditions

The computational mesh is shown in Figure 3-1. Only the lower half of the 2.8 m long column is constructed
in the mesh since the maximum static bed height used in the experiments was approximately 0.5 m and
particle elutriation was not observed during experiments. The truncation of the column allowed for a higher
concentration of cells within the fluidized bed given computational restraints. A pressure boundary
condition is defined at the top of the mesh and is set equal to the desired operating pressure. The initial
conditions of the system are stagnant air, and either 25 kg of solids for the three smallest particle sizes or
9.8 kg of solids for the two largest to emulate the experimental conditions. The particle size distributions
used in the model were determined through sieve analysis of the particles used in the experiments. The
ilmenite particles were modeled on its constituent compounds in its oxidized form determined from XRF
analysis [14]: 30.7wt% Fe O3, 45.4wt% Fe TiOs, 21.4wt% TiO, 2.5wt% inert material (assumed SiO,).
The other important model parameters (Table 3-2) are taken from the default and recommended values by

the software developers [51]. All simulations are completed under isothermal conditions at 300 K.

Table 3-2. Model parameters used in this work.

Parameter Name Value
Gravity, m/s? 9.81
Close pack value 0.58
Maximum momentum redirection from 40%
collision

Normal-to-wall momentum retention 0.85
Tangent-to-wall momentum retention 0.85
Diffuse Bounce 0
P; (Eq 3-7), Pa 10
B (Eq 3-7) 3

e (Eq3-7) le-08
Turbulence model Large Eddy Simulation

The fluidizing air is injected uniformly through 61 injection points located at the base of the mesh to
replicate the perforated plate distributor. A given air mass flow rate is held constant for 5 seconds to achieve
steady-state conditions, and then data is collected for an additional 5 seconds. For a more in depth

explanation of the high pressure CPFD model refer to Appendix B.
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Figure 3-1. Computational mesh of the high-pressure cylindrical bubbling fluidized bed with fluid
injection points shown.

The influence of the mesh on the model results was tested by comparing the axial pressure drop profile and
axial average solids volume fraction profile at three different mesh resolutions: 106,329 cells (coarse),
139,948 cells (medium), and 180,900 cells (fine). The absolute average relative deviation (AARD) in
average solids volume fraction between the coarse and medium resolution mesh is approximately 10%,
whereas from the medium to fine mesh the AARD is less than 1% at any axial location. Similarly, the
pressure drop axial profile presented an AARD of less than 0.5% between the medium and fine mesh. For

computational efficiency, the medium mesh resolution was thus selected for future work.

3.4 Results and discussion

3.4.1 Minimum fluidization

The minimum fluidization velocity was determined using the pressure drop method for both the
experiments and model [52]. The pressure drop over the entire fluidized bed (4P) is measured at various
superficial gas velocities. The gas velocity is first increased to overcome the hysteresis often found using

this method, and then decreased. The data for the decreasing superficial gas velocity is then used to
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determine the minimum fluidization velocity through the intersection of the lines plotted to approximate
the pressure drop under fixed bed and fluidized bed conditions (Figure 3-2). Note, calculation of model

results is performed with a decreasing gas flow rate in order to reduce calculation time.

16
14 £ Fluidized bed
i Bl e
12 + /m
’(? .IIQ
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a Fixed bed
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g 81 o Minimum
2 A fluidization
[72] 6 T /
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o L /’i
4 1 A/A E Decreasing experimental
5 /- @ Increasing experimental
- A CPFD data
O
0 0.05 0.1 0.15 0.2 0.25

Superficial gas velocity (m/s)

Figure 3-2. Method of determining minimum fluidization velocity. Results for 236 um particles at 2000
kPa shown.

The importance of the close pack factor in determining an accurate minimum fluidization velocity through
the model should be noted. The value of the close pack factor influences the pressure loss in the fixed bed
region since the pressure loss in the fluidized bed region is only dependent on the weight of the suspended
particle bed. As the close pack factor increases, the pressure drop in the fixed bed will increase causing a
steeper slope in the fixed bed line, therefore the intersection of the fixed and fluidized bed lines will shift
to lower superficial gas velocities. The predicted minimum fluidization velocity will therefore decrease as

the close packing factor increases.

Two experimental conditions were selected to determine the appropriate close pack value for the model
(Table 3-3). The close packing factor was varied between the recommended values of 0.55 to 0.60 [51],
with results presented in Figure 3-3. For both experimental conditions evaluated, a close packing factor of
0.58 resulted in the lowest relative error between the model and experimental results. An AARD of 2.6%

and 1.8% were calculated for experiments A and B, respectively.
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Table 3-3. Experimental conditions for subset to determine close pack value.

Operating Condition Experiment A Experiment B

Sauter Mean Particle Diameter (um) 95 236

Operating Pressure (kPa) 2000 1000

Bed Mass (kg) 25 9.8

A 0.05 30% B 0.15 30%
EUmf CPFD
go o = Relative %Error 25%;&) g o1 Un=0.12m/is 25% +
. Z£= d
z £ = £
8 U, =0.031 m/s 20% & 8 20% ¢
2003 = H—1Fr—Pr—M—m——— _ch 2 0.09 _g
s T 5 3
= 0, = o/ =
ﬁ N 15% 5 ﬁ : 15% :
2 0.02 y & 2006 i I £
= N 0% = N 0%
§ y o.g E M & ’ g
£0.01 \ 3 £0.03 N R :
- N 5% @& £ . N N 5% e
\ \ N R
0.00 \ 0% 000 Al D NN gy
0.55 0.56 0.57 0.58 0.59 0.60 0.55 0.56 0.57 0.58 0.59 0.60
Close packing factor (-) Close packing factor (-)

Figure 3-3. Predicted minimum fluidization values for A) 95um at 2000 kPa and B) 236 pm at 1000
kPa for various close packing factors.

Applying a close pack value of 0.58 to the full set of conditions results in accurate predictions of the
minimum fluidization velocity (Figure 3-4). The model predicted the decrease of minimum fluidization
velocity with pressure for larger particle size, and a lack of influence of pressure for smaller particles in
accordance to literature [24,48,52—54]. The model predicted the full set of experimental values within an
average absolute relative deviation of 3.9%. The AARDs in order of increasing particle sizes are 4.2%,
4.4%, 2.0%, 2.8%, and 9.1%, showing little change in the accuracy of the model with particle size except
for the largest particles. The model accuracy also is independent of the operating pressure, varying from

and AARD of 1.5% to 6.6% over the range modeled.
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Figure 3-4. Comparison of experimental (Exp) and model (CPFD) predicted minimum fluidization
values.

3.4.2 Bed expansion

Bed expansion was measured experimentally using the relationship between in-bed differential pressure
measurements and bed height as shown in Eq 3-12 & 3-13. A distance of 0.3 m was used between the

pressure ports, Az, and the fixed bed solids volume fraction, & r;yoq Was taken as the close pack factor of

0.58.
Hfluidized _ gs,fixed [3_12]
Hfixed gs,fluidized
1 AP
g . . = e ——— -
s,fluidized g(ps _ pg)AZ [3 13]

The bed expansion predicted by the model was determined by spatially averaging the solids volume fraction
over a plane at various axial locations. A plot of the solids volume fraction versus height was created, and
the fluidized bed height was determined to be the height at which the solids volume fraction is zero. The

fixed bed height was determined in an identical way when the fluidizing gas mass flow was set to zero.

Figure 3-5 compares the experimental and simulated bed expansion results as they vary with fluidizing ratio
and operating pressure for the 107 um mean particle size. The model results generally under predicted the

experimentally determined expansion but reflected the observed trends. As the fluidization ratio increases,

49



more gas flows into the bubble phase which in turn increases the expansion through an increase in gas
bubble holdup. Furthermore, Mclntyre et al [48] found little impact of pressure (for the same range operated

here) on the bed expansion of these particles, which is reflected in the model results.
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Figure 3-5. Comparison of experimental (Exp) and model (CPFD) results considering bed expansion
with varying pressure and fluidizing ratio for a mean particle diameter of 107 pum.

Comparing the full set of experimental and model results for the three measured particle sizes (Figure 3-6)
shows a general under prediction by the model. However, the AARD between the model and all the
experimental values was 4.8%, meaning the model reflected the system well. It should be noted that the 95
um average particle size resulted in greater errors, but still gave reasonable results (AARD of 9.5%). Better
predictions for the bed expansion could be achieved by fine tuning the other input parameters but would

limit the extension of the model to other operating conditions and is therefore not investigated here.
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Figure 3-6. Comparison of bed expansion experimental data set to CPFD results. Percentages show
relative deviation with 45° line.

3.4.3 Gas bubbles
3.4.3.1 Size distribution

Images of axial planes were used to determine the bubble size distributions from the model (Figure 3-7).
Images were taken at multiple radial locations and time steps to determine a representative size distribution.
A contour of the solids volume fraction was first produced and then masked to produce a high contrast
image by using a threshold solid volume fraction of 0.4 to denote the edges of gas bubbles. The image
processing software ImageJ was then used to calculate the projected area of the bubbles from the masked
image, and a final bubble size was determined by calculating the diameter of an area-equivalent circle. It
should be noted that the area used to calculate the diameter was the maximum area projection of a given
bubble. This was accomplished by comparing the projected areas of a given bubble at various radial
locations and using the maximum value for area. The bubbles were tracked along the radius by their height.
The vertical location of the gas bubble was determined by the location of the bubble center [48]. The first
and second statistical moments of the number distribution (Eq 3-14 & 3-15) were used to calculate an
average bubble diameter and the broadness of the distribution, respectively. Note, since the recorded data

is not continuous, the discrete forms of Eq 3-14 & 3-15 with bin sizes (ADy;) of 1.0 cm, and the midpoint

value of a given bin is used as the bubble size (Dp,;).
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Figure 3-7. CPFD gas bubble analysis procedure for 107 pm particles operating at 600 kPa and a
superficial velocity of 2.2 Umf. A) Particle volume fraction contour image showing gas bubbles B)
High contrast masked image of projected bubble areas C) ImagelJ analysis of gas bubble edges.
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Figure 3-8 displays the model bubble size distribution in different height intervals of the fluidized bed. Note
the last two intervals correspond to the experimental mid and high bed regions. The distributions shift to
larger bubble sizes along the height of the column due to bubble coalescence, which adheres to literature
trends [52,53]. The coalescence is demonstrated by the broadening of the distribution and the appearance
of larger bubble sizes in the higher bed regions. Furthermore, the model shows that bubble growth occurs
primarily in the lowest region of the bed. Mean bubble diameter increases from the first to second interval
by 167% on average but only increase by 22% from the fifth to sixth interval. Lastly, the high number of
bubble diameters in the range of 0.0 to 1.0 cm in the lowest region of the bed indicate the presence of a
relatively uniform initial bubble size just above the distributor, which can also be seen visually in Figure

3-7.
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Figure 3-8. Bubble size distribution along the fluidized bed height for the 107 pm particles, operating
at 2.2Unrand 101 kPa.

Similarly, Figure 3-9 demonstrates the effect of fluidization velocity on bubble size distribution, showing
an increase in the breadth of the bubble size distribution with velocity, as well as the mean bubble diameter.
This effect is evident by the appearance of larger bubbles (D;, >5 cm) at 2.2 and 3.8 Uns, and the overall
broadening of the distribution at the increased gas velocities. When the fluidization velocity is increased
from 1.6 Ups to 2.2 Upy, the mean bubble diameter increases by 28.2% and the standard deviation of the
distribution increases by 51.1%. Increasing the superficial gas velocity to 3.8 Ups further increases the mean

and standard deviation of the distribution by 30.3% and 44.6% respectively.
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Figure 3-9. Bubble size distribution at three fluidization velocities in the high bed region for the 107
um particles at 600 kPa.

Figure 3-10 shows a marginal effect of operating pressure on the distribution relative to the effects of axial
location and fluidization velocity. There was found to be no statistical difference in the means between any
pressure. This lack of impact of pressure on the mean bubble size is also reported in the experimental results

[48].
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Figure 3-10. Bubble size distribution at three operating pressures in the high bed region for the 107 pm
particles at 2.1 Upy.
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3.4.3.2 Gas bubble size validation

The experimentally derived mean gas bubble diameters were determined using the proportionality
relationship in Eq 3-16 [55], where the proportionality constant, K, has been reported to be 1 [55], 1.3, or
V3 [56] for Geldart type B particles. Figure 3-11 compares the model results against the experimental data
when a value of V3 was used as the proportionality constant. The model predicts the mean bubble size with

an AARD of 18.7% which is consistent with deviations found in literature for MP-PIC models [29].

J— OAp
Dy =K —F——— [3-16]
g(1 - gmf)pp
6.0
. @ Mid Bed Data
g A High Bed Data 20%
50 +
% -20%
€
.0
o 40 1 A
e N A
0
3 0 °
8 3.0 | s
e QL
& A A ..o
g ) o ©
020 + ®
L L
o L
o i
1.0 ¥ —— e :
1.0 2.0 3.0 4.0 5.0 6.0

Experimental mean gas bubble diameter (cm)

Figure 3-11. Comparison of experimentally and model derived mean bubble size. Percentages show
relative deviation with 45° line.

3.4.3.3 Gas bubble growth

The bubble size growth throughout the fluidized bed was evaluated at low heights using the validated model
results thereby overcoming a limitation of the experimental set up [48]. This bubble growth was then
compared to the Mori & Wen [57] correlation for bubble size growth (Eq 3-17) to determine the
applicability of the correlation to the simulated operating conditions. Note, the correlation requires an
estimate of the initial bubble diameter (Dpy) and the bubble diameter approached if unrestrained
coalescence were to occur in a sufficiently tall column, noted here as the maximum bubble diameter (Dy,,)

which are given by Eq 3-18 and Eq 3-19 respectively [57,58]. Figure 3-12 compares the model derived
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mean bubble diameter and the Mori & Wen [57] correlation predictions along the height of the column at

three pressures.

Dpy — Dy

0.3H
27 —exp (— ) [3-17]
Dpm — Dpo D,
0.4
A (U - Umf)>
D, = 138 — "~ [3-18]
b0 < Ng0.5
0.4
A(U-U
Dpy = 2.59 (%) [3-19]

The Mori & Wen [57] correlation correctly predicts the low impact of pressure, but overestimates the bubble
size throughout the height of the fluidized bed. The overestimate can be attributed to the initial and
maximum bubble diameter estimates. A modified Mori & Wen (Modified M&W) correlation was derived
by altering the empirical proportionality coefficients present in Eq 3-18 and 3-19. By minimizing the sum
of squares of the error between Eq. 18 and the initial bubble diameters predicted by the CPFD model (from
z =0 to 2 cm), a new coefficient of 0.71 was determined. Similarly, the coefficient in Eq 3-19 is changed
by minimizing the sum of the square of the errors between the bubble diameter correlation and the CPFD
data, resulting in a new coefficient of 1.62. The modified M&W correlation is presented in Figure 3-12

along side the model bubble diameter data at three pressures.
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Figure 3-12. Comparison of the CPFD mean bubble size and Mori & Wen predicted bubble diameter
along the fluidized bed height for the 95 um particles at 2Upyy.

When compared to the full gas bubble data set, the Mori & Wen correlation resulted in an AARD of 73%,
while the Modified M&W aligned better with an AARD of 22%. It is important to note that the growth
factor of 0.3 was not changed, implying the accuracy of the Mori & Wen correlation lies with the supporting

correlations for initial and maximum bubble diameters.

3.5 Conclusions

Experimental data from a high-pressure cylindrical bubbling fluidized bed was compared to a
computational model using the multiphase particle-in-cell approach in Barracuda Virtual Reactor® v17.4.1.
The accuracy of the model in predicting the minimum fluidization velocity of various ilmenite particle sizes
(95, 107, 109, 236, and 321 pm) at various pressures (101 to 2000 kPa) was found to be dependent on the
input value of the close packing factor. A parametric study found that a close pack value of 0.58 was well
suited to determine the minimum fluidization velocities of all the particle size distributions at each pressure,

within an AARD of 3.9%.

A study of the bed expansion found that the model was able to represent the experimental trends with
increasing fluidization velocity and operating pressure. The model was also able to predict the bed
expansion values within an AARD of 4.8%, but with consistent under prediction. This under prediction
appeared to be dependent on particle size, with the 95 um particle size resulting in a larger deviation but

remaining below 10%.
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The effects of axial location, fluidization velocity and operating pressure on the bubble size distributions
reported by the model were also explored. The results showed an increase in both mean bubble diameter,
and distribution broadness with increased axial elevation and fluidization velocity which followed expected
trends. The effect of pressure was also found to be statistically insignificant, which aligns with the
experimental findings. The mean bubble diameters deviated on average by 18.7% when the experimental

values were calculated using a proportionality constant of V3.

A comparison of the Mori & Wen bubble size growth correlation was compared to the bubble size growth
derived from the CPFD data. The correlation over predicted the simulated bubble diameters by an average
of 73%. Reductions to the empirical constants of the supporting correlations for initial and maximum bubble
diameters resulted in an improved AARD of 22% with the simulated data without modifying the growth
constant. The Mori & Wen equation can therefore be used to predict the axial growth of gas bubbles, but

caution must used when estimating the initial and theoretical maximum bubble diameters.

In summary, the MP-PIC method was able to describe the hydrodynamic trends of the pressurized bubbling
fluidized bed well. The quantitative results of the model were found to be dependent on model input
parameters, so it is recommended that MP-PIC model results be validated using experimental data to ensure

accurate predictions.
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Abstract

A novel reactor design is proposed for chemical looping combustion. The Plug Flow Internally-circulating
Reactor (PFIR) consists of an annular fluidized bed region operating in the bubbling regime. The reactor is
separated into two different sections by baffles with underflow slots to allow for solids passage. The solids
are circulated around the reactor with angled fluid jets. A CPFD (Computational Particle Fluid Dynamics)
model of the PFIR was created using the multiphase particle-in-cell method to investigate the effects of
superficial gas velocity, jet velocity, and bed mass on solids circulation rate and gas infiltration rate between
sections. The circulation rate of solids was found to be dependent on the rate of horizontal fluid momentum
entering, requiring a minimum rate of fluid momentum before circulation begins. A regression allowed for
a method of predicting the required rate of momentum input for a desired circulation rate. The gas
infiltration was found to be correlated to the solids circulation rate, with more gas passing through to
adjacent zones with higher solids circulation due to the gas trapped in the emulsion phase. A regression of

the data allowed for a method to predict the gas infiltration rate for a desired solids circulation rate.

Keywords: Plug Flow Internally-circulating Reactor, Solids Circulation, Gas Infiltration Chemical

Looping Combustion, Computational Particle Fluid Dynamics
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Nomenclature

Variables
A Discrete particle acceleration (m/s?)
A, Cross sectional area (m?)
Cq Drag Coefticient (-)
D Drag Function (s™!)
D, Wen-Yu Drag Function (s™!)
D, Ergun Drag Function (s)
AP Pressure differential (kPa)
F Interphase rate of momentum transfer (N)
f Particle distribution function (-)
g Acceleration due to gravity (m/s?)
H Bed height (m)
m Mass (kg)
m Mass flow rate (kg/s)
M, Bed mass (kg)
MW Molar weight (g/gmol)
P Pressure (Pa)
Din Fluid momentum rate entering (kg m/s?)
P, Solids Pressure term (Eq 4-7) (Pa)
R Universal gas constant (8.314 J/mol K)
Re Reynolds Number = W )
Ty Particle radius (m)
T Temperature (K)
t Time (s)
U Superficial gas velocity (m/s)
u Velocity (m/s)
V; Tuyere jet velocity (m/s)
X Position (m)
Greek Letters
B Solids stress function term (Eq 4-7) (-)
€ Solids stress function term (Eq 4-7) (-)
U Viscosity (Pa s)
p Density (kg/m?)
T Stress tensor (Pa)
0 Volume fraction (-)
Subscripts
f Fluid phase
mf Minimum fluidization
s Solid phase
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Acronyms

AARD

AR
CCUS
CFD
CLC/R
CPFD
FR
ICFB
KTGF
MP-PIC
oC
PFIR
TFM

Average Absolute Relative Deviation = =),
n Xexperimental

Air Reactor

Carbon Capture, Utilization, and Sequestration
Computational Fluid Dynamics

Chemical Looping Combustion / Reforming
Computation Particle Fluid Dynamics

Fuel Reactor

Interconnected Circulating Fluidized Bed
Kinetic Theory of Granular Flow
Multiphase Particle-in-Cell

Oxygen Carrier

Plug Flow Internally-circulating Reactor
Two Fluid Model

1 @ |Xexperimental—Xpredicted|
L L X 100%

Note: vector quantities are bolded
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4.1 Introduction

Chemical looping combustion (CLC) and chemical looping reforming (CLR) are two promising next
generation carbon capture, utilization, and sequestration (CCUS) technologies to produce heat, steam, and
hydrogen [1-3]. Similar to oxy-fuel combustion, CLC operates by reacting hydrocarbon fuels with high
purity oxygen to prevent the dilution of flue gases with nitrogen. Instead of using an air separation unit
however, CLC implements a metal oxide, known as an oxygen carrier (OC), to provide inherent oxygen
separation [3]. The OC is looped between an air reactor (AR) and fuel reactor (FR) where it undergoes
cyclic oxidation and reduction reactions. In the AR, the OC is oxidized by incoming air before it is
transferred to the FR where it undergoes a reduction reaction with the fuel. Ilmenite has favourable
thermodynamic properties and high reactivity with syngas [4—-6] making it a promising candidate for an
OC, but it exhibits relatively low reactivity with methane at atmospheric conditions [7-9]. High pressure
operation can compensate for the low reactivity by increasing the partial pressure of methane. Increased

operating pressures have additional technical and economic benefits to the overall process [10,11].

There are several considerations when selecting a CLC reactor design [12]. The reactors must (1) provide
sufficiently high solids circulation rate to achieve the required thermal energy transfer and stoichiometric
ratios between the air and fuel reactors; (2) maintain sufficient gas separation; (3) provide sufficient
residence time to reach the desired conversions; and (4) withstand temperatures and pressures required for
application. Several design concepts have been explored for CLC [13,14], including interconnected
circulating fluidized beds (ICFBs) [11,15-22] (Figure 4-1A), fixed bed gas switching (Figure 4-1B) [4,23—
26] and rotating fixed beds (Figure 4-1C) [27,28].
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Figure 4-1. Schematics for different reactor concepts implemented for CLC. A) interconnected
circulating fluidized bed B) fixed bed with gas switching and C) rotating bed.

ICFBs are the most commonly studied and implemented reactor designs in the CLC community [3,13].
They typically consist of a high velocity riser as the AR and a moving or bubbling fluidized bed for the FR
[15-18,22,29,30]. Loop seals are employed to prevent gas infiltration between reactors and facilitate solids
transfer, while cyclones are used to separate the gas and solids. ICFBs take advantage of high rates of gas-
solid mixing, and can achieve high circulation rates [31]. However, they have several disadvantages when
operating at increased pressures such as high capital costs to outfit the different sections (cyclones, loop-
seals) with their respective pressure vessels, and increased fluidization gas in the loop seals which decreases

the overall efficiency of the CLC process [32].

Fixed bed reactors consist of two or more separate reactors containing fixed beds of OC operating in parallel
to maintain near-continuous operation [23,24]. Instead of solids transfer between distinct air and fuel reactor

vessels, the nature of a vessel is changed based on the inlet gas. Air and fuel are switched between the
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different vessels to complete the oxidation and reduction steps of the OC. This reactor scheme inherently
avoids steps for gas-solids separation and allows for easier high-pressure operation [12,33]. However, the
fixed bed risks particle sintering due to the required high temperatures for operation and lower heat transfer
rates relative to fluidized beds [4]. Furthermore, gas switching at large scale would involve a complicated

system of valves, and the pulsed operation could be problematic for downstream operations [12].

Rotating reactors use a fixed bed of particles that is rotated around an annular vessel [27,28]. The gases are
vertically distributed along the inner wall and radially propagate outwards through the rotating bed with
inert gases introduced between the air and fuel injections to mitigate gas mixing. This reactor scheme has
only been demonstrated at lab scale, and exhibited low carbon dioxide purities on the order of 20-65% due

to significant nitrogen slippage [28].

This work explores a new type of reactor geometry called the Plug Flow Internally-circulating Reactor
(PFIR) [34,35]. The PFIR (Figure 4-2) consists of an annular region in which particles are fluidized and
circulated between two distinct sections separated by baffles. The baffles have an opening at the bottom of
the reactor vessel to allow for solids to pass between the reactor sections, while aiding in separation of the
gases. Fluidization gas is introduced through angled tuyeres located at the bottom of the vessel, which also
induces the rotation of the particle bed. The PFIR operates in the bubbling fluidized bed regime, thereby
taking advantage of the excellent gas-solids mixing of fluidized beds. Furthermore, issues resulting from
external solids circulation are eliminated since all circulation occurs internally and with no mechanical
parts, which can reduce operational downtime. Lastly, the PFIR offers the advantage of reduced capital and
construction costs, and a smaller footprint since it consists of only one vessel. Specifically, this study
investigates the effects of superficial gas velocity, tuyere jet velocity, bed mass, and operating pressure on
the solids circulation rate and gas infiltration rate between sections under cold flow conditions to gain an

initial understanding of how the PFIR operates.
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Figure 4-2. Schematic of PFIR geometry. A) 3-dimensional view B) Top-down view C) Side view of
stage transition

The investigation is completed using the Multi-Phase Particle-in-Cell (MP-PIC) approach implemented in
the commercial software Barracuda Virtual Reactor® v20.01. The MP-PIC approach, also known as the
Computational Particle Fluid Dynamic (CPFD) approach, has been shown to be a computationally efficient
and accurate method of exploring fluidized bed geometries, including bubbling fluidized beds [36—44],
internally circulation fluidized beds [45], fluidized bed risers [46—50] and downcomers [51], full circulating
fluidized beds [22,52-56], and interconnected circulating fluidized beds [57—60]. The MP-PIC approach
follows an Eulerian-Lagrangian framework in that it models the fluid phase as a continuous entity and
models the particulate phase using discrete entities called computational particles or parcels. Computational
parcels are groupings of particles with similar position, mass, velocity, etc. This mathematical treatment of
fluidized bed systems significantly lowers the computational demand of Eulerian-Lagrangian methods [61—
63]. To reduce computational demand, the method calculates select particle properties in an Eulerian
framework that are computationally difficult to calculate for the individual parcels and uses interpolation

operators to map these properties to the discrete entities. Thus, the MP-PIC approach can model large
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fluidized bed systems, such as commercial reactors, efficiently without excessively sacrificing the particle

phase resolution.

4.2 Model description

4.2.1 Multiphase particle-in-cell method governing equations

The volume-averaged Navier-Stokes equations are used to model the fluid phase as a continuum on an
Eulerian grid (Eq 4-1 & 4-2) [61-63]. The interphase rate of momentum transfer, F, is calculated using Eq
4-3.

RIC)
2 v (0rpug) = 0 [4-1]
d(@rprus)
% +V: (Gfpfufuf) =-Vp—-F+ 9fpfg +V: (efl'f) [4-2]
1
F = j f fmg [Ds(uf —ug) — p—Vp] dmgdug [4-3]
S

A particle distribution function is used to model the solid phase (Eq 4-4). A Liouville equation (Eq 4-5) is
obtained when the time rate of change of Eq 4-4 is taken, which can be interpreted as the conservation of
particle numbers as they move along their trajectories in the particle phase space. Eq 4-5 assumes there is

no direct particle-particle collisions or particle breakup.
f(x, mg, ug, t)ydmgdug [4-4]

% + V- (fug) +V,, - (fA) =0 [4-5]

Eq 4-6 describes the particle acceleration, A, due to aerodynamic drag, buoyancy, gravity, and interparticle
normal stresses. The full particle size distribution is inherently modeled by the coupling of the phases

through the drag term, and since the full particle distribution (Eq 4-4) is solved at each time step.

1
A =Dg(us —uy) - p—VP +g- v, [4-6]
S

1
0sps

Interparticle collisions are not directly modeled, but instead the collective stresses of neighbouring particles

are calculated and applied to individual particles. This collective effect is determined by the normal particle
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stress tensor (Eq 4-7), which is a modified version of the Harris & Crighton [64] particle stress function to
avoid the singularity when the particle volume fraction equals the close pack value, 8.p. The close pack

value is the maximum volume fraction of particles that can occupy a computational cell.

_ XN
* ~ max[0cp — 0, e(1 - 6,)]

[4-7]

4.2.2 Drag model

The drag model used in this work is the blended Wen-Yu/Ergun drag model (Eq 4-8) which has been
extensively validated for bubbling fluidized beds over a wide range of operating conditions [36-39,41,45].
The particle drag is determined by using the local solids volume fraction to calculate a weighted average of
the Wen-Yu (Eq 4-9 & 4-10) and Ergun drag equations (Eq 4-11). The Wen-Yu model is better suited to
dilute particle regions and the Ergun drag is better suited to dense particle regions, as such, the blended
Wen-Yu/Ergun drag law is well suited to modeling the different levels of particle drag in the dilute and
dense regions of a bubbling fluidized bed.

D, 65 < 0.756;p
(6, — 0.756p)
D = { D, — D) D 0.750.p < 6. < 0.8560 4-8
t( 2 = P850, — 0750, + Dy cp = Us cp [4-8]
D, 6, > 0.856.p
D _ 3Capyluy —us [4-9]
T8 e
ﬁe_z_ﬁs Re < 0.5
Re |
— 124 -
Cd - ﬁgf_265(10 + 0.15R€0'687) 0.5 < Re < 1000 [4 10]
0.4467 60 Re > 1000
1808,
(afRe +2) (g |up = us]) ae11]

D2 = 05

PsTs

4.2.3 Model geometry and boundary conditions

The modeled PFIR geometry (Figure 4-3) has an inner diameter of 0.115 m, and an outer diameter of 0.571
m, creating an annular region of 0.228 m in width where fluidization occurs. Fluidizing gas is introduced

through uniformly distributed injection points (triangular pattern) at the bottom of the 3.6 m tall column to
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emulate a tuyere plate. The tuyere jets are angled at 25° above the horizontal to induce circulation. Baffles
are located 60° apart from each other to separate the two zones of the reactor. There is a 0.1 m high opening

at the bottom of the baffle which spans the width of the annulus to allow for solids circulation between

zones.

The model had three pressure boundary conditions located at the top of the column — two in the larger
section and one in the smaller section. All three were set to the desired operating pressure. The particles
used in the model are alumina zirconia with a Sauter mean diameter of 236 wm, modeled as a particle size
distribution with a dio, dso, and dgp of 212 pm, 250 pm, and 300 um respectively. The particle bed mass,
fluidizing gas mass flow rate, and fluid injection jet velocity were all input for a given case. Five superficial
gas velocities between 2.1 and 4.9 Uy, three jet velocities of 60, 80, and 100 m/s, seven bed masses from
58 to 1460 kg, and seven operating pressures from 101 kPa to 1200 kPa were modeled. It should be noted
that the jet velocity and fluidizing gas mass flow rate were controlled independently in the model which

can be physically interpreted as changing the orifice diameter of the tuyere to change the jet velocity. The

model operated isothermally at 300 K for all cases.
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Figure 4-3. Simulated PFIR geometry.

Other relevant simulation parameters are presented in Table 4-1. The model parameters were taken from
previous work in which the MP-PIC method was validated for bubbling fluidized beds implementing high

density and relatively small particles (ilmenite) [65]. The alumina zirconia particles used in this work have
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a similar density (p, = 4300 kg /m3) to ilmenite (pp = 4700 kg /m3) and the PFIR model implemented

an identical particle size distribution as the validated model, thus giving confidence in these model

parameters to provide reasonably accurate results.

Table 4-1. Model parameters used in this work.

Parameter Name Value
Gravity, m/s* 9.81
Close pack value 0.58
Maximum momentum redirection from collision 40%
Normal-to-wall momentum retention 0.85
Tangent-to-wall momentum retention 0.85
Diffuse Bounce 0

P; (Eq. 7), Pa 10
B (Eq.7) 3

e (Eq.7) le-08
Turbulence model Large Eddy Simulation

Data for solids circulation rate was collected using measurement planes along at four locations (negative
X, negative Y, positive X, and positive Y axes) while data for gas infiltration was collected at the entrance
of the fuel reactor (corresponding to the negative Y axis). More information about the data collection is
presented in Appendix C. Figure 4-4 depicts the raw data for net particle mass crossing the measurement
plane with time. The particle circulation rate was determined by averaging the absolute values of the slopes
of each line. It should be noted that the sign of the slope corresponds to the direction of travel — positive
slopes indicate the particles are travelling in the positive coordinate direction, and negative slopes indicate
the opposite. Steady state is achieved after approximately 5 seconds of simulation time, however a 20
second window was used to be conservative. The slopes were therefore calculated using the last 80 seconds

of data. The method of data analysis is identical for determining the gas infiltration rate.

It should be noted that the noise in the raw data is due to gas bubbles travelling back and forth through the
measurement planes. The impact of gas bubbles is evident by the lower levels of noise in the negative Y

axis line, which corresponds to the fuel reactor entrance and therefore a smaller area of measurement.
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Figure 4-4. Raw data produced by CPFD simulation for particle circulation rate

4.2.4 Mesh Study

A study of the mesh influence was performed to determine the optimal mesh resolution without affecting
the results. Three mesh resolutions were explored: 49,731 cells (coarse), 114,392 cells (medium) and
153,827 cells (fine). The circulation rate and the gas infiltration rate were calculated for the same set of
operating conditions (U = 2.0 Uy, Vj= 80 m/s, M, = 1070 kg, P = 101 kPa) for the three mesh resolutions.
The circulation rate changes by 38.4% between the coarse and medium resolution, and 5.4% between the
medium and fine resolutions. Similarly, the gas infiltration rate changes by 53.3% between the coarse and
medium resolutions, and by 4.3% between the medium and fine resolutions. The medium mesh resolution

was thus selected to ensure grid independent solution.

4.3 Results and discussion

4.3.1 Circulation Rate

The influence of superficial gas velocity, jet velocity, bed mass, and pressure on solids circulation rate are
shown in Figure 4-5, Figure 4-6, and Figure 4-7. It should be noted, for the pressurized conditions, a
constant U/Unr of 3.5 was maintained at the bottom of the bed to allow for comparison between pressurized
conditions. As the superficial gas velocity is increased, the circulation rate also increased (Figure 4-5). The

nature of the increase is influenced by the jet velocity, with the lower jet velocity of 60 m/s resulting in a
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non-linear increase in circulation rate, and the two higher jet velocities behaving in a more linear fashion.
The influence of increasing jet velocity on particle circulation at any given superficial gas velocity is linear.
The influence of bed mass (Figure 4-6) also results in a linear increase in circulation rate for the two lower
superficial gas velocities. At the higher superficial gas velocity, bed masses above 273 kg result in a similar
linear trend, but the circulation rate significantly decreases at the lowest bed mass. Similarly, circulation

rate exhibits an increase with increasing pressure (Figure 4-7).
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Figure 4-5. Solids circulation rate at varying superficial gas velocity and jet velocities. (My = 933 kg, P
=101 kPa).
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Figure 4-6. Solids circulation rate at varying solids loadings, and operating conditions (P = 101 kPa).
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Figure 4-7. Solids circulation rate at varying operating pressures (My = 933 kg, 3.5 Uy, Vj = 80 m/s).

The influences of all the operating conditions can be attributed to their respective effects on the rate of fluid
momentum entering the system (Eq 4-12). The effects of superficial gas velocity and jet velocity directly
impact the rate of fluid momentum entering the system. The influence of bed mass and operating pressure

impact the rate of fluid momentum indirectly by affecting the density of the fluidization gas. Increasing
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operating pressures directly increase the gas density (Eq 4-13), but for a change in bed mass the gas density
changes as a result of the increasing pressure drop through the fluidized bed (Eq 4-14) since the pressure
boundary condition is set constant at the top of the vessel. It should be noted that those conditions which
had similar momentum rates, resulted in similar circulation rates, regardless of their unique operating
conditions demonstrating that the circulation rate is influenced only by the momentum rate and how

effectively that horizontal momentum is transferred to the particles.

Din = mfv}'et = AcprVjet [4-12]
— MWaierottom — MW(Ptop + APbed) [4_13]
pf,bottom RT RT
M;g
APyeq = prgAH + (1 — €)(ps — pr)gAH = (1 — e)psgAH = — [4-14]
c

A plot of the entering fluid momentum rate against the particle circulation rate is shown in Figure 4-8 for
all simulated cases showing a minimum amount of momentum (approximately 7.8 kg m/s®) is required to
initiate solids circulation. If the momentum rate is below this minimum threshold, circulation will not occur.
After circulation begins, the circulation rate transitions between three regimes: 1) a regime in which the
circulation rate increases rapidly with increases in momentum rate; 2) a regime of linear increase; and 3) a
regime of nonlinear increase in which increasing the momentum rate has a diminishing impact on increasing
the circulation rate. These regimes are thought be characterized by how the fluid momentum is transferred
to the particles. Low momentum rates dissipate very quickly, forming gas bubbles near the tuyere plate
which will not effectively transfer momentum to the solids [31]. Higher momentum rates can form fluid
jets which will transfer their momentum more effectively to the solids, inducing higher circulation rates.
This phenomenon is visualized in Figure 4-9, where circular regions of low particle volume fraction are
formed at the low momentum rates (< 10 kg m/s?), meaning the fluid has not horizontally extended into
the bed. At moderately higher momentum rates (10 kg m/s? to 40 kg m/s?) these regions of low particle
volume fraction are present throughout the plate, alluding to the formation of horizontal fluid jets that
remain distinct from each other. At the highest momentum rates (> 50 kg m/s?) these fluid jets have
extended into one another forming large areas of high momentum transfer rates. The diminishing impact of
increasing the momentum rates then likely arises from the lower volume of particles near the tuyere plate

at higher momentum rates.
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Figure 4-9. Time averaged particle volume fractions at three different momentum rates.

A fourth order polynomial function was fit to the relationship in Figure 4-8 to create a reduced order model
relative to the CPFD model to allow for a simple method of predicting the required momentum rate to
achieve a desired solids circulation rate. The function is presented in Eq 4-15 and resulted in an R?=0.998.

It should be noted that this function is only applicable to the range of conditions modeled.
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Pin = —9.30 X 10~ *m? + 4.56 x 107?2m3 — 6.10 X 107'm?2 + 5.40m, + 7.80  [4-15]

4.3.2 Gas infiltration

The gas infiltration mass flow rate was found to be correlated to the solids circulation mass flow rate (Figure
4-10). As the solids circulate faster around the PFIR, the infiltration gases trapped in the bed interstitial
voids will also circulate faster. The gas volume fraction near the tuyere plate increases with greater
circulation rate further increasing the rate of gas infiltration resulting in a non-linear relationship. The large
magnitude of the gas infiltration could prove problematic to certain applications, so efforts to mitigate this
infiltration at higher circulation rates should be explored. Similar to Eq 4-15, a third order polynomial was
fit to the data to create a reduced order model to aid in the prediction of the gas infiltration rate for a desired
solids circulation rate. The polynomial is presented in Eq 4-16 and resulted in an R? = 0.992. Again, it

should be noted that this function is only applicable to the range of conditions modeled.

Minfitration = 1.44 X 107°m3 — 2.70 x 107>mZ + 8.06 x 10™>m [4-16]
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Figure 4-10. Gas infiltration mass flow rate as a function of solids circulation mass flow rate.

4.4 Conclusions

A new reactor geometry was proposed for chemical looping combustion. The PFIR consists of an annular

fluidized region in which solids are circulated through two sections separated by baffles using angled tuyere
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jets. A CPFD model of the PFIR was created to study the effects of superficial gas velocity, jet velocity,

bed mass, and operating pressure on the solids circulation rate and gas infiltration rate between sections.

Solids circulation rate was found to be dependent on the rate of momentum entering through the fluidization
gas, resulting in an increasing response of solids circulation rate with all investigated operating variables.
Solids circulation was found to only begin when a minimum momentum rate was obtained. A fourth order
function was fit to the CPFD data to allow for easier prediction of the required fluid momentum rate needed
for a desired circulation rate. The gas infiltration rate was found to be related to the solids circulation flow
rate, with more gas passing between reactor sections in the bed interstitial voids. A regression between the
solids circulation mass flow rate and the gas infiltration mass flow rate was performed, allowing for a
method of predicting the infiltration rate for a required circulation rate. These regressions would allow for

more efficient investigation into designing the experimental PFIR unit.

The PFIR is a promising design option for CLC operations demonstrating high solids circulation rates.
Further investigation into other important operating factors such as particle residence time distribution, and
fluid residence time distributions should be conducted to continue PFIR development. Lastly, cold flow

validation is required to confirm the quantitative results of the model.
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Chapter 5 Conclusions and Recommendations

With rising greenhouse gas emissions increasing its severity and pace, new technologies must be
implemented to mitigate the effects of climate change. PCLC is a relatively new carbon capture technology
that has the potential to limit industrial CO, emissions from contributing to the greenhouse effect. The aim
of this thesis was to provide key design parameters and insight for the development of a PCLC pilot scale
system by CanmetENERGY-Ottawa (Ottawa, Ontario, Canada) and Hatch Ltd. (Mississauga, Ontario,
Canada). This pilot facility implements the patented Plug Flow Internally-circulating Reactor (PFIR)
concept to reduce capital and operating costs of the PCLC process, and ilmenite as the oxygen carrier.
Specifically, this thesis provided information about the hydrodynamics and tube-to-bed heat transfer
coefficient of ilmenite, explored the applicability of the CPFD modeling technique to high pressure
bubbling fluidized beds, and used a CPFD model to investigate the solids circulation rate and gas infiltration

in the PFIR.

A pilot scale high pressure fluidized bed was used to experimentally derive the minimum fluidization
velocity, gas bubble characteristics, and tube-to-bed heat transfer coefficient of ilmenite at pressures up to
2000 kPa and various superficial gas velocities. The minimum fluidization velocities were compared to
predictions of various literature constants for the Wen-Yu type correlation. The constants proposed by
Saxena & Vogel [1] were found to align best with the smaller particles (Sauter mean less than 109 pum),
while the the Chistester et al. [2] constants aligned best with the larger particle results (Sauter mean greater
than 236 pm). The predictive nature of literature correlations was found to be heavily dependent on the
shape-void function, and by extension the values of particle sphericity and bed voidage at minimum
fluidization. The inconsistency between the small and large particle size distributions results from the
difference in the voidage at minimum fluidization, with the small and large particles having void fractions
0f 0.50 and 0.47 at minimum fluidization, respectively. The gas bubble size was determined for the particles
of 107 um Sauter mean diameter at pressures of 101 kPa, 600 kPa, and 1200 kPa, and various superficial
gas velocities between 1.1U,rand 3.0U,,. Pressure was to marginally impact the gas bubble size relative to
the superficial gas velocity. A comparison of literature correlations showed that the Mori & Wen [3]
correlation aligned best with the experimental values. A similar response in pressure for the tube-to-bed
heat transfer coefficient was found, with increasing pressure resulting in a marginal increase in the heat
transfer coefficient. The heat transfer coefficient was also found to experience a maximum with superficial
gas velocity. Comparing the experimental results to the Molerus et al. [4] and Grewal & Saxena [5]
correlations resulted in general overpredictions, but the Molerus et al. [4] aligned well with atmospheric

values.
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The experimental results were used to validate a CPFD model of the high pressure fluidized bed. The model
was created using the commercially available software Barracuda Virtual Reactor ® and validated against
the experimental values for minimum fluidization velocity, bed expansion, and gas bubble size. The
accuracy of the model at predicting minimum fluidization velocity was found to be dependent on the input
value of the particle close packing factor. An analysis of different close packing factors ranging from 0.55
— 0.6 resulted in a value of 0.58 aligning well for all the simulated particle size distributions. A study of the
bed expansion showed the model was able to properly predict the trends in bed expansion with increasing
superficial gas velocity and pressure, but with a consistent under prediction of the experimental values. The
validated model was also used to expand upon the experimental results by determining the gas bubble size
distribution at various operating pressures, superficial gas velocities, and axial locations. The calculated
mean bubble size from the distributions aligned well with experimental results and expected trends. A
comparison of the axial bubble growth in the simulated column and the predicted bubble size growth by
the Mori & Wen [3] correlation concluded that the correlation could be used with moderate accuracy to
predict the mean bubble size; however, modification of the supporting correlations for initial and maximum

bubble size is required.

The validated parameters of the above CPFD model were used in a model of a proposed cold flow PFIR
experimental unit. The model was used to explore the effects of superficial gas velocity, tuyere jet velocity,
bed height, and operating pressure. An increase of a given operating variable was found to increase the
solids circulation rate due to their respective increases on the rate of fluid momentum. This relationship
allowed for the creating of a design correlation between the entering fluid momentum rate and desired solids
circulation. The rate of gas infiltration was found to be correlated to the rate of solids circulation due to gas
carryover in the bed interstitial voids. Another correlation was determined to predict the rate of gas
infiltration for a given solids circulation rate. The correlations should only be used in the range of modeled

parameters (momentum rates between 9 and 113 kg m/s?).

Overall, the results obtained in this work provided key design parameters for the PCLC pilot scale facility,
presented a validation of CPFD as a design tool, and gave methods for predicting the required operating
conditions for a desired solids circulation rate and the corresponding gas infiltration rate. Direct validation
of the PFIR CPFD model is recommended using the cold flow PFIR unit once constructed. The modeling
effort can be furthered by including reaction modeling of the PCLC system to the CPFD modeling using
ilmenite as the oxygen carrier, and potentially other promising oxygen carrier candidates. Lastly, the pilot
scale facility should continue with construction to further demonstrate the benefits of the PFIR, and PCLC
on a large scale, as well as validate a hot flow CPFD model and allow for validated commercial scale

simulations.
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Appendix A Experimental Apparatus
The high pressure fluidized bed system is housed at the University of Ottawa in the Chemical and Biological
Engineering Undergraduate Laboratory. The unit consists of two parts: the column with auxiliary systems

and an insertable tube bundle for heat transfer measurements. The following are pictures of the apparatus.

Yoleen b

Figure A-1. Profile of the high pressure fluid bed column
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Figure A-2. Close up view of distributor plate hole arrangement
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Figure A-3. Top view of insertable tube bank with copper heating tube visible. Filter material was used
to seal the small gap between tube sleeve and column wall
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Figure A-4. Side view of insertable tube bank apparatus

92



Appendix B High Pressure CPFD Model

The high pressure CPFD model modeled half the empty column with a flow boundary condition at the
distributor plate and a pressure boundary condition at the top of the volume. Only half the column was
modeled (1.5m) since the static bed height was a maximum of 0.5m and the superficial gas velocity was

controlled to remain in the bubbling bed regime.
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Figure B-1. Boundary conditions for the high pressure fluidized bed model. Yellow area is pressure
boundary conditions; blue dots are vertical directional inject points at distributor hole locations
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Figure B-2. X and Y positions of distributor plate injection points. Origin runs through center line of
column
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Appendix C PFIR CPFD Model

The PFIR CPFD model is based on a proposed design for a cold flow PFIR experimental unit. The flow
boundary conditions are the fluid injection points. Separate injection points are defined for the fuel and air
reactors to provide separate control of flow rates. The following describes how the model was setup, and

how the circulation rate and gas infiltration rate were determined.

Figure C-1. Pressure boundary conditions: two in the air reactor, one in the fuel reactor. Note pressure

values are the same at each location
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Figure C-2. Dimensions of PFIR cold flow CPFD model
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Figure C-3. Slot height of PFIR cold flow CPFD model

The circulation rate is defined as the amount of particle mass per unit time that rotates around the annulus
of the reactor. It is measured through four flux planes inside the calculation volume located on the each of

the cartesian axes (Positive X, Positive Y, Negative X, and Negative Y) — see Figure C-4. The planes cover
the entirety of the fluid bed height.
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Figure C-4. Location of axis flux planes for measuring solids circulation rate
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The time integrated particle mass vs simulation time is measured directly, which records the net cumulative
amount of mass crossing the plane’s location. If mass travels in the positive direction (relative to the X or

Y axes) then the net cumulative amount of mass crossing the plane increases, and vice versa.

To obtain the single value input, the slope of the time integrated mass vs time is taken to obtain the mass
flow rate of particles crossing a given plane (Figure C-5). This action is performed for each of the four axis
planes. An average is taken of the absolute values of mass flow rate to obtain the single value output. An

absolute value is needed since two planes will have negative mass flows due to the direction of particle

flow.
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Figure C-5. Example of raw data produced by flux plane.

The rate of infiltration gas is measured from the FR entrance weir (Figure C-6). There is one flux plane that
covers the underflow slot opening into the FR. The infiltration rate is calculated by taking the slope of the
time integrated fluid mass crossing the plane vs time. Note, the air originating in the air reactor or fuel
reactor sections are distinguishable from each other by the fact the model set up considers these two
different species of air with identical properties. The air used differs only in name allowing for the

separation to be determined in post processing.
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Figure C-6. Placement of the FR entrance (AR Exit) flux plane
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